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Abstract

The fluidized bed reactor (FBR) is a processing platform relying on the fluidization of solids
by liquid/gas flows, thus achieving tlexcellent multiphases contact, minimum diffusional
resistance, good heat and mass tranfecently, the miniaturization of fluidized bed has
received much attention due to its fast screening and process intensification. However, the
application of minaturized fluidized bed in bioprocessing and bioproduction is sl
explored although FBRenableshigher mass transfer, lower shear force and less energy

consumption compared with flask, stirrethk reactor and photobioreactor, respectively.

To broacen the applicability of fluidized bed reactor in bioprocessing, this thesis combined the
miniaturized fluidized bed reactor witNidula niveetomentosafungi to investigate the
performance of FBR on fungal fermentation and raspberry ketone bioprodudties). fur

main research themes were subsequently formulated and explored: (I). Design and fabrication
of the micrefluidized bed through 3rinting technique; (II). Bvelopment of deeper
understanding ofthe microfluidized bed based on liquigas and ligid-solid-gas
hydrodynamic characteristics; (Ill). Investigation the cultivation parameters and different
bioreactors for fungal fermentation and production; (IV). Development and investigation of a

benchscale fluidized bed reactor for fungal fermentatoid raspberry ketone production.

The preliminary study of pellet fluidization provided an experimental basis for the fungal
fermentation using fluidized bed reactor, as fungal pellets in the +fhicdized bed could be

well fluidized by both liquid andag flows, while the gas flow can not only improve the mixing

but also decrease pellet agglomeratidren, the following study demonstrated that the optimal
cultivation conditions including 75g/l glucose concentration, 2.5 g/l of phenylalanmecls

old of 40%seal culture can largely improve raspberry ketone (RK) production in flask culture.
Besides, the homogenization which breaks the pellets into free mycelia can further promote



RK production. Finally, the combination of these optimal parameters hattbénckscale
fluidized bed bioreactor yielded raspberry ketone (up to 5 times compared to the control study
by flask culture) and raspberry compounds (up to 3 times compared to the control study by

flask culture), improving the overall bioproductionMifiula niveetomentosdungi.

Therefore, this thesis successfully proved the novel use of fluidized bed bioreactor for fungal
fermentation, as the gas/liquid flows can fluidize the pellets which provide sufficient mass
transfer and gas supply. Besides, ¢fas flow can decrease the pellet agglomeration thus
mitigating the dead zone. Such a combination of fluidized bed bioreactor with fungal pellets
opens up opportunities to develop a suitable and efficient bioprocessing technique in fungal

fermentation.
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Chapter 1 Introduction

1.1 Background
1.1.1Micro-fluidized bed bioreactor

Fluidized bed has been commonly used as one type of reactors in chemical and process
industries. The fluidized particles are suspended and recirculated by the upwargdsflaad

along the fluidic chamber to generate the extremely turbulent nature of thedajgigphase,

thus ensuring its excellent mufihases contact, minimum diffusional resistance, good heat and
mass transfdd]. In recent years, the micftuidized bedechnique, initially proposed by Potic

et al [2], has attracted more attention a®ddool for fast screening of solid process and
bioprocesses, but also due to further process intensificatidime ffield of bioprocessing and
bioproduction,the demand for high throughput with controllable and quantitative operating
conditions gave risé the development of bioreactor systems, such as stirred tank reactor
(STR), photobioreactor and fluidized bed bioreactor. Compared to the low mass transfer in
flask, high shear force from agitated impeller of STR, high capital cost of PBR, the fluidized
bed bioreactor replies on thquid/gas flows forsolid fluidization to achieve a high mass/heat
transfer with low mechanical stresgherefore, the micréluidized bed bioreactor with the
advantages of fast screening, low capital cost and minimum skreas on cells/strains,
stimulates its huge potentials for thest stageof bioprocessing and bioproduction, and will
provide fundamental knowledge for the seafeindustrial application in future.

1.1.2 Fungal fermentation for raspberry ketone pradact

Fungal fermentation is an economic and manageable bioprocessiymg on the
fermentation of different yeasts, bacteria and other microbial in bioreactors to produce various
raw materials and food (i,eyogurt, beer, meads, etc.). For dsdnle research, using
miniaturized bioreactors for smadize cell culture is more atrollable to obtain the desired
biological products, thus benefitting for parallelization, automation and cost reduction.
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Particularly, the fungal fermentation Nfdula niveetomentosavas reported and used for the
bioproduction of 4(4-hydroxyphenyBbuttan-2-one (commonly known as raspberry ketone)
[3]. Raspberry ketone (RK) is an important component of raspberry flavour and widely used
in food industry{4, 5]. Recently, RK has also been reported to enhance lipid metabolism and
prevent obesity, thus stimulating its high demand and significant value in heal{B,C4rdt

is known that RK can be produced either from natural plants/fruits such as raspberries,
blackberries, grapes and rhubdi), or from chemical synthesi§8, 9]. Compared to the
synthetic products whose price varies from 8 to 10 $/kg , the price of naspalerry ketone

can be up to $20000/K0]. According to the EC Flavour Directive, RK production via fungal
fermentation is regarded as natural product, indicating the great valiuegjaf fermentation

of Nidula niveetomentosa

1.2 Significance and innovation

Cell cultivation in the micrdluidized bed bioreactor is achieved in the form of cells
fluidization by liquid/gas flow, thus having the advantages of fast screening, sufficient mass
transfer rate but low shear stress compared to other types of bioredctdisidize the
microorganisms with micrgcale size and much less density than watke cell
immobilization technologiesi.€., attachment,entrapment selfaggregation containment

were developed to enhanoal stabilityin continuoudluidization conditiorj11, 12] However,

the longterm cell cultivation through the immobilized cell fluidizatioarrentlysuffers from
thecell detachment from carriers or cell leakage femmapsulationin contrast, the fungus of
Nidula niveetomentoa grow from free mycelia to mature pellets with up to centimesesde

size and higher density than water, which means the fungal pellets can be directly fluidized and

cultivated in the micrdluidized bed bioreactor without the use of cell immobilization.

Regarding the production of natural raspberry ketonefybieal methods of microbial or

enzymatic processes have been attempted to promote the[$iel@s 14] but thesenethod
2



involve thesubmerged cultivation alfie cells/fungi in the flask due to its simple and convenient
operations. However, the low mass transfer and limited dissolved oxygen by flask culture
would hinder the cells growth and consequent yield. More importantly, limited volume of the

flask meanslte production is unscalable for industrial application.

In this project, the fungal fermentation using the mitwalized bed bioreactor for RK
production is a novel attempt, which not only provides the sufficient oxygen and nutrients by
the continues ahliquid flows, but also mitigates the cell damage/deadimly resulted from

the moving parts in other bioreactorglost importantly, this work is used as the eatiyge
screening for RK production, which will be fundamental basis for the following-spale
industrial application in future.

1.3 Aims and objectives

This project overall ainms to investigate the hydrodynamics of the miniaturized fluidized bed
reactor in general and usgBase fluidized bed bioreactor for screening and optimization fungi

cultivation and raspberry ketone bioproduction. The specific objectives of the project are:
1. Design, fabrication and optimization of miniaturizegl®ase fluidized bed.

2. Study of hydrodynamics of optimized fluidized bed reactor.

3. Optimization and screening ofhase fluidized bed bioreactor for fungi fermentation.

First year research mainlyocused on the fabrication and optimization of the fluidized bed.
The miniaturized fluidized bed was designed via Google Sketemdghen fabricated using

3D printing techniqueslhe final crosssection area of the bed was decided tdhe& 15 mm

after many fluidization tests using fluidized beds with different dimensions, to balance the wall
effect and the requirement of minimizing solids (fungal cells) quantity to be used in testing.
The maximum bed height is 15 cm due to the limitedding volume of Form2 printer

(145 p 1 v p @mam), although this can be overcome by printing in parts if necessary.
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Because the fluidized bed is used for cell cultivation, the bubbles inside the chamber must be
smaller (less than 3mm) to avoid bubbles raptuhich could result in cell damage or death.
Therefore, in this research the capillary tubing embedded within 3D printed liquid distributor
are used for gas sparger, which enables to limit bubble size and avoid bubble rapture. The 3D
prinited liquid distibutor is made up withuniformly placedtubes (Imm x 1mm in cross
section) among theectangular plate€l5mmx 15 mm), is designed and selected for liquid
distributor due to its good performance in distributing liquids while keeping the solids above

thedistributor plate.

Second yearesearch is made up of hydrodynamics characterization of miniaturized fluidized
bed and the preparation of fungal fermentation using fluidized bed bioreactor. Hydrodynamics
study of the fluidized bed is mainly divided into two galitjuid-gasbubble cablmnand liquid

solid fluidization. In liquidgasbubble columnthe effects of gas velocity, liquid velocity,
diameter of gas orifice on bubble size, bubble velocity, bubble volume fraction have been
characterized. The study of bubbles generation and nmevasa fundamental but significant

part for the bubbles control ireeobicfungal fermentation While in liquid-solid system, the
mature fungal pellets of-2 mm in diameter and ~1.1 g/éin density were used to study the

effects of liquid and gas flowtes on pellet fluidization.

The final part of PhD project is the investigation of fungal fermentation using fluidized bed
bioreactor. This part of research is collaborated with Singapore Institute of Food and
Biotechnology Innovation (SIFBI), Singaporehere the student is trained and supervised by

Dr Yvonne Chow. The fungal fermentation is aimed to produce the target product of raspberry
ketone bythefungi cellsNidula niveetomentosawhichwill be inoculatedand culturedn the
miniaturized fluidizedbed bioreactor, taharacterize pellets morphology and RK production

rate during fermentation. Meanwhile, the operating parameters including glucose concentration,

seed culture age, inoculant concentration and UV exposure time were characterized ksing flas
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culture, to explore the fungal growth and related production. To differentiate the fluidized bed
bioreactor performance on fungal fermentation, otherstgbeioreactor systems including
flask culture (48 ml), stirred tank reactor (750 mBnplbioreactor (400 ml) were used to
compare their effects on the fungus growth and raspberry compounds prodUeidangal
fermentation using benetcale fluidized bed bioreactor provides the fundamental knowledge

for bioreactor screening and scale fementation in future.



Chapter 2 Literature review

2.1 Introduction

This chapteconsists of the review ahicro-fluidized bed (MFB) andungal fermentation. In

MFB part, the fundamental research of MFB and its applications have been repotted. In
fungal fermentation parthé fungl growth and pellet formation processebriefly reviewed.
Besides, thecultivation parameters that affect the procesgp@fetizationand subsequent
bioproductionare also summarized Finally, the ragpberry ketoneproduction via fungal
fermentation in different bioreactors have been introduced.

2.2 Micro-fluidized bed

The microefluidized bed reactor (MFBR) is a novel technology for engineering processing and
screening application. The MFBR has exhibited good mixirgy mass/heat transfer, reduced
reaction time and cost, but issues that remain unsolved are the low fluidization quality and
scalability. In this section, fundamental studies are reviewed to explain and reveal the benefits
of the miniaturized reactor foapid processing and screening. Subsequently, recent progress
of the MFBR applicationsiereevaluated and compared with other types of reactors from the
perspective of process intensification (Ff)nally, the challenges and prospects for this

technology for Pl are also briefly discussed.

Since its rantroduction by Potic et a[2] in mid 2000s, theIFB was either defined by the
principle of small hydraulic diameter, or amngeal smallscale fluidized beds in conventional
engineering context showing apparent changes in hydrodynamics properties. Definitions of
MFB based on hydraulic diameter of the bed vary from=®um[15] to several centimetres

[2, 16], dthough the widely asserted boundary between maerd micrefluidization is 1 mm

[15, 17] From the degree of gas bacixing, Xu et al.[18] defined the MFB with the inner

di ameter of 21 mm and the static bed height



argued to combine the bed diameter and particle size (namehlo-pedticle ratio) when
determining a micrdluidization. For instance, theirrgup suggested a homogenous nkcro
fluidization with the combination of MFB (20 mm ID) and silica sand particles (242.1 um
diameter) to keep the bed-particle ratio @s/dr) within 100[19]. Therefoe, some cases where
the fluidized bed had 50 mm inner diameter (ID) and particle size3aht[20, 21]should

be also considered @dFB even if not specifically referred as such. Another factor to
distinguish micrefluidization from macrefluidization is the wall effect and surface forces
relative tovolumetric forces such as gravity, which is not only related to bed size but also
connected withbed material, particle size and shape, liquid density/viscosity221c23]
Besides, the low initial height in the centimeseale bed can also contribute to the
characteristis of MFB. As a result, the asserted boundary of 1 mm in hydraulic bed diameter
is too narrow to conclude the miefloidization. Instead, thishapterimplemented a fuzzy

boundary of 50 mm ID witkls/dr lower than < 100 to determine the midhoidized system.
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Fig. 2.1 summarizes the bibliographic network of MFB studies from the Scopus database.
According to the bibliographic network, it is obvious that MFB techniques have been
intensively studied in termd the fundamental characteristics (illustrated by green and orange
clusters), as well as applications including chemical conversions (indicated from yellow and
blue clusters) and bioprocessing (presented by red clusters). Based on the bibliographic
network this chapteraims to review the fundamental characteristics of MFB, as well as the
recent progress of MFB applications from the perspective of process intensification. Finally,
the current bottlenecks and potential future work regarding the +fhicdiz ed bed systems are

also addressed.

2.2.1 Characteristics of MFB

In this section, the fundamental research on the minimum fluidized velocity, mixing
performance and mass transfer of mifitadized beds are discussed with regard to the
hydrodynamics perfonance from micrdluidized bed to macréluidized bed, but also
principally addresses the significance to process intensification.

2.2.1.1 Brief history of micrdluidization

A brief history of micrefluidization development is illustrated ing. 2.2. The study of MFB

can be traced back to the 1980s when Scott & PigRé&r26]used a fluidized bed reactor of
20 mm ID for flash pyrolysis of coal and wood samples. Although Scott & Piskorz built this
fluidized bed and initiated the research in 198@nazukuri et al[27] explicitly called it
Ami€ftoi di zed bedod when using the same fl uidi
1986. However, the study of micfluidized bed seemed to be suspended aftetsv&irom the
beginning of this century, the size of fluidized beds has been further reduced. Efferi@et al.
29] characterized carbon deposits in the tpiluidized bed with the column ID less than 10
mm. Afterwards, Potic et aJ2] in 2005 reintrodued the concept of MFBs with an internal
diameter of only a few millimetres (i.e-3Lmm), followed by Xu et a[19] who investigated

8



the wall effect and operability of the MFB. This time the research into fliddhzed bed did
not vanish again as it was supported bycaoent research interest in microfluidics. This can
be considered as the starting point on mituaization research and indeed the study from

Potic et al. is commonly regarded as the initial study in the [i€Id23, 30]

30
i 2010-Now ,
Zivkovic et al., microfluidic bed (400 x 175 pm),
25 Liu et al., quartz capillary (0.8 mm ID)
Liquid-solid & liquid-solid-gas fluidization

wn
C 4
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Fig. 2.2. Graph of the number of MFBelated publications versus publication year. Indicated on the curve is an outline of the
key development of MFB.

Al t hough the reports of MFB][2hXuaxhié =lleagues u p
actually kickstarted the field by not only characterizing the hydrodynamic parameters (i.e.
particle size, column size, fluidization velocities) but also broadening the application of gas
solid MFB in areas such as gasificationygdysis and combustion. One note is that the work
started in 200%31] but the first reports came a bit later. Furthermore, Zivkovic ¢1%5).32]

and Liu et a[33, 34]promoted the development of MFBs which weasdx on the liquidolid

and liquidsolid-gas micrefluidization. Meanwhile, Pereiro et al. proposed a magnetic micro
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fluidized bed for bacteria extracti¢®5, 36]and DNA analysi$37], thus broadening the use

of micro-fluidized bed system in biological area.

2.2.1.2 MFB design and fabrication

To date, different types of MFBs have been reported with a variéggbaotation approaches
such as soft lithography techniques, additive manufacturing, fmehining, and capillary
systems, shown iRig. 2.3. The rectangular or cylindrical bed column with different hydraulic
diameters strongly affect the fluidization performance, thus investigating the hydrodynamic
characteristics of MFB is essaitfor bed design and optimization. As shownHi. 2.3a,
Zivkovic et al.[38] developed microfluidic beds with microchann&smed from a PDMS

chip by a simple, cheap and fast method known as lithog@Shydo Nascimento et g2,

40] designed and fabricated a robust MFB by milling square croserseaillimetre channels

into a Perspex block fitted with a distributétd. 2.3b). In recent years, 3printing techniques

have enabled the fabricatimf complicated MFBKig. 2.3c) which could be hard to design
and manufacture by conventional mechanical tools, but the effect of surface roughness of the
printed parts may alter fluidization performarid®, 41} As shown inFig. 2.3d, the quartz
capillaries with various internal diameters are more commonly used as the bed column, as the
transparent bed wall allows for the visualization analj33% However, the MFBs mentioned
above may not endure chemicahcgons where high temperature is involved. Instead, the
fluidized beds constructed from stainless steel have been proposed by other redd&ichers
To meet the requirements cdbmplex gassolid reactions, Xu et aJ43] proposed a micro
fluidized bed reaction analyzeMEBRA) which enables cfine pulse feeding and rapid
reaction in hightemperature conditionsF(g. 2.3e &f), leading to the development of
multifunctional micrefluidized bed with online monitoring and processing capacities. For
instance, this MFBRA was reported to prepare Ni/AC catalysts, which were online
characterized by the plasmatomic emission speaciscopy (ICPAES), transmission electron
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microscope (TEM), temperature programmed desorption (TPD), Fourier transform infrared

spectroscopy (FIR), and Xray photoelectron spectroscopy (XH&].

Distributor

Liquid inlet

]
E (e) —> Exhaust gas é
Quartz tubular 4 A

reactor Pt

Sampl
"::‘p ® Solenpid valve
' I

Quartz sand

Furnace -~

Quartz -~
reactor Mass flowmeter Valve  Ar/COy/air

Fig. 2.3. Examples of MFB systems: () e MF Bs wi t Rcrossedrtibm vieie fabricated in a polydimethylsiloxane
(PDMS) chip by standard soft lithography technigfigs, (b) micracirculating fluidised bed design was made by milling 1

x 1 mm crosssection channels into Perspex, (c) af@ihted MFB with crossectional area of 15 x 15 n{#b], (d) a micre

fluidized bed whose bed column is made up of a quartz capillary of 0.8 mm inner diameter, 6 mm outer diameter and 60 mm
length, (ef) a MFB reaction analyzer (MFBRA) developed by the Institute o€€&s® Engineering (IPE), Chinese Academy

of Science$46].

2.2.1.3 Minimum fluidization velocity

Minimum fluidized velocityUnt is generally defined as the smallest velocity of the gas/liquid
flow to make the packed bed into loosen bed. Knowledgknafnables one to obtain a desired

fluidization velocity and maintain good reactor operation. In the context of-aotjdsMFB
11



sysem operated at abovéns, the gas flow completely supports the weight of bed and the
pressure dropr( P) remains constantig. 2.4a). Therefore, using a pressure transducer to
compare pressure drop across the bed at different gas velocities is an effective method to
determine the value &fmt[19, 30] Itis noted that the pressure drop measured by methods of
ascending is much higher than that by descending gas velocity. Han et al. explained this by the
wall effects, as the downwards wall friction force during fluidization resists particles expansion
[47]. Besides, they also argued that the bed va@dagelatively lower for fluidization process

than for defluidization process, leading to much higher pressure drops. Alternatively,
characterization dmfin gassolid fluidization can be roughly assessed from the flow regimes,

in which the minimum fludization corresponds to slight bed expansion, followed by flow

regimes of particulate, bubbling, slugging and turbulence bed with the increase of gas flowrate

[23].
{a) Fluidization [b)
Detluidization
b -
b .Qiﬂnooo-otnoo
E - =
5|0 =
* . I
. . E
¢ | Umf
®e ; g Um.[
o’ ;‘// ';’
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Fig. 2.4. Schematics of determininy in liquid-solid and liquidgas MFB: (a) bed expansion curve (bed ratio versus
superficial liquid velocity) to extrapolafé , (b) typical pressure drops profile (fluidization and defluidization) generated by
comparing the pressure drops at variousesigal gas velocities.

For liquid-solid systems, the method of pressure drop is also applicable although it may be
difficult to measureUms in an industriailscale fluidized bed system. Therefotéy: for the
liquid-solid MFB is experimentally obtained through visual observations with the use of high

speed camer§?2, 33, 38, 48] In Fig. 2.4b, Ums is determined by extrapolating the bed
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expansion curve which is created by reading liquid velocity and corresponding bed expansion
ratio. Besides the experimental methods, there are many mathematical models for predicting
Umi [49-53]. One of the most commonly utilized equation was proposéttduyn [54]

y 8 ¥

— (2.1)

= —TY

n n

whereH is the bed height (not the column height),» ,” ,’Q,” ,"Qand‘ refer to the
superficial velocity of fluid, particle sphericity, density of fluid, particle diameter, particle
density, acceleration due to gravity and dynamic fWsdosity, respectively. On the right side

of Eq. (1), the first term refers to the pressure loss due to viscous effect dominantly in the
laminar flow region, while the second term is the pressure loss resulted from inertial forces
with high Reynolds numbe [55]. The Ergun equation has been widely used to predict the
pressure drop of the packed bed based on the relationship of pressure drop and fluid velocity,

especially involving the regulahaped spherical particlgss, 57]

However, in the micrecale fluidicsystem, the parameters of surface force and wall effects
must be considered. The importance of surface force and inevitable wall effect may become
dominant over the volumetric forces such as gravity, thus affecting the performance of particles
fluidization. In recent years, many researchers have identified the existence and influence of
surface force and wall effect &mt, by characterizing the parameters such astgarticle

ratio de/dr [16, 22, 33, 58, 59]initial bed heightHo [19, 30, 60] particle propertiefl5, 61}

wall roughnes$23], etc. Studies of surface force and wall effects on MFBsamamarized
andpresented i able2.1. Many works focused ate/de andHo to conclude thafY increase

with the increase dfo or the decrease als/dr. In fact, the decrease dé/de results in an
intensified wall effect duéo the increased contact area between bed wall and particles. The
contact area varies linearly witls? while the bed volume varies linearly with3. Thus, a

reduction inds causes the relative magnitude of fveall friction exceeds the magnitude of
13



drag force between particles and flB]. Similarly, larger static bed heighto results in
bigger beewall contact areanamely a bigger wall friction. By comparing the deviations
between the experimental minimum fluidization velodiky:eand the theoretical minimum
fluidization velocity Umitcalculated by conventional correlations such Ergguagon, this

may enable one to predict and study the unavoidable wall effect and surface force in MFBs.

Table 2.1 Summary of the influences of different parametersyon in MFBs.

Bed sizes: 2, 3, 3.2 and 5 cm;
Partide sizes: 50, 70 and 105
‘A

Reference Bed properties Parameters Results & Conclusions
Doroodchi et al[58] Liquid-solid bed; QTQ; "Y increased with the decrease®ffQ
Bed szes: 0.8, 1.2 17.1 mm;
Particle size: 225 &
Zivkovic and Biggq15] Liquid-solid bed; Liquid/particle Glass micreparticles can be fluidized by
Bed sizet mmp X‘'vd; properties Ethanol instead of water in the PMMA
Particle size: 26.5, 30.5, 34.5 microchannels.
and 38.5 &
Liu et al.[19] Gassolid bed,; QrQ; "Y decreased obviously with decreasing
Bed size: 0.8 mm; 0 ‘Q and increasin@ N
Particle sizes: 22, 37 and 58 Little relation with both
‘a QATRBRxEAD c@tis
Wang and Fafil6] Gassolid bed; Q7Q "Y decreased with the increaseé®fwhen
Bed size: varying from 700 & ‘Q kept the same.
to 5 mm;
Particle size: 53 &
do Nascimento et gJ22] Liquid-solid bed; Q71Q The increase ifiY  scales linearly with the
Bed sizes: 1, 2 mm; decrease df2 7Q 8
Particle size: 21 &
Guo et al[60] Gassolid bed; QTQ; "Y increased with decreasifgy N
Bed sizes: 4.3, 5.5, 10.5, 15.5, 0 "Y  was increased linearly witt
20.5, 25.5 mm;
Particle sizes: 30, 51, 53a&
Li et al.[48] Liquid-solid bed; Q71Q "Y increased with the decrease®ffQ
Bed sizes: 0.8, 1.45 and 2.3
mm;
Particles sizes: ranging from 2
to 58° 8
Rao et al[30] Gassolid bed; Q¥Q; "Y increased a@ was reduced, 6O
Bed sizes: 1.6 and 2.4 cm; 0 was increased.
Particle sizes: ranging from
100to 550 &
Tang et al[59] Liquid-solid bed,; Q71Q "Y was 1.67 to 5.25 times higher than
Bed sizes: 3.15 and 11.6 mm; theoretical value whef 7Q varied from
Particle sizes: varying from 89 0.017 to 0.091.
to 352 &
Li et al.[34] Liquid-solid bed& Q7Q "Y increased with the decrease®ffQ
Gasliquid-solid bed;
Bed size: 3 mm;
Particle sizes: ranging from 50
to 300° &
Lu et al.[42] Liquid-solid bed,; Temperature, "Y increased with increasing temperature
Bed sizes: 3_5 mm; Pressure but decreases with increasing pressure.
Particle size: 30 &
Vanni et al[62] Liquid-solid bed; Q7Q "Y increased with the decrease®frQ

Chen et al[61]

Liquid-solid bed;
Bed size: 46.25 mm;
Particle size: 10.31 &

Particle surface
hydrophobicity

"Y decreased after the ultrafine particles
(6 o0 ) was treated with a surfactant.
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Besides the study afs/dr andHo, the properties of liquid and solid phase can also influence
the fluidization performance. Zivkovic et §2] experimentally studied the micftuidization

using a rectangular microchannel of 400x174 {um which the glass microspheres of 30.5

pm was unable to fluidize using deionized water due to the adhesive effects between glass
particles and the PMMA bed wall, even though the-iooc surfactant (Tween 80) was used.
When changing the fluidizing mediunh deionized water into ethanol, the particles were able

to fluidize but the surface force and wall effect was still exis@uken [61]explored the
influence of surface hydrophobicity in fluidization. By using the surfadtaated ultrafine
particles (AbOs), liquid-solid contact angle of ultrafine particles increased, which not only
indicated the existence of surface force between particles and bed walls, but also provided a
possibility to achieve a better fluidization. Actually, it is not uncommon to decrease the friction
or attachment between solids and bed wall with the use @fcsant. For instance, Pluronie F

68 (PF68) is a widely used surfactant to decreaselngdbles interaction and attachment in

cell cultivatiori63].

Currently, little is known about wall effects and saddorce study in MFBs in terms of how

to minimize these effects. One reason is the variety of particle properties (size, shape, density,
material, etc.), fluidizing medium (density, viscosity, contents, etc.), bed geometry and material,
makes it difficultin solving the problem of the besall effects. Another reason is that the
technique of MFBs is still in the early stage and not the mainstream reactors with little attention
concentrated on these issues. Anyhow, for real utilization of MFBs, surfaeedodcwall

effect could significantly affect the fluidization performance in the MFB, which cannot be
neglected.

2.2.1.4 Mixing studies

Effective mixing is aimed at achieving a thorough and rapid interaction physically and

chemically between multiphase Ws during the engineering processing, particularly in those
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area where heat, mass transfer and reactions are in@¥gdAccording to the different
mixing mechanisms on different spatial scales, mixing process is subdivided into: micro
mixing (relied on molecular diffusion), mesaixing (e.g. formation and disintegration of flow
eddies) and macrmixing (e.g. flow folding and turbulent structurg¢€®b, 66] Different from

the diffusive mixing in micro scale, the flow patterns in fluidized bed reactors are directly
related to mesmnixing and macramixing [67]. From this point of view, micrfluidized bed
reactor has an excellent mixing property because: (1) the compact design of fluidic chamber
increases the surface to volume ratio, thus enhancing the contact area; (2) the fully fluidized

solids enhance the contact time between multiple phases.

Ligquid mixing Doroodchi et a]68] compared the mixing perfonce of two miscible fluids
between the MFB and partiefeee capillary tube. In their study, fluidization of the borosilicate
particles of ~98 um by sodium iodide solution in a 1.2 mm capillary tubing bed dramatically
decreased the mixing time, which waflected by using a dye dilution technique. Although
their studies confirmed that the MFB enhanced mixing performance, it did not explain the
relationship between bed voidage and mixing efficiency, which is important at the macroscopic
level. Such a relanship between bed voidage and mixing efficiency was experimentally
investigated by Zivkovic et a[64], who confirmed that the superficial velocity and bed
voidage strongly influenced the mixing performance. At low superficial fluid velocity, MFB
was not affected as the bed voidage was close to a packed bed. However, the egdage b
enhance mixing when the bed was expanded. Additionally, they demonstrated that the mixing
effect in the MFBs was about 3 times greater than those in pdraelehannelKig. 2.5a-c),

which was in good agreement with the findings frb@roodchi et al[68]. Apart fromthe
experimental studieferksen [69]characterized the enhancement of bed voidage on mixing

performance by means of direct numerical simulation, which confirmed that the scalar mixing
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in the fluidized bed yielded a more uniform distribution than that in the fixedroed’(5d &
e).

(b) (c) (d)

|

‘ ) v
‘. -l i l ' _ ;

Fig. 2.5. Comparison of mixing in the particfeee channel and mictuidized bed at different liquid flowrates: (a) 190 um/s,
(b) 286 pm/s, (c) 361 um/s, respectivfd], Simulation snapshots of the scalar concentration fields in the exit plane for (d)
fixed bed and (e) fluidized bg@9].

Solid mixing in gadluidized bed Compared with liquiesolid fluidization, gassolid fluidized

bed reactors are more widely applied in industrial process such as combustion, gasification,
polymerization, catalytic cracking and oxidat{®®, 70] Fig. 2.6 preseng a typical gas mixing
profiles in the gasolid microfluidized bed, where the transition of the bed regimes from
packed bed to turbulent bed has occufrdd. During the transition of bed regimes, the bed of
Geldart A particles starts to expandUatr and becomes bubbling at the gas velocities of 2 x
Umt, while that of Geldart B directly transits from a static bed into a bubbling bed. The Gerdart
C and D beds experience the channelling and spouted bed regime, respectively, before reaching
the turbulentbed regimeg72]. Alternatively, Han et al]47] summaized the reported
experimental data and identified the particulate, bubbling, slugging and turbulent fluidization
regimes based on superficial gas velocity, ratioslstdr and Ho/ds. However, the overall
particle mixing in gasolid fluidized bed is much less uniform both in axial and radial

directions in comparison to liquisblid or liquidsolidgas fluidized bed$73]. Although
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increasing the fluidization velocity is a sim@led effective method to promote mixing effect,
many researchers pointed out that increasing the gas velocity mainly improves the axial mixing
effect[74, 75] The noruniform gassolid mixing due to the inevitable accumulation of solids
near the reactor wall was also reported by Wang gt@ll.who simulated the effect of injector
structures and locations on the mixing characteristics of trace sample andteed! in MFB

reaction analyser.

Increasing gas velocity

Expanded bed Bubbling bed

Geldart A
Bubbling bed
Packed bed Turbulent bed

Geldart C

Spouted bed
Gas flow Geldart D I

Fig. 2.6. Schematic of the bed regime transitions (from packed bed to turbulent bed) in-Hwdidjasicrefluidized bed with
the inert of Geldart type A, B, C, and D powders, respectively.

Channelllng bed

To improve the radial mixing, this may require the sparger design to tbeizgd in the
following ways: (1) increasing the gas orifice number; (2) optimizing sparger design for
uniform distribution of bubble flows; (3) minimizing the rbomogeneous radial solids
distribution.Fig. 2.7 shows the typical sparger designs with eveslfced gas orifices, which

are effective at improving the mixing in radial direction, although some orifices near the gas
entrance discharge more compared to the gas holes near the rear end with the effesiraf p
drop among gas orificdg7]. To promote solid mixing in the smatale fluidized bed, several

novel distributor designs have been proposed recently. For instance, McDonoudgR3dt al.
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used the additive manufacturing technique to fabricate the MFB which contained a planar
distributor plate featuring-inm square holes, leading to the improvement in theiksghd
fluidization study. Odeley et a[78] demonstrated that the particle redial velocity increased
5.2 times when performing swirling fluidization with the flow channels oriented at 487 (wi
respect to their vertical flow channel counterparts). Similarly, the swirling fluidization of the
particle bed was reported to intensify the heat and mass transfer as well as the mixing rate in a
3D-printed toroidal fluidized bed (50 mm ID and 10 mm @an width)[79]. Apart from the
optimized gas distributor desigirthe application of external loadsd.,magnetism, ultrasound,
thermal, etc) to drive the flow and enhance mixing efficiency has also been rdBor84].

For instance, Karimet al.[83] introduced ferromagnetic particles in the magnetically assisted
fluidized bed (28 mm ID and 800 mm height) to improve mixing, which relied on the magnetic

solids to decrease the agglomeration of solids.
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Fig. 2.7. Schematics of gas spargers with different design: (a) sieve plate sparger, (b) multiple ring spargers-¢bpapgider
sparger, (d) multiple pipe sparger
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To date many reports on the study of mixing efficiency cover liggaild and liquidgas
fluidized beds. Although the thrgmhase fluidized bed is more widely used in industry such as
wastewater treatment and beer fermentation, only a few studies on thphthsesfluidization

were introduced. Note, for solids with unew#ensity and size, high flow rate may result in the
particle segregation, consequently this hinders the mixing in fluidized bed ref@eto8z]

Thus, in real application, the namiformity of solid phase needs to be considered.

2.2.1.5 Mass transfer studies

The accurate prediction and analysis of mass transfer are essential for anydesagtoand
industrial processing. Most experimental studies of mass transfer have involved the dissolution
of benzoic acid particles, which are easily pelleted from powders and exchange mass with fluid
phase. The mass flow rate is generally determinedonatays: (1) by measuring the benzoic
acid concentration in the inlet and outlet of the fluidization column; (2) by comparing the
guantity of the particles before and after dissolution. The total interfacial area was obtained by
multiplying the area of ongarticle, deduced from its shape and size, by the number of particles
[85]. Based on the literature, the fluidized bed is composed entirely of the active patrticles (i.e.,
in fluid catalytic cracking) iririg. 2.8a[86-88]. Another situation illustrated inig. 2.8b shows

that thecolumn consists of both the inert particles (i.e. sand or glass beads) and benzoic acid
solids[89, 90] which corresponds to the practical situations such as the combustion of char
particles in a fluidized bed boiler. Besides the utilization of active particles, ion exchange for
determining mass transfer in fluidized bed has also been rep@tté8], which used a cationic

resin initially in the H+ form and passed a dilute sodium hydroxide solution through the

fluidized bed92]. The reaction is described as follows:
YO 000®DYOw 00 (2.2)
Here,R represents the solid ion exchange matrix. The mass transfer was determined from the

measurement of inlet and outlet concentration using probe needles-lioe gmoductivity
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analysis[93]. In terms of PI, the miokcirculating fluidized bed has also been proposed for
mass transfer stud94], as the circulating fluidized bed can enlarge the active zone fraction to
total bed by the continuous fluidization in coluning( 2.8c). So far, a lot of progress has been
made on the intensification of mass transfer in fluidized bed based on the experimental studies.
However, moreadvanced experimental techniques are sgljuired to help achieve a
comprehensive understanding thie mass transfer mechanisms was well as promote the

measuring accuracy.

(a) . (b) (g‘j (C)(z).-t:'—

(1) <

Benzoic acid particles

ic acid particles

> Inert particles

Fig. 2.8. (a) fluidized bed consists of purely benzoic acid particles, (b) fluidized bed is composed of benzoic acid pellets and
inert particles, (c) simplified model of circulating fluidized bed, (1) riser column, (2) outlet, (3) top particles rp&yrt#pi
setler and calming column, (5) bottom particles return pipe, (6) inlet.

Theoretical analyses have also been conducted on the mass transfer studies in fluidized beds
using empirical/sermempirical correlations. Typically, these correlations involved the
Sherwod number$h, a dimensionless number which is expressed as a function of Reynolds

number Rg and Schmidt numbeBg) through using the Frossliftgpe equation95]:
Sh="0 @ YQ "Y® (2.3

wherek, b, c andd refer to the parameters in each specific experiment. The first term on the

right-hand sidek) represents mass transfer in diffusive conditions, while the second one refers
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to the enhancement of mass transfer caused by the convadtivigoflv around the solid®6].
Based on the Frossliftgpe equation, many authors have sought to r&8ate Rebased on

particle size, superficial liquid velocity, terminal velocity, and liquid viscosity.

One of the fundamental investigations is the effect of particle properties on mass transfer
coefficient Kc. Ballesteros et al[85] demonstrated thatc was independent of the solid
particles diameter through the dissolution study of the angular particles in a liquid fluidized
bed (50 mmiD), in which the particle shape remained unchanged during dissolution. The
column diameter and initial bed height have been observed to have no influence on mass
transfer ratg93, 97]. The effects of bed voidage dfc were presented by Dwivedi and
Upadhyay98]. By comparing the liquiesolid mass transfer in fixed and fluidized beds, they
concluded thab was inversely proportional to bed voidage. More specifically, Yang et al.
[99] found that the largest mass transfer capacity in ligoldd minifluidized bed reactor

when the bed voidage was 0.7 in their photocatalytic degradation research. The application of
miniaturized fluidized bed involving high mass transfer cogdfit will be reviewed in next

section.

These proposed and modified correlations can analyse mass transfer to some extent. However,
several discrepancies exist among the results from the previous literatures, making it difficult
to unify the analysis anevaluation. For instance, the column diameter was reported to have
no influence on mass transfer r§@3]. However, Arters and Fgd00] pointed out that the

mass transfer near the wall region of the-lgasd-fluidized bed (40 mm ID and height) was

much lower than in the radially centred region; they attributed this to the weak turbulences
along the bed wall. Instead, Arters and Fan concluded mass transfer coefficient was
independent of liquid flowrat@87], while BoskovieVragolovic et al.[89] demonstrated a

slight decrease in mass transfer rate with increasing velocity in the-$iglitfluidized beds

with 40 mm ID and patrticle size ranging from 0.52.98 mm. These conclusions were
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conflicting because of the limited range of parameters for correlations and different operating
conditions, which implies that a single correlation is inadequatddscribing the complete
behaviour over the entire range of Reynolds number or Schmidt number. Thus, the segregated
correlations may be a feasible approach to-fitethe experimental observations and describe

the actual mass transfer mechanism under vafioidization systems.

2.2.2 Applications

The adoption of Rbased techniques has led to rapid advancement with the application of
miniaturized fluidized bed reactors in conventional chemical processing, as well as in areas
such as environmental issuesdabiological industrial. In this section, the miniaturized

fluidized bed techniques are discussed from a Pl perspective.

2.2.2.1 Solid processing
Granulation screening

High-energy ball milling, electraleposition, liquid phase reduction are techniquesioi@ of
performing granular processing, but these methods require either high cost or complex
operating conditiongLO1]. Recently, the high fluidolid contact efficiency makes it attractive

to employ the MFB for particle granulation. However, the particles aggimiion under
ambient temperature conditions and more problematic sintering activity at high temperatures
strongly limit the use of MFBLO2, 103] To minimize the defluidization situation and improve

the fluidization quality, many methods have been proposed addressing the optimization the

granular processing in MFBs

Zhong et al[104] invesigated the defluidization behaviour of iron powders with different
fluidization gases (Ar, N2, CO, H2) in the bubbling fluidized bed with 25 mm ID. They
concluded that (1) the defluidization tendency decreased with increasing the viscosity and
density of @ses; (2) the sintering of iron powders (resulted from the adhesion force due to
surface softening) increased with increasing temperature. The sintering problem has been
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resolved by Lietal1l01], who pr e ssetnatgeed rae diutcwtoi ono pr ocess

high-purity ultrafine Ni particles in the MFB reactor (20 mm ID). In the first stage, the raw
ultrafine NiO particles were fed into hydrogealids micro fluidized bed for initial reduction

at low temperature (340003 ) for 15 min, which enhanced the saffjglomeration and
fluidization of Ni particle. In the second stage, furthedluction for the higher purity of the Ni
powders was achieved at high temperature B ) for 2 minutes. Similarly, the concept

of multistage reactions in MFBs has also beepliag to reduce metal oxidg405-107],
granulation of WS2 nanoparticl¢s08] and Mg2Si[109]. In summary, MFBs technique is
feasible foruse in the granulation process; with regard to PI, it also improves the processing

performance and product quality.

CO2+
Paraffi

(@)

Fig. 2.9. Diagram of the higipressure fluidized bed for particle coating process using the rapid expansion of supercritical
fluid solutions (RESS): (a) fluidized bed, (b) & (c) buffer autoclaves, (d) comprds€jr

Encapsulation of particles

The encapsulation of gicles to produce pills, pellets and tablets are widely used in the food
and pharmacy industries. The encapsulation process inside a fluidized bed is achieved by
spraying a coating solution into the fluidized solids, which contains several cycles ofywetti

drying process to form a uniform coating on the particle surfat&, 112]. The coating
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droplets are sprayed on the surface of particles though a csatitgpn nozzle driven by
centrifuge, air pressure, ultrasonjé43]. Simultaneously, the hot air is pumped into the bed

to fluidize the particle bed and dry the wet surface.

The MFBs combined with the rapid expansion of supercrigodiitions (RESS) has been
intensively used for the particle encapsulatiéing( 2.9). Tsutsumi et al[114] initially
employed RESS in a miciftuidized bed (50 mm ID) to conduct the coating process, in which
the supercritical carbon dioxide solutions of paraffin were sprayedghrine nozzle into the

bed that was fluidized by air. A big improvement in their work is no significant agglomeration,
achieved by spraying the coating material directly on the particle surface without the presence
of liquid droplets which acted as a bardor particles. Later, Schreiber et @dl15] used the
molten paraffin mixed in supercritical carbon dioxide for the encapsulation of géditieles

and glass beads a MFB at high pressures. The agglomeration of particles was mitigated by
using a nozzle with an orifice diameter of 50 um and a fluid velocity of 2.23 times the minimum
fluidization velocity. Similarly, by applying the RESS process in a -piggssure MB,
RodriguezRojo et al.[116] reported that good extraction yields could be achieved by setting
the extraction flowrates for bottespray and togspray methods to 2 kg/h and 4 kg/h,
respectively. The better coating quality was observed wspopy experiments at the equivalent
operating conditions, which was explained by the low paitticle concentration in the vicinity

of the nozzle due to the bottom spray configuration. BesidegriRoanz et a[110] proposed

the encapsulation of two different irregular shaped proteins, namely a model protein (bovine
serum albumin, BSA) and a pharmaceutical protein (insulin) in apngssure fluidized bed

(39.2 mm ID and 550 mm height) with RESS teiglnes, which had the advantages of
relatively low process temperature and the absence of any organic solvents. Although the
paraffin coating of those bed mixtures in the hpgghssure fluidized bed by means of RESS

process was feasible at low temperatupasticle rupture caused by the energy of the nozzle
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jet meant a further optimization for protein coating was required. Leekg¥t Alsuccessfully
coated the nanoparticles onto a miecsired excipient for a range of nanopzet actives
without the need of liquids and high temperatures, but their method was limited by the low

solubilities of actives in carbon dioxide.

To date, the main drawbacks of particle encapsulation are agglomeration, ampdul@y

yields. However, mimo-fluidized beds, combined with RESS, has useful applications in the
coating process, especially for coating nanopatrticles. In future, the modification to RESS
method and development of novel techniques are expected to improve particle encapsulation
in MFBs.

Particle separation

In industrial applications, particle separation is a key step to collect the target solids with high
content and uniform particle size, and to remove unexpected components from the mixture. For
solid segregation in a fluidized bed, although particle sftj®], pressure drofl19, 120]
distributor design121], bed thicknes$122] and height[123] were reported to influence
particle separation, the main concerns are particle density anl2#el125] Magnetically
stabilized fluidized beds have been reported to be able to separate solid phase, especially for
the extraction of metal solids (e.g., Iron ore). However, there is no literature on the application
of the microfluidized bed for solid separation. One reason could be that the industrial solids
(i.e., metals and coals) contain larger sizes and require converdgat@lfluidized bed for
separation. On that note, the use of MFB for Rsi@e particle separation woulte an
interesting topic for further investigation in future research.

2.2.2.2 Chemical conversions

The conversions of biomass to energy and fuels depend on various thermochemical or
biochemical processing, such as combustion, gasification, pyrolysis and fermefitaépn

Owing to its ability to manipulat solids, intimate contact between the phases and excellent
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mi Xi ng and heat transfer characteristics,
successfully to facilitate the thermochemical reactipgits 127] The advantages of using
MFBs for thermochemical processes are faster reaction, higher reaction rate and lower capital
costs as compared to conventional scalpdluidized bed reactors. In this section, the recent
utilization of MFBs for such thermochemical processes are discussed. Drawbacks of using
MFBs during the biomass conversions have also been addressed.

Catalyticcracking

Boffito et al.[128] proposed a onstep cracking/transesterification of vegetable oil for the
production of biodiesel in afm ID quartz bed, which reported a highest biodiesel selectivity

of 44% in optimal conditions. Unfortunately, this estep method could onlyeboperated
continuously for 20 minutes, thus limiting its potential for a koegn utilization. Furthermore,

the surface of the catalysts CaCQt&d were deactivated with coke, and the fluidized bed was
condensed and slumped by oil. Altogether these pmubleould be resolved by periodically
regenerating the catalyst to clear the but of the coke with several oxygemcles of
combustion. However, how to optimize the regenerated catalyst for biodiesel selectivity
remained uncleabJtilizing the same sizBuidized bed systent.dake et al[129] reported the
production of 1,3ropanediol from glycerol hydrogenolysis using catalysts PtAAM@Ds in

a fluidized bed operating above 240 &6d at ambient pressure. Starting from the glycerol
dehydration to acrolein, followed by rehydration tehy&lroxypropanal and finally the
hydrogenation to 1;®DO, it was observed that the yield of-BBO reached 14% after 2h at

260 °C. The byproducts vere 2PrOH, propanal, methanol, ethylene glycol, acetone, CO and
CO2, which were required for improving the selectivity of the proposed mechanism to achieve
a higher yield of targeted products. In terms of PI, the MFB system required shorter reaction
timesand lower concentrations of catalyst to achieve substantial production rates, e.g. 10 t of
catalyst for 80 kt/y of biodiesel producti¢h30]. Furthermore, Guo et dlL31] developed a
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two-stageMFB reactor for catalytic thermal decomposition of biomass tar, which broadened
the application of MFB in liquid cracking area.

Pyrolysis

Pyrolysis is a thermochemical process that converts the solid or liquid fuels into gas, char and
tar in the absence of oxygen. Jia e{HB2] compared the pyrolysis of two woody biomasses
(Douglas and oak) by the respective mititndized bed reactor (MFBR) and fixed bed reactor
(FBR); each reaction connected a single photoionization (SPI) mass spectrometettioereal

and online analysis of the labile primary tars from biomass pyrolysis. Using this SPI mass
spectrometer, they observed that biomass composition and temperature affected the volatile
composition during the fast pyrolysis of biomass in their MEB3]. From the point of view

of experimental parameters on pyrolysis, Gao efl@4] compared the pyrolysis of three
Iranian waste oils, namely Ahwaz (AW), Gachsaran (GS) and Abiyan (AY), in MFB and
concluded that the reaction temperature and reaction rate were important factors fagreachi
maximum conversion of fuel. Mao et §l.35] investigated the cpyrolysis characteristic of
biomass and lignite in the MFB analyser under isothermal conditions. They were able to
calculate the kinetic parameters for each individual gas components of plyeotyesis using
iso-conversional method. Yu et [@36] found the micro fluidized bed reactor facilitated the
rapid pyrolysis reaabns with higher gas yield but lower amount of carbon residues compared
to those derived from tests in fixed bed reactor. They concluded that this was the result of much
higher heating rate and more efficient mass transfer in the 1fhigttczed bed reactoin terms

of PI, as the micrdluidized bed reactor enables fast pyrolysis, the biomass could be rapidly
heated to predetermined temperature on order of seconds, thus speeding up the products of

pyrolysis and maximizing btoil yield.

Gasification
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Gasification is an effective method for converting biomass (such as coal and other carbon
involved fuels) into energy. This method begins with rapid pyrolysis and char gasification
thereafter[137, 138] Zeng et al.[139] investigated the MFB reactor for the isotmeai
gasification ofex situcharCQO; in a micro fluidized bed reaction analyser. The mituadized

bed reactor presented a much higher reaction rate than results derived from a thermogravimetric
analyser (TGA). Alternatively, They also proposed a-stage gasification technology
involving a MFB pyrolyzer for biomass pyrolysis (the first stage) and a MFB gasifier for char
gasification (the second stage), achieving the production of clean industrial fuel gas gasification
[140]. Afterwards, Wang et all41] applied this MFB reaction analyser to evaluate the
gasification ofin situandex situchar,under isothermal condition, in the presence ot @®a
gasification agent. The authors concluded that the char gasification behaviour and kinetics
could be affected by the pyrolysis atmosphere and annealing (cooling). Alternatively, by
changing the gasification agent from €0 Hz, Wang et al[142] characterized the isothermal
reaction of char gasification with steam at 0.1 MPa at low temperatures rang@505C)

and high temperature range (950100 °C), from which they concluded the effects of the
reaction temperature and steam partial pressutbe reaction rate of chi@team gasification.
Furthermore, Zhang et dlL43] reported the use of 10 wt.% black liquor could decrease the
completion time of petroleum coke steam gasification at 900 °C from 120 min to about 40 min,
thus speedingup the gasification in MFB. The same group also reported the catalysts
regeneration via coksteam gasification to solve the problem of excessive heat generated via
coke combustiofil44]. On the other hand, by minimizing external mass transfer limitations in
bed column, Cortazar et §1.45] developed a novel micsbuidized bed (26 mm ID and 300

mm height) with thermogravimetric flow ( that could gigely monitor the mass loss rate

throughout the gasification process) by mitigating the external mass transfer limitations in the
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bed column and relying on solghs contact between the reactive gaseous stream and the char

samples.

In addition, the MFBs &ve also been applied in chemical processing, such as diyi6})
oxidation[147] and reductio148, 149] Due to its rapid heat and mass transfer, the MFB can
lower the temperature and concentration gradient but raise the reaction rate, thus presenting its
huge potential in real chemical conversion. Fstance, Latifi et al150] have fitted a MFB
(alumina tube of 25 mm ID) with an induction heating system to heat the particles to the
reaction temperatarof 1500 °C in less than 5 s. However, the challenges are incomplete
combustion due to high moisture content, pollutant emissions (i.e., SOx, CO) existing in
traditional combustion processes. Other issues affecting the performance of MFB reactor such
as ®lids agglomeration and sintering have yet been well understood. Thus, it is important to
consider these issues when designing and applying the MFBs in engineering applications.
2.2.2.3 CQcapture

Carbon capture and storage (CCS) refer ta¢hmoval and absorption of G&om processes

such as combustion or gasification, with the aim of mitigating greenhouse effects and climate
change[151]. The utilization of MFBs for carbon capture have attracted much attention in
recent years. Fang et f§l52] characterized the cyclic G@apture and CaCQegeneration
properties in a higlhemperature micréluidized bed reactor. They found that the carbon
capture MFB reactor exhibited a decreasing efficiency of C4pture with increasing the
cycles because of the loss of sorbent activity, but the effigieas relatively stable when the
sorbent became saturated. In the presence of limestone, other factors that could affect carbon
capture were coal ash, carbonation reaction stage (kinetically controlled stage and product layer
diffusion-controlled stage)rad particle siz¢153]. However, Fang ancb-workers provided no
description on the fluidization performance of solids during the carbonation/calcination process,

although the different modes of solids circulation might be linked to thec@fture rate.
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Using the same micffiuidized bed thermogwvimetric analyzer (MFBIGA), Li et al.[154]
evaluated the reaction kinetics of CaO carbamatin calcium looping. When CO
concentration was within 50 vol% (1 bar), the reaction rate constant was observed to be 8.0
x10 1 m#(mol-s) while the activation energy of the carbonation reaction was almost zero and
the reaction was first order. By evating the direct reaction between £&nhd Ca(OH) in

MFB, Yu et al.[155] identified the presence of Ca(HG®&) an unstable intermediate product
whose activation energy was determined to be 40 KJ/mol. Recently, Sh§bé] developed

a micro interconnected fluidized bed (30 mm ID and 100 mm height, endowed with
interconnetivity to accommodate oxygerk,ig. 2.10), to promote C@ capture by oxyfuel
combustiorf157]. Their system was found to yield the conversion efficiencies of 100%, 36.8%
and 16%, for K CO and CH with hematite OCs, respectively, but the issues of carbon

deposition and OC attrition limited the applicability of this system.
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Fig. 2.10. 2D schematics and 3D models of the main component of the micro interconnected fluidized bed for oxygen carrier
evaluation[156]. Ti and R (with i = 1 to 4) indicate temperature and pressure measuring points.
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In recent years, more researchers have attempted to apply the external forces (efigldound
magnetic) into MFBs to improve the @€apture capacity. For instance, a scasdisted C®
capture MFB (a Plexiglas column of 40 mm ID) filled with fine activated carbon has been
developed by Raganati et HI58]. The authors evaluated the diffetradsorbent materials and
noticed that the sorbent of HKUSITyielded the highest CG@dsorption capacitjl59, 160]

To enable largescale CQcapture, Li et al[161] studied the C&capture in HVAC (Heating,
Ventilation and Air Conditioning) with the use of a novel Compact Micro Fluidized beds
(CMFB), which contains 100 micro fluidized beds (10 mm in length and width, 42 mm in
heights). Their novalesign by combining numerous MFBs in parallel is a typical way to scale
up the production rates but maintains the advantages of-flua@ation. Other MFB systems
have been developed endowed with sorbents such as magnetite loaded carbon fine particles
[162], micro-encapsulated carbonate solutjb@3]. These newly developed absorbents largely
promoted the C@&capture capacity, but the shortcomings including comgyamthesis of the

functional particles, low robustness and high cost require the further improvements in future.

Fig. 2.11. Images of main components of different bioreactor systems: (a) flask culture, (b)tstirkegbactor, (c) panel
bioreactor, (d) fluidized bed reactor.

2.2.2.4 Bioprocessing and bioproduction

The demand for high throughput with controllable gndntitative operating conditions gave
rise to the development of bioreactor systems, such as flask culture, stirred tank reactor (STR),

panelbioreactor and fluidized bed reactéri. 2.11). Compared to the low mass transfer in
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flask, high shear force from agitated impeller of STR, high capital cost of PBR, fluidized bed
bioreactors rely on the fluidization of solids to achieve a high mass/heat trastsfdow
mechanical stress, thus stimulating its potential in bioengineering and bioproduction. To
fluidize the tiny microorganisms without being washed out, the cell immobilization
technologiesi(e., attachment, entrapment, saljgregation, containmentjere developed to
enhance cell stability in continuous fluidization conditifil, 12] In the following
subsections, the applications of MFB bioreactors in bioengineering such as wastewater
treament, biogas production and other-ajoplication have been reviewed.

Wastewater treatment

At present, the removal of recalcitrant pollutants from both domestic and industrial wastewater
remains a big challenge for ecosystem and human life. One econoratbald is the biological
treatment process such as the activated sludge pridé&edsThe combination of MFB with

the cell immobilization technology is widely applied for wastewater treatment. For instance,
Chowdhury et al[165] compared the biological nutrient removal ability using a novel liquid
solid circulating fluidizeebed (LSCFB) bioreactor with and withoutet recirculation of
particles (the Lava rock particles attached with biomass). The system without particles was
able to remove 94, 80 and 65 % of organic (chemical oxygen demand, COD), nitrogen (N),
and phosphorous (P), respectively. With the presendeesétparticles, the system removed
excess phosphorus with overall removal efficiencies of 91, 78 and 85 % for C, N, and P,
respectively. Kuyukina et al[166] tested different immobilized biocatalysts on the
hydrophobized carriers such as sawdust, poly (vinyl alcohol) cryogel (cryoPVA) and poly
(acrylamide) cryogel (cryoPAAG) for the petroletoontaminated water treatment in the
fluidized bed reactor @ mm ID, 120 mm length). They found thei 700% removal of n
alkanes (C10C19) and 6670% removal of P3-ring PAHs, demonstrating the applicability

of MFBs for biotreating petrolewwoontaminated water. In addition, with -comobilized
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Rhodococcus rubelEGM 615 andRhodococcus opacu&EGM 249 strains on sawdust,
Kuyukina and ceauthors found that their approach could achieve 70% biodegradation
efficiencies for alkanes and PAHs within two weeks compared to the corresponding 24 and 37%
without the inoculatios in the bed167]. Similarly, another example of petroleum wastewater
biodegradation was reported by Banerjee gRfl, who used the immobilized hyper phenol
tolerant strains oBacillus cereugAKG1 MTCC9817 and AKG2 MTCCAB) in a fluidized

bed bioreactor (50 mm ID) to reduce 95% of the initial phenolic compounds under the
continuous mode of operation. To demonstrate the efficiency of MFB in wastewater treatment,
Qiu et al[168] compared the formaldehyde biodegradation by immobilizethylobacterium

sp. XJLW cells in both the thrgghase MFB (36 mm ID, 460 mm height) and the shake flask.
They found the immobilized cells from fluidized bed reactor could degrade 5 g/L formaldehyde
with a maximal degradation rate of 464.5 mg /L/h aftebatches recycling, while cells from

flask culture showed a lower formaldehyde tolerance (1.2 g/L) in 8 h shake flask tests.

Table 2.2 Summary of wastewater treatment using different mileidized bed reactor systems in recent years.

Reference Column Wastewater Particle Microorganisms Results
ID (mm) properties
Degritted Lava rock Return activated Removal of 91, 78 and 85 %
Chowdhury etal. 20, municipal particles; sludge of 3511 mg  for organic (chemical oxygen
[165] 76 wastewater dp=0.31.0 mm TSS/L and 2810 mg demand, COD), nitrogen (N),
VSS/L andphosphorous (P),
respectively with particle
recirculation.
. Petroleum Hydrophobized Strains of 70i 100% removal of ralkanes
Kuyukina etal. 14 contaminated carriers suchas  Rhodococcus (C1G' C19) and 4670%
[166] water sawdust, poly ruber|EGM 615 and removal of 23-ring PAHSs.
(vinyl alcohol) Rhodococcus opacus
cryogel IEGM 249
(cryoPVA) and
poly(acrylamide)
cryogel
(cryoPAAG)
dp=1-3 mm
) Oilfield Sawdust samples; Strains of 70% biodegradation
Kuyukinaetal. 14 wastewater Rhodococcus ruber  efficiencies for alkanes and
[167] dp=1-3mm IEGM 615 and PAHSs within two weeks;
Rhodococcus opacus 75 96% removal of heavy
IEGM 249 metals (Al, Cr, Cu, Fe, HZn,
Mn).
) Petroleum Caalginate beads; Strains oBacillus 95 % or more reduction of
Banerjee et al. 50 wastewater cereusAKG1 COD and phenolic compounds
20] dp=3 mm MTCC9817 and

AKG2 MTCC9818)
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. Formaldehyde Gelentrapped Strain of Degradation of 5 g /L
Qiu et al[168] 36 (Hi CHO) beads; Methylobacteriunsp.  formaldehyde (with a maximal
Dp =4-5 mm XJILW degradation rate of 464.5
mg/L/h under the optimum
conditions)
Nickel- nickel carbonate 98.8% of nickel removal.
Ballesteros etal. 20, containing granule; /
[169] 40 synthetic dp=0.500.15
wastewater mm
34.4, Campus Natural zeolites; Anaerobic digested  Removal of COD, BOD and S¢
Chenetall170] g5 domestic dp=0.2-1nm sludge reached 84, 87, and 96%,
wastewater respectively, with a HRT from
3to4h.
31 Isopropanol Calcium alginate,  Strain of Reduction of COD from 5,000
Geng et al[171] Polyvinyl alcohol,  Paracoccus to 109 mg/L under optimum
Activated carbon, denitrificans condition;
Si0o2; The degradation of IPA reache
dp=3 mm 98.3%.
. 50 Furfuratladen Natural polymers  Bacilluscells Removal efficiency of furfural
Ismail et al{172] wastewater of guar gum (GG), was 100%, 100%, and 95% foi
agar agar (AA) the 1st, 2nd, and 3rd, cycles,
and sodium respectively.
alginate cross
linked with
polyvinyl alcohol
(PVA)
) 50 Synthetic Granular activated COD removals reached 99%.
Kim et al.[173] wastewater with  carbon (GAC)
chemical oxygen
demand (COD)
averaging 513
mg/L
Low strength (60 Granular activated Total nitrogen (TNyemoval
Kwak etal[174] 35 mg/L TN) carbon; / efficiency was over 82%.
synthetic dp=0.81mm
wastewater
Synthetic GAC particles; An overall removal efficiency
Kwon etal[175] 50 wastewater with  Dp = 0.84 mm of 82% of NH4N.
a COD of 300
mg /L
Synthetic Silica; COD oxidation and sulfate
Oztemur et al. 50 wastewater dp=1-2 mm / reduction efficiencies up to
[176] 98%
Low-pitched Expanded clay The denitrification rate was
Patroescu etal. 50 groundwater granular; between 3393867 g NO3
[21] containing dp=25mm N/m3 /day in fluidized bed
nitrates reactor.
Synthetic Activated carbon  The dominant phyla Total COD removal
Wang etal[177] 38 municipal coated wereProteobacteria, efficiencies of N 84% were
wastewater polypropylene Bacteroidetes, and achievedconcomitantly with
beads; Epsilonbacteraeota  complete nitrification.
dp=3.003.5mm The overall nitrogen removal

efficiencies were N75%.

To study the anaerobic peseatment of wastewateKwak et al.[174] usedthe MFB
membrane reactor (35 mm ID and 500 mm height) for-st@ngth ammonia wastewater
treatment. Meanwhile, Oztemur et |I76] reported the high sulfa reduction by their MFB

membrane bioreactor, which consisted of a plexiglass column with 50 mm ID and 1250 mm
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height. Such membrane reactors need no aeration requirement with less sludge production, but
the membrane fouling remains a major ispLi8]. As summarized ifable2.2, wastewater
treatment is dependent on the specific microorganisms used for biodegradation or convert
certain chemicals from the effluent. When combined with MFB reactor system, this would
intensify the process of treating wastewater. To date, these mireakufiuidized bed
bioreactors have achieved convincing results in wastewater treatment, but its design procedure
and operating conditions are too complex to standardize the wastewater treatment. The
cultivation conditionsi(e., pH, temperature, growth rdeim, concentration, etc.) which differ

for different cells or bacteria, could impact the wastewater treatment. For example, using a
two-stage anaerobic/aerobic fluidized beds system (50 mm ID, 500 mm height) for the
biodegradation of reactive blue 13, Let al.[178] obtained a maximum colour removal of
83.2% and COD removal of 90.7% was obtained at pH 7. Besides, anothexgigible issue

is the long duration for cell cultivation and biggadation: the cultivation period can last for
several days and the degradation time can last for more than 300 hours in one wastewater
treatment cycl¢179, 180]

Bioproduction

One advantage of the MFB bioreactor is that it can control the processes fesctaltell
cultivation and fungal fermentation to obtain the desired biological products. This is desirable
from the perspectives of parallelization, automation and costtied [181]. The production

of biofuels (i.e., hydrogen, ethanol) is one of the typical applications of MFB bioreactor. Wu
et al.[182] used a MFB bioreactor (27 mm ID and a height of 120 cm) to house immobilized
anaerobic sludge for biohydrogen and bioethanol production. Hamoduction, the largestH
production ate of 59 mmol /h/L was observed with the sugar substrate of sucrose at the liquid
velocity of 0.91 cm/s, while az¥ield of 1.04 mol mol hexosewas achieved with glucose at

the liquid velocity of 0.55 cm/s. Alternatively, Wu andworkers demonstratetiat the sugar

36



substrate of fructose led to the highest ethanol production rate of 378 mmol/h/L and yield of
0.65 mol mol hexoskat the liquid velocity of 0.91 cm/s. Using an anaerobic fluidized bed
reactor with expanded clay as support carrier ancbgkias substrate, Cavalcantedeamorim et
al. [183] demonstrated that hydrogen vyield production and hydrogen production rate were
linearly correlated with the hydraulic retention time (HRT). Rertnore, the authors compared

two different support materials (polystyrene and expanded clay) for biohydrogen production
with synthetic wastewater containing glucose (4000)mghey concluded that the maximum
hydrogen yield was 1.90 mol and 2.59 mol vilte carrier of polystyrene and expanded clay,
respectively, while the highest hydrogen production rates were 0.95 and/ h21 for
polystyrene and expanded clay, respectiyéB4]. They have also investigated other input
parameters such as liquid velocity, temperatures and HRT on hydrogen profiL&%ioh36]

It must be emphasized that minimum fluidization velocity presented a greater production of
hydrogen, but theyafled to give any explanation. From the point of hydnmayics, it is
plausible that minimum fluidization velocity can facilitate the fully expansion of the particle
bed as well mitigate the solid agglomeration, thus enhancing the mass transfer rate for cell
growth. Most importantly, the minimum fluidizationleeity ensures lower shear force on cells,

thus minimizing the cell damage and death.

Using the cell encapsulation as another cell immobilization method, Lijil&AIstudied the
production of natural pigment via the cultivation of encapsulktedascus purpureu§hey
confirmed that encapsulated cells contained a higher cell density than free cells cultivation in
flask, although a few celébkages from encapsulation was observed. Another interesting study
is the effect of different cultivation modes on product yields using the micro fluidized bed
bioreactor. For instance, the different cultivation modes ocfgehppedSphingomonasp.
ZUTEO3 was tested in the thrpdase micro fluidized bed bioreactor to produce G¢T388],

from which the Co@ yield in conditions of single batch, feed of solid solanesol every 8 h
37



batch and feed of solid solanesol & PHB every 8 h was 48 @igl.52 md/and 441.65 m¢y/

respectively.

Applications of MFB bioreactors in the bioengineerfiejd have been reported elsewhere.
Pereiro et al[35] studied the magnetic MFB in combination with antibddgctionalized
superparamagnetic beads to capture and detect infectious bacteria. Similarly, the microfluidic
magnetic fluidized bed was alemployed for DNA analysig37]. In microfluidic chamber,

the drag force between particles and wall effects are expected to overcome gravitational forces,
therefore, the external forces such as magnetism can lead to a stableststtaflyidization

process.

In summary, MFB bioreactdhas several advantages for bioproduction applications, such as
sufficient mass transfer, enhanced mixing effect and low shear stress. The high mass transfer
and mixing rate ensure the medium and dissolved oxygen supply. Besides, the liquid/gas flows
in the fluidized chamber result in lower hydrodynamic shear stress for cells, which mitigates
the cell damage/death rate compared with stirred tank bioreactors. However, the long duration
for cell cultivation through the immobilized cell fluidization may leadhe cell detachment

from carriers or cell leakage from encapsulation. In the aerobic cultivation/fermentation, air
provide oxygen in the form of bubbles, which could rapture in medium and influence cell
morphology and cause cell de&il89, 190] Therefore, it is worthwhile optimizing the bubble
velocity and size ithe microfluidic system. Finally, as cells size and numbers are growing in
the fluidized bed column, the liquid and/or gas flowrate should be continuously adjusted to
maintain a desirable fluidization state. Often this may mean compromising on the final

production yield and rate.

2.2.3 Conclusions and Prospect

In this chaptey the process intensification using midhaidized bed techniques have been

discussed from the hydrodynamic propertéshis miniaturized reactor. The discussions of
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MFB applications have covered solid screening, chemical conversiertap@re, wastewater
treatment and microbial processing. The miniaturized size enables the fast screening,
controllable safety and lowapital cost. Besides, the advantages of good mixing, excellent
mass and heat transfer broaden the applications of MFB in traditional chemical engineering, as
well as in environmental protection and bioengineering. Thus, MFB has been proved to be an
effective preliminary screening tool to test its application in a safer, faster, cheaper and cleaner

way.

However, the commercial applications of MFB are still in the initial stage with few
documentations. One of the mature commercial products is treodd1FB analytical device
devel oped by Xubés group, which wadidreastiend i t
as reviewed in this paper with more analytical details provided in a recent review paper from
their group[191]. Recently, Samih et dl192] proposed a MFB thermogravimetric analyzer

for developing processes from complex feedstocks, whighl & applied for coal gasification

and other gasification processes development and design. Admittedly, the direct adoption of
results obtained from MFB into commercial applications is limited by the inherent scale
dependence of essential operation patans[193]. For instance, the change of on parameter
(e.g., bed size, partical size or density) with other parameters unchanged may lead to
significantly different hydrodynamics. The widely applied method for fluidized bed scaling is
to use the dimensionless numbexrg(,Reynolds number, Froude number, gas/particle density
ratio, sphericity and size distribution of the particle, etc.) for keeping the hydrodynamic
similarity in different sizes of reactof£94], although the wall effects and particle interactions
(which are significant in MFB but negligible in largeale fluidized bed) make the scaling

results impossibly corsient with those in MFB. Alternatively, advanced validating tools such
as CFD simulation can assist to improve the scalmgimilarity. Finally, the promising

method of using MFB for commerciatale production is by combining numerous MFB in
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parallel toenlarge the production rate while maintains the advantages of MFB. This can be
exampled by a novel Compact Micro Fluidized beds (CMFB, contains 100 micro fluidized
beds) for CQcapture[161] and the micrestructured fluidized bed membrane reac{@s],

but more studies on novel and effective MFB designs are expected to meet the demand of
industrial production in future.

2.3 Fungal fermentation

Filamentous fungi are of great significance in biotechnological and bioprocessing industry to
produce many primary and secondargtabolitesncludingcitric acid, lovastatin, lactic acid,
carotene, and enzymes such as protease and |t86598]. In this section, the fungi growth

and pellet formation process were briefly reviewed. Besides, the reported parameters that affect
the process of pelletization and bioproduction were also concluded. Finally, the advantages and
challenges of fungal fermentation via the bioreactors have been addressed.

2.3.1 Pellet formation and growth

In submerged culture, fungi can grow either in dispersed mycelia or in the compact pellets
surrounded with hypha structure. The mechanispetiét formation is generally divided into

two modes: oagulativeand non-coagulativeformation [199]. As shown inFig. 2.12, the
coagulative type is achieved by agglomerating the sporesiasdguentlgerminating hyphae

to form the pellets. In contrast, the Rromagulative type starts with thewelling and
germination of single spore before the aggregation of branches. In both two modiest the
stage ofmicro-morphological growths depené@nton the physica&chemical properties of the
spores and hyphae, as well as on the cultivation conditions suchs #nel salinity of the
growth medium and its rheologichéhaviourf200]. After the micremorphological process,

the next stage of macraorphological growth involves the branching and extension of hyphae,
which tend to interact and aggregate tarfahe pellets. The final stage, referred to fungal cell
autolysis, igheprocess that pellets break up into the fragmented pieces, which asethen
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as newsource for next round pelletization for increasing the pellet biomass and inherent

bioproductia.

Stage 1: Stage 2: Stage 3:
Micro-morphological growth Macro-morphological growth  Fungal cell autolysis
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Fig. 2.12. Schematic of fungal growth and pelletization in different stages. Stage l-Marmhological growth based on
coagulative and nenoagulative mode, Stage Macromorphological growth with branching and extension of hyphae for
pellet formation, Stage 3: fungal cell autolysis into fragmented species for next round pelletization.

The mature pellets aspherical, ellipsoidal or oval massegh the size ranginrom several
hundred micrometres to severalllimetres, which is traditionally determindmy means of
image analysi$201, 202] Relied on thestaining of thin slice®f Penicillium chrysogenum
pellets with cresytviolet, Wittier et al. [203] observed thdifferent layerstructures and
distinguished the pellet into foulifferent regions: (i) the first region correspondsptdiet
centre which presents a seranaerobic environment with very little amount of viaiyghae,

(i) the second region corresponds to the layer surrounding the central wetjiaignificant
inhomogeneities in the pellet wallii) a third region appears in hollow pellets, with hyphae
showing clear signs of autolysis, and (iv) the fourtjfioe corresponding to the external hairy
zonewhose thickness dependent on fermentation time. In this outer hairy rdggdmyphae
are viable and metabolically more active than in the other re{f20d$

2.3.2 Factors on pellet growth

It is known that the parameters such as inoculum concentration and culture conditions largely
affect pellet morphologywhich in turn impact theroductivity. For instance, the filamentous

mycelia increase the viscosity of culture media, leading to the low mass transfer and mixing
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effect. On the other hand, the pelleted fungi is challenged bintdmal transporissuesof
substrates and producighich isdepen@don size and compactness of pel[@685]. Therefore
it is essentialto study the effects of parameters including medium component, operating

conditions on pellet growth for the purpose of improving the productivity.

The fungal inoculations include specific strain, inoculant concentration and age,ueigi. F
species determine the target product, while the inoculant concentration and age mean the
biomass concentration of the fungi and its viability, respectively. It is reported that the high
concentration of inoculum ensures the large number of biomasg bught lead to the
formation offreemyceliainstead of pelletsvhilst thelow level ofinoculum (.e. less thai0?
sporémL) promotes the pelletization procd266]. However, whether the fremaycelia or the

pellets have a better productivity must be associated to the fungal strains and other cultivation

conditions.

Another important factor is the medium components, in which the substrates can either enhance
or prevent the pellet formation tofluence the fungal morphology. For instance, the carbon
sources provided dgctosewas reported to induce thepergillus nigegrow intofree mycelia
whereas the substrate of glucose led to the formation of ge&ts Additionally, thesalinity

of sodium chloridewith high contractiorwas also reported to prevent the formation of pellets
[208]. These descriptions are consistent with the medium components Betidayet al[3],

who used thglucose monohydrat@0 gL) for carbon sources and a very low concentration

of calcium chloride dihydrat€73.5 mg/L) in the medium for submerged culturéNoiiveo
tomentosaBesides the essential substrates, the supplement of precursors can also promote the
final production, which was exampled by the precursor-phenylalanine in improvement of
raspberryketone yields[3], although the effects of precursor on fungal morphology was

unclear.
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Other parameters are agitation and/or aeration forces from the bioreactor systems. The agitation
system is widely used in the stirred fermenter to improve mass transfer rate but decrease the
oxygen and heat gradients, while the aeration system is used for aerobic fermantitzm

also minimise the pellet agglomeration by the bubble flows. Thategitsystem is reported

to decrease the pellet size blgaving ofhyphal elementsit low agitation intensity and by
breaking up the pellets at high agitation sp@€®]. Rodriguez et a[205] concluded thathe

fungal pellet diameter was up 2300um with theagitation intensity of up to 300 rpm the

stirred tankswhile the more intensagitaton speed (> 600 rpm) made the pelletagpergillus
terreussmaller thar@OOum. Despite the reduction of pellsize, theotal biomass productivity

was not affectedwhich means the agitation system induce cbmpactnes®sf pellets. In
contrast, the aeration system is believed to increase the pellet size ihgrésesed hyphal
branching so that the enlarged pellets become fluffy and Hab9]. For instanceKrull et al.

[210] statel thatAspergillus nigepelletswere observed much largediameter withrregular

shapes. In generalgitation effects are less sevénan that from aeration system in terms of
pellet growth and bioproduction

2.3.3 Fungal fermentation in different reactors

Fungal fermentation in the bioreactors is generally divided into two forms: solid state
fermentation (SSF) and submerged fermeotat{SMF). Solid state fermentation is the
microbial process occurred on wet solid materials under controlled conditions without the
presence of running water or cultivation liquids, therefore the substrates must possess enough
moisture to support growtland metabolism of microrganism[211]. SSF is believed to
stimulate the natural fungal fermentation on moist solids, thus developing the fermentation
techniques in ancig time. On the other hand, SMF including static submerged culture and
suspension culture are still the dominated fermentation methods for indsstili@lapplication,

which is normally associated with the release of heat, @l volatile compound212]. In
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this section, attention is focus on the#bmerged fermentation techniques, as the fermentation
of Nidula niveatomentosand production of raspberry ketone in our project are conducted in

the submerged cultivations.

Different bioreactors replied on external forces such as shaking incubatatipagystem and
aeration system to suspend the fungal pellets, thus increasing the mass/heat transfer but
minimizing the pellet settlement and agglomeration. During the suspended fermentation in
bioreactors, fungi can grow in the form of free myceliadly dispersed filaments), clumps
(aggregated but still dispersed) and pellets (denser, spherical aggregated forms), which is
influenced by the operating conditions including gas flowrate, agitation speed, pH and
substratef204]. The simplest bioreactor is the Erlenmeyer flaskvhich the fungi grow from

mycelia into pellets and bioproduction are accumulated. To improve the yields, the flasks are
kept inthe incubator which provides the shaking system and temperature controller, during the

fermentation.

Meanwhile, other bioreactor systems such as stiaek reactor (STR), gnel bioreactor
(PBR), continuous perfusion reactor and fluidized bed reactor \RB® also been used for
submerged fermentatigd13-215]. In general, STR improves the concentration gradient with
low producibility and potentiatontamination due to frequent handling and samd@ig],

but induces high shear stress from agitation system (i.e. stirred impellers) thus causing adverse
effects on microorganisms, especially on stsarsitive one§217]. The photobioreactor
(including vertical tubular photobioreactor, bubble column photobioreachintift
photoboreactor and flat panel photobioreactor) contains the enclosed, illuminated culture
vessel for controlled cell growth and biomass production, which avoids water evaporation and
environmental contaminants by using the humidify bottle for gases excfzdr@jeAlthough

PBR enhances light utilization by microalgae through photosynthesis, the high capital costs

and energy consumption during operation must be taken into considejaii®n 220]
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Continuous perfusion bioreactor relies on the highly porous microspheres/scaffolds to provide
increased surface area for cell growth and prolifergi&@1]. The continuous perfusion of
fresh or circulated medium promotes nuitg#oxygen transfer with less mechanical stress on
cells, but the difficulty in harvesting and complexity of perfusion system (i.e., cell attachment)
require further optimization. Similar to continuous perfusion reactor, the immobilization of
cells on cairers is also required fluidized bed reactor system, which ensures the immobilized
cells are fluidized by upward gas/liquid flows in fluidized bed biored2&212]. FBR improves
mass/nutrients transfer and nmgi effect with less shear force, but the cell sedimentation or
elutriation may occur when the gas/liquid flowrate is too low or too high. Admittedly, it is
somewhat difficult to compare the fungal fermentation or bioproduction by different bioreactor
systens, which involves different growth conditions and parameters such as culture volume,
agitation and aeration, mass transfer rate and shear considerations. Particularly, the different
agitation and aeration systems have strong effects on fungal morphaidgsubsequent
productivity. Krull et al.[210] pointed out that mycelial growth of filamentous fungi (i.e.
Aspergillus nigey induced high viscosity of the cultivation media but low nutrient supply due
to insufficient mixing, whilst the cultivation of fungal pellets presented Newtonian flow
behaviour but limited nutrient transfer into inner core of the pellets. Compared to the
aggegation of fungi affected by pH values, fungal morphology is dominantly determined by
volumetric power input such as agitation and aeraf#8]. More specifically, Taymaz
Nikerel et al.[224] confirmed that the aeration had a higher impact on fluffy pellets of
Eschrichia colj but the higher agitation led to dense pellets with compact itédce.
Therefore, to obtain an optimgtion of the production process, it is still worthwhile
investigating the fermentation in different bioreactansl linkng the fungal morphology to

raspberry ketone production from the point of bioprocessing ogtiioiz
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2.4 Raspberry ketone production

Raspberry ketone {#-hydroxyphenyl) butai2-one; RK) is a wetknown aroma component
mainly existing in raspberries, although it is also observed in fruits such as cranberries,
blackberries, grapes and other plas225] Due to its distincraspberry flavour, RK has

been widely used in food industries and fragrance formulation (e.g., in aroma formulations of
kiwi, cherry, strawberry)7]. Meanwhile, raspberry ketone also attracts intense interest due to
its lipid degradation and skiightening effects in mammalian metabolism, thus boosting its
commercial values as healthcare prody6ts7]. However, the low natural abundance in
raspberries (B mgkg raspberries) makes RK ngnofitable for the commercial isolation. At
present, the chemical synthesized RK has been proved to be simpler and more abundant than
that from fruits extraction, but the various toxic-fmoducts and environmental pollution
resulted from the synthesis process render the use of such chemical rf260827] More
importantly, based on the regulations of European Community, flavour compounds can only
be identified as natural if the products ab¢ained either by physical processes (i.e. distillation
and extraction of natural sources) or by enzymatic/microbial processes, which means the
chemical synthetic RK is regarded as naidemntical producf228]. The difference in price of
naturatderived RK (up to US$ 3000/kg) and its chemical synthesized compound (less than

US$ 58/kg) is considerable, fostering the economic production ofah&HKi{7].

Natural raspberry ketone is initially identified and extracted from natural fruits and plants. For
instance, Honkanen et @] identified a total of 75 volatile components including raspberry
ketone from fresh wild raspberries by combined gas chromatograpby spectrometry.
Using the same approgckhe authors also detected RK from European and American
cranberries but they failed to report the specific RK concentration or any extraction method
[229]. Besides, Kenddong and Nishidg230] confirmed thatBulbophyllum apertuniower

(Orchidaceae) could release RK to attfaattrocerafruit flies. To measure RK content and
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isolate it from fruits, Pabst et 4225] used the XAD adsorption and subsequent methanol
elution to obtain RK from raspberry fruit, which reported-2.2 mg raspberry compounds
from 1.7 kg lyophilized raspberry fruits. More directly, Wang gRall] used 10 of raspberry
samples purchased from local supermarket to determine the RK content ranging from 71.4
240.0 pg/kg raspberry. Pedapudi et[2B2] characterized the maximuRK concentration
exceeded 20 ug/g fresh cells in the suspension cultures of raspberriRublis (daeys It is
obvious that the RK content in raspberry fruits is too low for commercial isolation, therefore,
other approaches for high yields of natlRE&l production are required. In the fruit of raspberry
(Rubus idaeys the natural production of raspberry ketone initiates with the phenylpropanoid
pathway, as shown iRig. 2.13. Wang et al[9] reported a heterologous pathway to produce
raspberry ketone from-poumaric acid, which extracted the candidate genes including CoA
ligase (4CL), benzalacetone synthase (BAS), and raspberry ketone/zingerone syntSa¥e (RZ
from plants and assembled these candidate genes into the host stiEastharichia coli,
achieving a final titer of 90.97 mg/I RK. Similarly, Lee et[@]. assembled four heterologous
genes, encoding phenylalanine/tyrosine ammbyase, cinnamatd-hydroxlase, coumarate
CoA ligase and benzalacetone synthase in an industrial stt@acoharomyces cerevisite

the production of RK with the maximum concentration of 7.5 mg/L. Alternatively, Kosjek et
al. [228] used the different lyophilized cells &hodococcus sp perform the biocatalytic
oxidation of 4(p-hydroxyphenyl)butar2-ol(rhododendrol) into 4p-hydroxyphenyjlbutan2-

one (raspberry ketone), leading the substrate concentrations up to 500 g/L.
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Fig. 2.13. Biosynthetic approach for raspberry ketone and anthocyanins. The biosynthesis of raspberry compounds starts from
t he ¢ ou pbumarigacid fo CqA by the 4CL enzyme. Afterwards, the coum&om is converted into raspberry
ketone with the supply ahalonytCoA.

Besides the isolation from natural fruits or bioconversion of natural precursors mentioned
above, the fungal fermentation is another route for natural raspberry ketone prof283ion

Ayer and Singe[234] initially identified RK from the metabolites of the it s nest f
Nidula NiveeTomentosaleading to the development of RK productiorD®/novaosynthesis

using the fungusNidula NiveeTomentosaFischer et al[13] screened various precursor
substances and confirmed the precursors includisiRhénylalanine, phenyl pyruvate, phenyl
propanoic acid, tyrosine, 4hydroxyphenyl pyruvate, cwnaric acid, 4ydroxyphenyl
propanoic acid, benzoic acid, hippuric acid, benzaldehyde, and 4hydroxy benzaldehyde
promoted the synthesis of RK, while other precursors such as cinnamic acid, phenyl acetic acid,
phenyl acetaldehyde, anehgdroxybenzoic acighethyl ester supressed the growth of fungus

N. niveetomentosaand raspberry compounds production. Meanwhile, Boker €3h]
increased the raspberry compound vyields to 200l rbg/ optimizing the media and
supplementing the-phenylalanine during the fermentation of the basidiomydetalanivec
tomentosa

2.5 Summaries

The development d/IFB techniques have beeaviewedfrom the hydrodynamic properties

of this miniaturized reactor. The discussions of MFB applications have covered solid screening,
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chemical conversion, COcapture, wastewater treatment and microbial processing. The
miniaturized size enables the fast scnegncontrollable safety and low capital cost. Besides,

the advantages of good mixing, excellent mass and heat transfer broaden the applications of
MFB in traditional chemical engineering, as well as in environmental protection and
bioengineering. Thus, M has been proved to be an effectpreliminary screening tool to

test its application in a safer, faster, cheaper and cleaner way. However, the commercial
applications of MFB are still in the initial stage with few documentatiorwe studies on

novel and effective MFB designs are expected to meet the demand of industrial production in

future.

The mechanism of pellet formation is generally divided into two modes: coagulative and non
coagulative formation. Both modes start from the first stage of macarphological growth,
followed by the macranorphological growth involves the branching and extension of hyphae,
and reach the final stage of fungal cell autolysis. During fungal fermentation in bioreactors, the
operating parameters of agitation and/or a@masystems strongly affect pellet morphology

and subsequently fungal productivity. The agitation system is reported to decrease the pellet
size by shaving of hyphal elements at low agitation intensity and by breaking up the pellets at
high agitation speedvhile the aeration system increases the pellet size by the increased hyphal

branching to enlarge pellets become fluffy and hairy.

Raspberry ketone {#-hydroxyphenyl) butat2-one; RK) could be obtained either from
natural fruits (e.g., raspberrieganberries, blackberrigsr chemical synthesis. However, the
extraction from natural fruits is limited by the low abundance while the chemical synthesis may
cause the problems such tic by-products and environmental pollutioifhe current
methods ofbioconversion ofRK from natural precursordiave achieved big progress.
Alternatively, fungal fermentation of tididula niveo-tomentosaan directly produce RK, but

most research are focusexd flask culture, leading to the low production rates. Therefore, it is
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important to explore and optimize the feasibility of submerged culturNididila niveo-
tomentosausing other bioreactors such as STR and fluidized bed reactor, which may provide

foundations for pilot scale and commeregdale RK production in future.

Hence, this chapter reviewed the development of current research onflmdized bed,
fungal fermentation and raspberry ketone productibwst importantly, this chapter provides

the heoretical supports to lintkke fluidized bed techniques with fungal fermentation together
for the production of natural RK, which can not only broaden the development of fluidized bed
but also explore the feasibility of improving RK yields by using niweteactor systemsn

next chapter, the specific approaches to achieve the goals will be described.
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Chapter 3 Approaches andmethodologies

3.1 Introduction

This chapter described the methods for the design and fabrication of MFB, followed by the
procedures of investigating the hydrodynamics in-lgpsd and gadiquid-solid systems.
Besides the methodologies for fungal fermentation including the seed eutirgparation,

flask cultivation, liquid sampling, HPLC and YSI measurements were introdecedly, the
experimental approaches to produce RK by submerged cultivatididoifa niveetomentosa

in different benckscale bioreactors haven been proposed.

3.2 Micro-fluidized bed techniques

Fluidized bed reactor is an established technology in chemical process industry due to its good
mixing and high mass and heat transfer characteristics. In recent years, increasing attention
has been paid to miciftuidized bed reactors (MFBR), which reduce costs, decrease operation
times, increase safety and intensify the engineering pr{@8}s However, there is no clearly
defined distinction between micro and matitodized beds. Whether the boundary should be
asserted based on the 1 mm cresstional micrefluidic context{17, 237]or on the wall effects
related to volumetric effects (such as gravii®, 22]is still debatable. According to the
previous studies, a fluidized bappghrentcangebe r
in hydrodynamic properties, although its hydraulic diameter could be2ip tentimetresnd

the bed height reaches 5 ¢id, 18, 19] In this section, the methodologies for fluidized bed
design, fabrication and hydrodynamics characterization are presented.

3.2.1 Microfluidized bed design and fabrication

The use of additive manufacturing (also referred to as 3Dmyitéchnique) has been widely

used for the fabrication of microfluidic devic®, 238] In this project,ie 3D models of the
miniaturized fluidized bed&erecreated with the assist of CAD software (i.e., SketchUp). To

minimise thevisualization issuesesulted from light refretion, the internal bed chamber is
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cuboid shape instead of circular creextion. In this project, fluidized beds with different
dimensions of the crossectional area have been studied, shimwfig. 3.1. On the one hand,

the fluidized bed must be small enough to save the material as well as the time for fabrication.
On the other hand, the tingt would fail to fluidize the particles due to big wall effect. Thus,

the determination ofinal bed cross section area after many fluidization tests using fluidized
beds with different dimensions necessaryto balance the wall effect and the requiretradn

less resin. The bed height is limited to 15 cm because the building volume of Form2 printer is
145x 145 x 165mm. However, the final height of fluidic devices can be extended by printing
several parts and connecting them togethbe entire fluidized bedwasdivided into upper

part and lower parfThe upper chamber is used for cell cultivation while the lower part is
equipped with air and liquid inleto provide oxygen and liquid broth for cell cultivation. Three
types of distributorsnamelybarshape distributorperforated platedistributor and mesh
particlesdistributor (discussed in Chapter fere designed withthe aim to disruptthe big
bubbles whetheair flows through the fine tubes. At the tapea of the columrthegas/liquid

outlet isfitted with a mesh filter of 0.7 mm in gap size to remove liquid/gas and facitditk

retention

(c)

L1

Ll o N i

Fig. 3.1. Images of cross section of fluidized bed with different dimensi@)<.5 mm x 20 mi(b)10 mm x 10 mm(c)15
mm x 15 mm.
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After the design aofhefluidized bed models, the SketchUp files of fluidized bedese exported

and converted into STL files whiakereread and prerocessed by the Form 2 SLA printer.

The printing process and pogtrinting processs (postwashing and podteating) was
illustrated inFig. 3.2aandFig. 3.2b & c, respectivelyDuring the printing procesthe Form2

used a 405 nm UV laser (140 Im spot size, 250 mW) to cure a translucent methyl acrylate based
proprietary resin (FLGPCLO02) comprising methyl acrylate monomér 7556 w/w), methyl
acrylate oligomers (3%10% w/w) and photoinitiator additives ({116% w/w). Construction of

each layer involved the laser scanning quickly through the resin tank according to the shape
defined by the corresponding slice through the geometry, followed by the build platform being
raised by the usespecified Zaxis resolutio. The Form2 delivers a maximum XY (horizontal)
resolution of 140 Im and-2xis (vertical) resolutions of 2800 Im; though 100 Im produced

the best surfacguality of the designs.

Fig. 3.2. Fluidized bed pnting and posprinting process(a) the fluid bed is printing by the Form 2 SLA printép) post
washing process is to clean the surface of printed,{ajtpostcuring process is used to strengthen the inner bonds of the
parts.

Afterwards, a posprinting process including pestashing and posturingwas to clean the
surface of the printegarts and improve the material properties. In the poashing pocess,

the printed panvas firstly moved from 3D printer then placed in a basket filled with isopropyl
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alcohol (IPA) inside the Form Wash machine. The washing magraseised to agitate the
IPA to flow around the parts, aiming to clean the part surféioally, the posturing process
involved a heater and 13 LEDs to emit 405 light, which enhanckthe formation of

additional bonds inside the parts, making the part stronger and [@88r

3.2.2 Image capture and processing

To measure the lbbles movement and particles fluidization performance in the micro
fluidized bed, the higispeed camera (acA64®0uc- Basler ace camera with 12 mm, /1.8 Ci
Series Fixed Focal Length Lens) combined with the Pylon Viewer were used, which access all
the canera's parameters and control the camera's full functionality for desired image sequences,
followed by the image analysis using Fiji Imagél&anwhile, a backlighting system was used

to improve the image analysiSor the bubble sizand velocitycharacterizationthe specific
procedures were described in Section 3.2.3.1 ligaskolid fluidization, as shown below.

3.2.3 Hydrodynamics investigation of the midhaidized bed

In this section, the hydrodynamic investigatiorMfB was conducted on the bubble column

and liquidgassolid fluidization. The liquidgas systemwas intendedto study bubbles
morphology and movemendsising fromthe effects of liquid velocity, gas velocity, gas orifice
diameter. The liquighassolid fluidization was aimed to(1). explore the existence of surface
force and wall effects im smallscale fluidized bed(2). characterize the pellets suspension

and recirculation driven by liquid and/or gas flows.

The schematic diagram of the experimental setupbtdsble columné& liquid-gassolid
fluidization isshown in Fig. 3.3. Forthe bubble column experimenthe study was focused on
thebubblsb mor phol ogy and movement by gas fl ows
liquid-solid/liquid-solid-gas fluidization systemthe fungal celliNidula niveetomentosavere
transferred from culture flask and then intated into the fluidized bed, followed by the step

involving the pumping ofiquid (ultrapure water or culture media) into the bioreactor by a
54



peristatic pump (Watson Marlow 530U, UE)rst, the compressed air féihe gas phase was
firstly regulated by he pressure regulator (R@DO-RNEG, IMI Norgren, UK) and then
adjusted to the desired flowrates using the gas rotamet&§82G, Omega Engineering, UK).
Images of pellets fluidization was recorded using a Basler ac&A6@0c camera (751 fps,
VGA) combired with a fixed focal length Lens (12 mm/F1.8 Lens, Edmund Optics Inc. USA),

and was monitored using the Pylon Viewer software fotioe analysis.

Liquid outlet
| -

CCCD camera

Fungal

I ] H H Image

pellets processing
= PC

: | |

Peristaltic pump

{ Gas inlet

Liquid reservoir
%1 Gas rotameter

Pressure |- =
regulator

Air
compressor

Fig. 3.3. Schematic diagram of the experimental setup for fugal pellets fluidization.
3.2.3.1 Liquidgassolid fluidization

For aerobic fermentation, the bubblesre generated when filtered awvas pumped into
bioreactors. The bubble flowas intendedio provide aygenand toenhance the mass transfer
and mixing efficiency, as the bubblesutd separate the agglomerated caltsldetach the cells
from bed walls. However, the burstinfithebubbles as well as bubbleslls disengagement
at the liquid surfaces haveeen reported to cause cell damage/dgg8h190] Thereforejn
this sectiorthe liquid-gas fluidizatiorwasfocused on bubbles dynamids,gaininsights for
controlling thebubbles control ithe later part of the PhD worki@aerobic fungal fermentation.

Bubble size

55



The bubble size measuremevdas conductednimages ofthe bubbles captured hige high
speed camera. In the calculatiortlod average bubble diameter, the volumaface equation
was applied to give more weightsthe larger bubbles in the multubble flows. TheSauter

mean diametegquation is given as:

Q - (3.1)

wheredi is the diameter of every single bubb]a3].

Bubble velocity

The bubbles rising paths resembled an upward spiral path, contrary to our expectation of a

straight path. Therefore, the bubble velocities in the experiments refenertical velocites.

To characterize h bubbl e velocity, the function 0 M:
operational principle for bubble velocity me
direction (from bed bottle to the top Iiquid

Here, the Ydisplacement is the height of fluidized bed, while the time can be obtained based
on the number of frames for bubble to move fromdmtto top, as the higkpeed camera
takes images at the speed of 10 ms/frame (B&).F

Gas voluméraction

The gas volume fractio¥t is a dimensionless quantity which is defined as the ratioeafas
volume to the volume dhe column[240]. The measurement &% is an effective method to
predict the gas supply in reactdm. principle, the bubble size and velocity vary with did
velocity, gas velocity and gas sparger diameded, consequently, this coutdsult inthe
variation of¥s. Here, the intent wa® investigate gas volume fraction under the parameters of
gas/liquid velocity, gas orifice diameters. Gas volume facts was calculatedusingthe

equation below:
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- = (3.2)

WhereWs is the volume of each bubbl¥; is the volume obed columnThe sum of bubble
volume was obtained by timing the total numbers of bubble in the column with the average
bubble volume, as the average bubble size has been calculated already. The column volume
hada fixed value of 33.75 ml because the bed be® a arss section 015 x 15mm anda

height of150 mm.

3.2.3.2 Liquidsolid fluidization

This part repord a fluidization study offungal pellets inthe MFB was conductedlo
investigate he hydrodynamic properties of fungal pellets ilgaid-solid and a liquiesolid-

gas fluidized bedthe fungus species used in this work was Nidnigeotomentosa
(Basidiomycota)which was supplied bBerger et alat theUniversity of Hannovefl4]. The
composition of the culture media is shownable3.1. To grow the seed culture, an agduig

from the periphery of a-@eekold agar plate (consist of 20 ghalt extract and 15/gagarose)
culture of the fungus was homogenized in a-tf@Erlenmeyer flask containing 40 ml of
culture media. The cells could grow in a MaxQTM incubator (ThermoFisher Scientific, USA)

with a rotational speed of 150 rpm at 24 °C for 4 weeks

Table 3.1 Base culture media formulation for fungal cultivation

Components in media Concentration Units
Glucose monohydrate 75 g/L
Peptone from soy 6 g/L
Potassium dihydrogen phosphate 2.5 g/L
magnesium sulphate 0.5 g/L
Yeast extract 15 g/L
Calcium chloride dihydrate 73.5 mg/L
Ultrapure water FiluptolL

The pellets were subsequently transferred from the flaskhefoetri dishes for photographic
image acquisitionwith the use o Scan 1200 (Interscience, France) colony co(rter3.4a).

Pellet size and sphericity was measured for these images ustAgétgze Particle®$function
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[241]. An example of the resulting pellet size distribution is showsidn3.4b. Pellet density

was determined by dividing the weight of hydrated pellets by the corresponding volume. Pellet
wet weight was determined by filtering the contents of the fllaskugh a preveighed filter

paper with a Buchner funnel. The volume of pellets was determined by measuring the
volumetric displacement of ultrapure water in a measuring cylintr Ultrapure water and
culture medium (components listedlinble3.1) were used as the liquid phasespectively,

to characterize the effects of liquid properties {iigcosity and density) on pellet fluidization.
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Fig. 3.4. (a) Image of fungal pellets afterddeek flask culture in 90 mm petri digb) Corresponding size distribution obtained
from 600 pellesamples.

3.3 Fungal fermentation

Fungal pellets are spherical, ellipsoidal or oval masses of intertwined hyphae with a size usually
in the range of several hundred micrometres to several millim@ods 242] Most fungal

pellets contain a core of densely packed hyphae, surrounded to a large extent by a more annular
dispersed oéhairybregion that contains the radially growing portion of the hyjB@é]. The
spherical shape and millimetseale size enable the immobilized fungal pellets to be cultured
usingafluidized bed bioreactor. In this project, the specific fungNafula niveo-tomentosa

was initially cultivated usinga traditional flask culture in a Max® 6000 incubator

(Ther moFi sher Scientific, USA) with the spee
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and optimize the cultivation media (i.e., glucose concentratia@mysalanine supply) as well

as the cultivation conditions such as photo period time, age-cufitge, for a high raspberry
compounds production. The study of cultivation growth media and cultivation conditions was
intended to behe preliminary experinmgs for the subsequent fungal fermentation using
different bioreactors.

3.3.1 Microorganisms

TheNidula niveatomentosastrain (CBS strain 380.80) wasovided courtesy ahe group of
Berger et al[14]. For longterm stoage and preservationulture stocks of thetrainswere

kept at-70 °C with 15% (V/V) glycerolSeed culture was prepared by thawing 1 ml aliquot of
frozen stock culture (0.5 ml strains and 0.5 ml of 30% glycerol) and inoculating it into 40 ml
of culturemedium.

3.3.2 Strain and Chemicals

The substrates for culture media were purchased from Siddmech (Singapore), Merck
(Darmstadt, Germany), Kento (Tokyo, Japan)BESE (Gemini, Singapore) and BD (Miami,
USA). The constituents of standard liquids IKIPLC calibration, including raspberry ketone,
rhododendrol and.-phenylalaninewere supplied by Sigmaldrich (Shanghai, China).
Solvents were purchased from VWR (Paris, France) arBlAISE (Gemini, Singapore).

3.3.3 Cultivation mediurpreparation and characterization

The original culture medium was prepared based on the method reporedit@as Boker,
Manuela Fischer [3]Specifically, he culture medium contained 79 glucose monohydrate,

6 gl soy peptone, 1.5 gyeast extract, 2.5 gKH2SQ4, 0.5 gl MgSQs, 73.5 mgl CaCbA bO.

The seed culture was grown aerobically in 100 ml Erlenmeyer flask and ket Max@"

6000 incubator (ThermoFisher Scientific, USA) with the speed of 150atp?d °C. The
cultivation period of seed culture was 14 days for fungi proliferation and pelletization, after
which the content of seed culture was homogenized at the speed of 10,000 rpm for 1 minute
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by the homogenizer device (T18 digital ULTRAJRRAX®, IKA, Germary). The
homogenized seed culture was then used for fungal inoculum. To prevent contamination, all
the flasks and culture medigere autoclaved at 121 °C for 12 min before moving into

biosafety cabinet (BSGpr further experiments

To stimulatehe RK production, 10%v/v) of the filtered sterilizatiophenylalaning110 mM)

was added into fungi culture mediuAt.the same timghe cultures were irradiatedingUV-

A light with a photoperiod 010 hours UV light and 14 hours dark. The blacklight UVetsb
(F4T5BLB 352 mm x 6, SANKYO DENKI, Japan) were mounted the top face ofthe
incubator, oon aUV erclosure for bioreactors.

3.3.3.1 Density characterization

From the previous investigation, the pellets settled onto the bottom of flask duringuftasé,c
because the pellets were denser than the cultivation media. The pellets were ideal for
fluidization by upward liquid/gas flow (s) in fluidized bed reactors. However, the exact density
value of the cultivation media remains unknown. Thus, expersnemtre performed to

measure the density of media by maskime method.

Fig. 3.5. Density measurement for cultivation medg) preparation of the clean and autoclaved volumetric figgkveighing
of the empty flask(c) filling cultivation medium to the scale line and weighting the weight again.
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As illustrated inFig. 3.5, to measure the density of cultivation media, a clean and dry
volumetric flask (NS 14/23, 100+ ml, SG lab, Singapore) was firstly weighed usiagdasd
precision balancéBOECO BPS 40, Geramy) with thelinearity errorof £ 0.0(g to get the

weight of the empty volumetric flask, MThen the volumetric flask was filled with newly
prepared and autoclaved cultivation media to the scale line (wieetewest part of concave

liquid level was alignedwith the scale lingand the flask was weighed (weight of the flask,

M2. Note, the above procedures were repeated at least three times, to minimize the

experimental errors. The density of the cultivatinedia was calculated using:

” - (3.3)

3.3.3.2 Liquid viscosity characterization

Another key factor which could affect the particle fluidization performance is the liquid
viscosity, which is related to the viscos stress in the deformation of the fluid. Therefore, the
characterization of the viscosity of the cultivation mediumnigffective way for fluidization
analysis. In this experiment, the viscosity of the culture medium was measured using a digital

viscometer (VISCO-895, ATAGO, Japan).

The first step involved the viscometer calibration using a refined mineral oil (standadd liqu

for calibrating viscometers, Nippon Grease Co., Ltd., Japan). The viscometer was set up
according to the manual. Then the associated Al spindle was screwed and immerged in the L
Beaker with 100 mL calibration liquid insidgi(). 3.6). The rotating speed of Al spindle was

set 250 rpm at room temperature (~22 °C), keyed in the corresponding viscosity value on the
top screen of the viscometer after checking the viscositypatation table provided by the

liquid calibration company. Finally, the calibrated value was recorded. For the viscosity
measurement of the cultivation medium, the Al spindle was used at the same condition (250

rpm, 22 °C) while L beaker was filled with @@nl medium. The measurement button (on the
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screen panel of the viscometer) was activated to determine the viscosity value for culture
medium. The measurements were repeated three times to account for repeatability and to

estimate of experimental errors.

Fig. 3.6. Viscosity measurement for cultivation mediuga) image of the VISC®'-895 digital viscometer(b) Al spindle
with 100 ml calibrating liquid inside the L beaker for viscosity calibratfopdigital screen on the top of viscometer shows
the process of liquid viscosity measurement.

3.3.4 Preparation of seed culture and flask culture

The seed culter (also calledpre-cultured was usually carried out in the cell cultivation or
fungal fermentation to allow the cells recover from petri dish and proliferate exponentially
[243]. Besides, thereparatiorof seed culture ensuidhatthe inoculantouldgrow healthily

replicate wellanddecrease the variation of initial seeding density.

The fungal strains were initially maintained in petri dishes of the incubator with rotating speed
of 150 rpm and temperatiof 24 °C. To prevent contamination, all the procedures of seed
culture preparation were performedBSC. To begin with, 40 ml of fresh cultivation media
was aliquoted into a 100 ml flask and capped immediately with white cork. Then, a sterilized

strawwas used to pick a 1 cm difilom the culture agar (consist of 20 gialt extract and 15
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g/L agar powders) platand then transferradto the media flasky an autoclaved sticlote,

the diskwas takerfrom edge where it is growing to maintain the bioactivity of strains. Finally,
the homogenizer device (T18 digital ULTRPRURRAX®, IKA, Germany)was used to
homogenize the content of the flask at the speed of 10,000 rpm for 1 minute. Thaxeell

preculure was stored in incubator (150 rpm and 24 °C) fae2k cultivation.

The inoculum for flask culture came from the seed culture which had been prepared 2 weeks
in advance. To get the inoculum, the seed culture was homogenized by the homogenizer device
(T18 digital ULTRATURRAX®, IKA, Germany) at the speed of 10,000 rpm for 3 minutes,
making pelleted fungus broken into free mycelia. Afterwards, 40 ml of fresh cultivation media
and 4 ml 100 mM sterilized phenylalanine were subsequently aliquoted intavd fl@sk and
capped immediately with white cork. Finally, 4 ml of the homogenized seed culture was added
into the flask. The prepared flask culture was then moved into incubator (150 rpmsand 24

for 5-week cultivation.

3.3.5 Investigation of fungal petke

Pel | et §sphercigyand sizie gréhree most significantpactors which determine the
pellets fluidization according to the Ergun equatif®y]. Since fungal fermentation in this
study is conducted by the means of pellets fluidizatien, d e t 6, spheati@tyarsd isizewill

directly affect fludization performanceluring fermentation and subsequent bioproduction.
Therefore, the investigations of pellet size and density are essential for the optimization of the
operating conditions in fluidized bed bioreactor.

3.3.5.1 Pellets size characterinat

In this study, the pellet size was measured once a week alongviekdlask cultivation, to

get the pellet size weekly distribution. Specificallye lasks were firstly taken out from the
incubator Fig. 3.7a). The pelletsnedia mixture wasransferred from the flask culture into

emptypetri dishegFig. 3.7b) for imagingusing Scan 1200 (Interscience, Frante}:ig. 3.7c,
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the photograph of thegdletsin petri dishes were then processed using ImageJ to distinguish
each pellet from the imag@41]. Finally, the pellet size was automatically measured and
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Fig. 3.7. Procedures for pellet size characterizati@) take the flask culture from incubatdb) transfer the pelletmedia
mixture from flask into petri dish for photograph using Scan 2@60use ImageJ to process the photograph for size
measuremenfc)us e t he function of Analyse Particles to get the res

3.3.5.2 Pellets sphericity characterization

Pellet sphericity, regarded as part of pellet morphology, was associated with supply of nutrients,
specially oygen, and the ease of mixing of the brf#285]. Pellet sphricity is dependent on

the fermentation conditions, such as agitation speed in stirred tank reactor, the gas flowrate and
bubbles size in photo bioreactor and fluidized bed. In turn, knowing the pellet sphericity helps
to reflect the effect of operatingeditions of the ongoing fermenters, detailed discussions were

given inChapter 4.

The pellet sphericity characterization was also conducted using ImageJ. After an image of the
pellets in petri dish was taken, the image was processed by ImageJ to dibtemgeh pellet.
Next, the pellet sphericity was determined using the Shape Descriptors function under Set

Measurementi244].

64



3.3.5.3 Density measurement

Pellet density was determined by dividiting pellet wet weighby its correspoding volume.
Specifically, the fungal pellets were harvested from flask and then filtered using the Buchner
funnel to remove the bulk of liquid. The pellets volume was determined by measuring the

volumetric displacement of ultrapure water due to the gelle{ sV ) .

3.3.6 Cultivation parameters for flask culture
3.3.6.1 Preservation and storage of fungi strains (agar plate VS freezer stock)

The fungal strains were initial kept in agar plate (consist of 20 g/L malt extract and 15 g/L agar
powders) from generian I, which was maintained by serial subculturey(3.8a). To prepare

the seed culture from agar plate, 1cm plug of agar was isolated frexig@éwhere the culture

was growing) to maintain the bioactivity of strains, then put into the flask containing 40 ml of
fresh medium. Afterwards, the content of the flask was homogenized at the speed of 10,000
rpm for 1 minute. The welnixed preculture &s stored in the incubator (150 rpm and 24 °C)

for cultivation over 2 weeks. Seed culture from freezer stock £.8b) was made by thawing

one freezerstock of strains (0.5 ml strains and 0.5 ml of 30% autoclaved glycerol) and
inoculating it into 40 ml of culture mediuriig. 3.8c presented the sampletflask cultures

which were prepared from either agar plate or freezer stick and cultivated in the incubator.
3.3.6.2 Fungal morphology (pellets VS mycelia)

In submerged cultivation, seed culturé\afiula niveetomentosastrains will grow in the form

of pellets and produce raspberry ketone, but whether the pellets or free mycelia has a higher
bioproductivity is stillnot clear To compare the effect of fungal morphology on RK production,
the free mycelia of fungi was obited byhomogenizing the flask content after two and three
weeks of flask culture, respectively. The fungal growth and corresponding RK production were

compared with those without homogenization during fermentation.
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(a)

(d) Spent medium
Freezer stocks
Flask culture with 40% inoculum
* 4 ml Preculture
> * 40 ml fresh media
* 4 ml phenylalanine solution

Seed culture

2-week Incubator Collect three-quarter volume
cultivation of supernatant from each flask

—_ =————1
— Move the remaining

fungal cultures together Homogenize at Flask culture with 20% inoculum

10 k rpm * 2 ml Preculture
+ 2 ml spent medium
* 40 ml fresh media
e aml phenylalanine solution

40 ml of
fresh media
40% seed culture Flask culture with 10% inoculum
* 1ml Preculture
* 3 ml Spent medium
* 40 ml fresh media
* + 4ml phenylalanine solution

Fig. 3.8. (a) Agar plate for fungal strains storagb) Samples of freezer stocks kept-#D °C fridge (c) Images of well
prepared flask culturéd) Schematic shows the procedure to prepare flask culture with inoculum concentration of 10%, 20%
and 40%, respectively.

3.3.6.3 Cultivation parameters

Apart from the comparisons of fungi storage methods (agar plate VS freezer stock) and fungal
morpholoy (pellets VS mycelia), this project also investigated the cultivation parameters at
different levels, as listed iffable 3.2. Among the parameters, glucose is a fundamental
substrate which not only provides carbon source but also promotes pellet fof2@dioSeed
culture ageand concentration determine the bioactivity and initial biomass of fungi cell,
respectively. A detailed procedure to prepare seed culture with different concentration is
illustrated inFig. 3.8d. In addition, phenylalanine (used as the precursor) and tAdiation,
reported to promote RK producti¢h3, 14] were investigated in this experiment. The goal of
the parameter design is to identify the ideal levelaaheparameter, leading to the highest RK
production.

3.3.7 Liquid sampling

The liquid sampling is aimed @nalyse the fungal fermentation performance, which can be

determined by the consumption of glucose and phenylalanine, production of raspberry ketone
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and raspberry alcohol, and the PH variation of media during the fermenthatidhe
experiments, thdiquid samplings were conducted twice a week fewedek cultivation.
Particularly,the concentrations of phenylalanine, raspberry ketone, raspberry blwehe
measured by igh performancdiquid chromatography (HPLC)Glucose concentration was
measured through Y®3iochemistry AnalyzerThe pH of the liquid samples was detected by

pH meter.

Table. 3.2 Cultivation parameters and their corresponding levels.

Parameters Level
1 2 3 4
A: Glucose concentration (g/l) 25 50 75 100
B: Preculture age (week) 1 2 3 -
C: Inoculum concentration (v/v) 10% 20% 40% -

D: UV exposure time (hour per day) 0 10 17 24
E: Phenylalanine concentration(g/l) 05 15 25 -

3.3.7.1 HPLC analysis

The concentration of phenylalanine, RA and RK were measured by HEA8D (nfinity I,

Agilent Technologies, USA). The configuration of HPiLshown inFig. 3.9a. To perform

the HPLC analysis, the procedures of liquid samptireparation, HPLC standard liquid and
column preparation were needed. The specific HPLC procedures and methods are described

below:

Liquid sampling preparation

The liquid samples preparations prior to HPLC measurement involved six steps:

(1). Three 10 ml lastic microcentrifuge tubes (for triplicates) were labelled RK12RKd

RK3, respectively.
(2). The fermentation media was transferred from 3 flasks into the plastic tubes, respectively.

(3). The media in the plastic tubes were subjected to centrifaiB§00 RPM for 5 minutes

using Eppendorf Centrifuge (Eppendorf 5810, Germany).
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(4). The supernatant from each centrifuge tubes were transferred into different syringe. The
supernatants were filtered using 45 fiter (UNIFLO 25/0, 45 NYL, Whatman, UKand the

liquid was dispensed into HPLC glass vials (50824, Agilent Technologies, USA).

(5). TheHPLC glass vials were labelled with the usdhaf green stickers anapt in-20 C°

fridge (Fig. 3.9b).

(6). Thaw the samples before analysis

Fig. 3.9. (a) Configuration of the 1260 Infinity Il HPLQb) Liquid samples are kept in HPLC glass vials2@°C for long
term storagg(c) Image of ZORBAX Eclipse Plus C18 HPLC column for raspberry compounds detection.

HPLC procedures

There are two steps for HE measurements as given by following bullet points:

(1). Standard liquid preparatioeigh 0.025g of Raspberry Alcohol, Raspberry ketone and
Phenylalanine Standard into a @& volumetric flask and dilute to mark with water to give a

1 g/l stock and filter through 0.46m filter (Solution A) Dilute Solution A with media to
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further give concentrations of 0.8, 0.6, 0.4, 0.2,dllland 50, 25, 12.5, 6.25, 3.125 and 1.56
mg/ solutions.The standard liquids were required to be filteredrpiaoinjection for HPLC

analysis and calibration.

(2). HPLC methods: Mobile phase A was the 0.1 M sodium acetate buffer whose pH was 4.66
adjusted by acetic acid, while mobile phase B was the pure methanol. The HPLC column
(ZORBAX Eclipse Plus C18Agilent Technologies, USA shown inFig. 3.9¢c, was used at

35°C with flow rateof 0.5ml/min. Before the HPLC analysis, the column was eluted with 90%
water and 10% methanol for 30 min and then flushed with 20% water and 80% methanol for
another 30 minutes. Of each sample, 20 pl was injected for characterization with 9 minutes of
HPLC running tine. The wavelengths detected for phenylalanine is 257 nm; for raspberry
ketone and alcohol, it is 280 nm. The details for the HPLC process are found in the manual of
Agilent 1260 infinity quaternary L{245].

3.3.7.2 Glucose measurement using YSI apparatus

The gluose concentration in media during the fungal fermentation were measured by YSI
2900 inFig. 3.10a, which can reflect the glucose consumption by comparing the initial and
reattime glucose concentrations at different fermentation periedh@& maximum glucose
concentration of 25 g/l careldetected in YSI 2900, all the liquid samples were diluted with
ultrapure water for 10 times (10% liquid samples + 90% ultrapure water) before glucose
concentration measurements. It was noted that the measured glucose concentration in YSI was
not the actal value of the samples, which were ten times bigger than the values displayed on

YSI screen.
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Fig. 3.10. (a) Configuration of the YSI 2900 Biochemistry Analysé€by 96-well sample pate for loading samplés) The
analysed results can be checked and displayed on the screen.

The liquid samples were diluted by ultrapure water first and then dispensedviell9Bate
(CELLSTAR, Greiner BieOne 655180Austria), which was inserted on the flexible sampling
plate (ig. 3.10b). Before the YSI analysis, the [Flush] button under Module 1 was pressed to
wash the selected sample module with YSI 2357 buffer, until the current values of Biosensor
probes were below 6 nAnd stable. Then, the [Calibrate] button was selected for liquid
calibration by using YSI 2776 standard@ucose (2.50 g/l). Finally, a [batch] was created,
[glucose] was selected from Chemistries and the Run icon was pressed to start the glucose
concentation measurement. The glucose concentration of the samples could be checked by
touching the Results tab, as showri-in. 3.10c. The details for YSI ogration are referred to

the manual ol SI 2900 Series Biochemistry Analys¢?gl6].

3.3.7.3 PH detection

The pH of liquid samples was measured twice a week, along with the liquid sampling for
raspberry ketone and alcohol preparation. Ingkperiment, the pH was simply detected using

pH meter § e v e n C o mRhAon mdker S220, METTLER TOLEDO, UShe details for

pH measurement are found in the manuagdtdfion meter S22(R47].
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3.3.8 Experimental setup

Three benctscale bioreactorsnamelystirredtank bioreactor, photobioreactor and fluidized
bed bioreactor used for the fungal fermentation and raspberry ketone produsteibeen
studied The contrbstudyin terms of fermentatiowas thelask culture irashaking incubator.
3.3.8.1 Flask culture

The fungiculturemedium, canprising a40 ml fresh medium (121 °C autoclave for 20 min), 4

ml (110 mM) phenylalanine (filter sterilization) and 4 ml of homogenized seed culture, was
inoculated into a 100 ml Erlenmeyer flask. The flasks culture was then cultivated in a MaxQTM
incubator (ThermoFisher Scientific, USA) with a rotational speed of 150 rpm ‘@ #a 5
weeks.On the top of incubator, the UX light with photoperiod of 10 h per day was applied.
3.3.8.2 Stirregtank reacto(STR)

The labscale stirred tank reactor (Sartorius stedim, Germany) of 1 L capacity with the
instrumentation necessary fdidula niveetomentosdermentation was useth the reactor,

750 ml of culture medium was operated under batch conditions at room temperature. The
agitation speed and aeration flowrate were maintained at 300 rpm and 0.15 VVM, respectively
The pH of the bioreactor was not controlled but monitored by the inlinensySimilar to flask
culture, the STR was also irradiated by the sameAUNght for 10 hours daily during the

fermentation period.
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Fig. 3.11 Schematic diagram of thexperimentaketup (a) panel bioreactor (PBR)) fluidized bed reactor (FBR).
3.3.8.3 Rnelbioreactor(PBR)

Fungal fermentation using photobioreactor was carried out in an FMT 150/4faikait
bioreactor (PSI Photon system Instruments, Drasov, Czech Republic), in which 400 ml of fungi
culture medium was cultivated, relying on the aeration system to providegnard air.In

Fig.3.11a, the air sourceas firstly generated by the aeration pump (OTTGZ580, Taiwan),
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maintained at a fixed gas flowrate of 0.15 v.v.m by a gas flowmeter (Dwyer Instruments, USA)
and filtered using a 0.20 um PTFE syringe filter (Sartorius, Singapore) before the air entered
the humidifier bottle, which contained the autoclaved ultrapure water to prevents medium
evaporation. Afterwards, tHeumidified airwas delivered byubing (& 6/3 mm) through two
headplateLuer connectordo reach a bottormountedstainlesssteel Utube spargerwith
aeration holes (@ 1 mmi)o facilitate mixing as an optiona magnetic stirrewith 35 mm long

(@ 6 mm) teflorcoated magnetic controlled by the compidentrolled monitoring deviceas

usedto promote mixing and minimize dead zone. Finallgas exhausted bottle was integrated
with gas filter to prevent environmental contamination before the exhaust of bubbles.

3.3.8.4 Fluidized bed reactor (FBR)

The schematic diagram of the experimental setup for Hgaidi & liquid-gassolid
fluidization system (1 L of effective volume$ shown in Fig. 3.11b. The labscalefluidized

bed reactor comprised two sectoa)alower section incluhg liquid inlets on two sides, four
bottommountedgas spargers (@ 150 um x 4) from bottom amdain column (5 x 5 cm in

cross section, 20 cm in height);dn)upperheadplat€5 x 5 cm in cross section, 5 cm in height)
containng the gas/liquid outlet. The two sections were made-ofn3 thick quartz phes
(Qudao Quartz Ltd., China), and connected via flat flange plates. Each plate featured a circular
groove fitted with an @ing rubber gasket (to prevent liquid/gas leakage). Between the two
flange plates, a stainlesteel mesh screen with the apertofd0 um was inserted to prevent

the pellet washout but discharge the medium during the pellet fluidization.

The seedculture of Nidula niveetomentosawere transferred from culture flask and then
inoculated in the fluidized bed, followed by the step thatium culture was pumped into the
bioreactor by a peristatic pump (Watson Marlow 530U, US). The compressed air for gas phase
was first regulated by pressure regulator (ROB-RNEG, IMI Norgren, UK) and then

adjusted to the same flowrates of 0.15 v.v.eng the gas rotameter (RR635G, Omega
73



Engineering, UK). To allow gas sparging, four ports of gas inlets on the bottom face were
combined with the tightitting glass capillary tubing (CM Scientific, UK), with an outer and
inner diameter of 3 mm and 15@nirespectively. The capillary tubing was inserted from the
gas outlet on the bottom, connecting to the manifold into the main column through the tight
fitting hole of the ports. Both liquid and gas phasesereturredto the top outlet and fload

back tathe nutrient bottles, so that the liquid phageldbe circulated into the bioreactor while

the gas phase will discharge out of the culture bottle to gas exhaust bottle.

3.4 Conclusions

This chapter has summarized the specific approaches to condexp#renents includigthe
design and fabrication ahicro-fluidized bed design, hydrodynamics investigation of the
multiphase fluidization systems, fungal fermentation steps (i.e., seed culture preparation and
cultivation, fungal cultivation, liquid samplg, etc.).Therefore this chapter provides details

and procedure for fluidization and reactor experiments to enable feasibility studies and

comparison of a novel RK fluidized bed actor
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Chapter 4 Micro -fluidized bed design and hydrodynamics

4.1 Introduction

This chaptepresents the development and study of mittrdized bed systermstaring from

the screening of distributor and gas spargedésigning and improving the micfluidized
bedperformanceAfter determining the optimal distributathe bubbles movement usrdthe
parameters oflas orifice size and liquid/gas flowrate were characterited revealing the
effects of these parameters on bubbles characteristinzgly, the pellets fluidization study in

both liquidsolid and liquidsolid-gas systems were instigated,which gave insights tthe

real pellet expansion, recirculation and agglomeraitiothe MFB This chapter represents
fundamental hydrodynamic study as necessary step for screening and validating the potential

of fluidized bed reactor for futufeingal fermentation and bioproduction.

4.2 Results and discussions
4.2.1 Microfluidized bed design and fabrication

In this section3 different distributotypes were proposed, manufactuaed analysed, for the
purpose of selecting an optimal distributordistribute liquid/gas flow for solidluidization

but alsoto keep the particles above the distributor plate. Afterwards, the gas sparger was
equipped with the selected distributorpgmduce even smaller bubbles insigfethe micre
fluidized bed

4.2.1.1 Bed distributor design and selection

The gas/liquid distributor is an important componerafinidized bed to evenly distribute the
liquid/gas flow across the bed, thus promotgapd mixing and mass transf§248]. In this
project, the distributor is not only used to distribute the liquid/gas flow uniformly, but also to
keep the cell above the distributor to make sure the cells can be fluidized and suspended in the
fluidic chamber. Therefore, the holes among the didtibfor distributing flows must be

smaller than the cells {2 mm at the beginning of cultivation). Inspired by the previous studies
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[23], three different types dfistributor (Barshape distributor, perforated plate distributor and
meshparticles distributor) were designed and their working performances are discussed in the

following subsections.

Fig. 4.1. Images othree different types of distributors: (a) fsdrape distributor, (b) perforated plate distributor, (c) mesh
particles distributor. Simple schematics of distributors are given below the actual images.

Bar-shape distributor

As shown inFig. 4.1a, the baishaped distributor is a platensisting of mallerbarswith a
cross section of inm x 7.5mm which wereuniformly 3D-printedat 1 mm spacing One of

the advantages of the bsinaped distributor is that the big gaps enable the butolijeshrough
immediatelythus decreasing the pressure drop between the two ends of the distBbsitdes,

the 1 mm gaps width of thgas passages will also keep the cells above the distributor for
fluidization.

Perforated plate distributor

A perforated plate type distributFig. 4.1b), made upf uniformly placedl mn? squardubes

on the rectangular plated5 mm x 15 mm in cross section, 2 mm in thicknekapely
decreases the air passages comparing télvarshapé distributor. The minimum size of

each tube iBmited with theresolution of th&D printer and the printing resin being usddre
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based on the Form2 SLA 3D printer and Form2 Clear ResinV4 we are using in the lab, the
minimum size of the tubthatcanbe printedsuccessfully with minimal defects afound 1

mm. Compared with the bashape distributor, this perforated design has a lower open area
which led to higher pressure drop but provides a more uniform distribution.
Meshparticlesdistributor

The meskparticles distributor is a sandwitipe distributor where the glass particles of 250

Am in diameter were filled and compacted between the two -stestts with approximately

40 pm openingsKig. 4.1c). To complete such a unique design, two layers of small channels
around the column are created, then two mesh sheets with the suitable cross section are inserted
into the small channelseparately. Finally, the space between two mesh sheets is filled with
particles. The porous structure of mgsdrticle distributor is regarded as an effective approach

to distributing liquids and gas and preventing the maldistribution of air. Besidesnyhe t

porosity should make the bubbles smaller, t

(b)

Fig. 4.2. Bubble morphologies in different distributo(ga) single bubbles of >5mm in diameter lirmrshape distributor(b)
multiple bubble flows irperforated plate distributo(¢) single bubble flow goes through the left side of the masitticles
distributor.
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Evaluation of different distributors

In this project, we tested thredifferent types of distributors that includlbarshaped
distributor,perforated plate distributpand mestparticles distributorKig. 4.2). Although he
barshaped distributor with big gaps enabled the bubbles to go through immediately, the big
space among the distributor expectedly led to the big bubbles as bubble size is directly related
to the size of gas sparger (the gaps between bars acts asagger $p this bashaped
distributor). As shown irrig. 4.2a, after passing through the distributor, bubbles tend to grow
up because of liquid pressurgscosity and bubble surface tension, resulting in the bubbles
size up to 4 mm in diameter. Furthermore, the big bubbles will coalesce and interact with
each other and easily rupture, likely causing cell damage and dedathy. ¥2b, multiple

bubble flows with smaller bubbles size (3 mm in diameter) are observed when the flow rate of
air and liquid is 0.5 mm/min and 1 mm/min, respectively. In this project, smaller bubbles mean
a uniform bubbles flow and high liguglas mixing, whichshould be helpful to enhance the
liquid-solid and gas mixing property when the cells (regarded as particles) are cultured in this
fluidized bed bioreactor. 1/ig. 4.2¢c, the bubbles are easier to go out of the distributor from
the side of the mesh sheets, which means the maldistribution of design inherent to the
manufacturing process. As the mesh sheet was manually fitted with a custom locking pin, it is
very difficult to seal the space between the mesh sheets and the locking pin without disturbing
particle packing. Another drawback of this design is the manually inserted mesh sheets and
filled particles are unrepeatable and difficult to promise the qualitd high standards,

especially if some scalgp experiments are required in future.

To summarize, different types of distributors including$l@aped distributor, perforated plate
distributor and mesparticles distributors have been tried and testeamgared with bar
shaped distributor and megphrticles distributor, the perforated plate distribigp8D printing
provided some promising results e bubbles sizes were too big Thereforefurther studies
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were conducted for gas sparger design to igeowmaller bubbles. However, the results
indicated thaperforated platelesign would provide good liquid distribution and was easy to
3D print so was kept abebase fortheliquid distributor.

4.2.1.2 Hybrid distributor design

Based on theistributor design above, this part is aimed to design a suitable gas dparger
further improvements in resulting bubbles swfich was then combined with tperforated

liquid distributor, thus enabling the -@urrent liquid/gas flow for the gdmuid-solid
fluidization system. Ag is known, a high liquidgas mixing efficiency is significant to enhance

the oxygen dissolution and distribution in the liquid broth, thus ensuring the oxygen content
required bioreactor for raspberry cell cultivatj@49]. Furthermoresmaller bubbles flow will

avoid the strong interaction between gas bubbles and reduce the bubbles coalesce phenomenon,
thus decreasing the cell damage and death from bubbles rupture. To decrease thistagbbles
for the homogeneous flow, the capillarpitog (CM Scientific, UK) was used as the gas orifice

as the bubble size is directly proportional to the orifice [@58]. To study the effects of gas
orifice size on bubbles, the capillary tubsngith different inner diameter(50, 100 and 150

pm) were studied. To save the printing matergadd reduce printing timehe micrefluidized

bed was divided into two parthefluidization column andhedistributor part. The fluidization
column is fixed and adaptable to the lower distributor part, while the distributor part contains

the liquid distributor plate and gas sparger witfiedent gas orifices.

In general, the micrfluidized bed reactor comprised two main sections, namely the lower
(contains liquid/gas inlets and distribution plate) and upper (mainly bed column) sections. The
entire reactor was designed using Google Skép, a 3D CAD modelling software similar to

the approach used by the grd@g]. Fig. 4.3a illustrated the lower section, which comprised

of a square manifold (15 x 15 mm in cross section, 5 mm in height) with an 8 x 8 hole array

(size of hole: 1 x 1 mmsquare pitch with spacing 60.78 mn). The manifold served to
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facilitate pellets suspension in the main column by channelling the liquid flowing from the inlet
though the manifold into the main column. To allow gas sparging, a holdesaged at the
centre ofthedistributor, toaccommodate a tigtiitting glass capillary tubing (CM Scientific,
UK), with the ODof 3 mm andID ranging from 50 t&00 um, respectively. The capillary
tubing was inserted from the gas outlet on the bottom, connecting to the manifold into the main
column through the tigHitting hole (Fig. 4.3b). The upper section featured the main column
for fungal pellet fluidization and a liquid/gas outlettdd with a mesh filter of 0.7 mm in gap
size to remove liquid/gas and facilitate pellet retentiony.(4.3c). The bed column has a
rectangular geomety with a 156mm column height and a 15 x 15 mm square cross section.
The upper section was made of resin, fabricated by usBiy arinter (Form 2 SLA printer,
Formlabs, USA) except for one vertical side, which was covered fmgra gick Perspex sheet

to facilitate visualizatior{23]. The upper and lower sections were connected via flat flange
plates. Each plate featured a circular groove fitted with am@rubber gasket (to prevent

liquid/gas leakage) as well as 4 holes (for bolts).

Gas/Liquid
outlet

Capillary
gas sparger

Liquid inlet

¥ Gas inlet

Fig. 4.3. Models of the fluidized bed: (#)p view of the lower par{b) front view of the lower part showing the
liquid inlet and gas inlet located at the left side and bottom, respecligeAD model of the main colum(d)
image of the assembled 3inted fluidized bed.
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4.2.2 Hydrodynamics investigation of the miniaturized fluidized bed

In this section, the liquigas, liquidsolid and liquidsolid-gas systems were investigated using

the 3Dprinted micrefluidized bed described above. The lingds system without the
involvement of solids was used to explore the bubble properties including bubble size, velocity,
bubble volume fractioninterfacial areaas a function of liquid flowrategas flowrate, gas
orifice size. The study of bubble properties was fundamentally important for the future fungal
fermentation in the fluidized bed reactor, in which the bubbles not only help to suspend the
pellets but also provide oxygen for fungi growilne liquidsolid system was aimed to study
pellet expansion, fluidization which revealed the different hydrodynamics between real fungal
pellets and other solids (glass beads, polymers) used in literature. Thesbfjdigas system
imitated the real fugal cultivation status in the form of pellet fluidization by gas and/or liquid

flows, thus presenting the effect of gas/liquid on fungal morphology.

4.2.2.1 Gadiquid system
Bubble flow regimes

The representative images showing theadual transitions of bubble flow regimesare
presented irrig. 4.4. The differentoperation modg designparameters and working fluids of

the fluidized bed system would determine the gas flow regimes. Among these parameters, the
bubble flowregimes are highly dependes the bedsize, gas sparger size and gas flowrate.

For instance, Li et al33] identified three distinctive flow regimes including the dispersed
bubble flow, the coalesced bubble flow and shey flowin threephase MFB of 0.8 mm ID

with the increase of gas flowrate. The formation of slug flow in their study was naaialio

the narrow column, whose cross section could be fully occupied by the coalesced bubbles to
form the gas slugs. However, no slug flow was observed in our study, because the bed column
size of 15 mm in ouMFB was much larger than the 0.8 mm ID irittdesign. In the relatively

largerdiameter column, Besagni et al[251] classified the bubble flow regimes into
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homogenous bubble regime (includimgonodispersed homogeneowsd polydispersed
homogeneoys transition bubble regime and heterogeneous bubbleneggihich well
described the changes of bubble flows in our experiments. Here, the bubble flow regimes
started from monalispersed homogeneous flow at a low gas flowrate {¢.4a) and turned

into poly-dispersed homogeneous regimeig( 4.4b-d) with increasing gas divrate.
Regardles®f whether it ismono-dispersear poly-dispersed, the homogeneous regime means
thatdiscrete bubbleareuniformly distributedwithout coalescenc@52]. Besides, the bubble
density as well as bubble size in the homogeneous bubble regime increased linearly with gas
flowrate, which is discussed in the following paragraphs. However, the continual increase of
gas flowrate facilitated themergenceof coalescd bubbles, which remained discrete with
uniform bubble size distributior-(0. 4.4e). Thisdiscrete coalescdulibbleflow is regarded as
atransition bubble regimet high gas flowrate, larger bubbles with wider size distribution are
encountered but the distance between individual bubbles decras3id More bubbles
coalesced as they ascended to form the heterogeneous bubble regime, in which the coalesced
bubbleswereinterspersed between the small of#®}], as shown iririg. 4.4f. Apart from the

gas flowrates, the gas orifices sizes can also influence the bubble flow regimes. In general, the
smaller sparger size (i.e., 50 um) needs a lower gas flowrate than 100 and 150 um sparger to
reach the transition point from moilspersed howgeneous flow to potdispersed
homogeneous regime, and coalesced flow, because the single bubble flows were easier to be
split into multi bubbles by the smaller orifice, forming the malspersed homogeneous flow,

further polydispersed homogeneous regiand final coalesced flow.
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(a) (b) (c) (d) (e) (f)

Fig. 4.4. Representative pictures of bubble flow regimes with the increase of gas flowrate but a static liquids fflod00
pum. (a) Qe = 3.7 ml/min (b). Qe = 5.4 ml/min (c). Qe = 9.9 mI/min (d). Qe = 15.5 ml/min (). Qs = 22.9 mi/min (f). Qe =
32.7 ml/min.ds = 15 mm.

Bubblé size

Bubblesize distributions (from dispersed bubble flows to coalesced bubble flows) under the
parameters of gas sparger sizes, gas flowrates and liquid velocities were characterized as given

in Fig. 4.5. Under the studied ranges of gas and liquid flowrdmelsble sizelistributionswere

1.57 23 mm, 187 2.8 mm and &1 3.8 mm when gas orifice was 50, 100 and 160,
respectivelyThe results indicated that sparger size was a predominant factor to detdsmine

as | arger gas orifices allow bigger bubbl esbd
from the gas nozzlg255]. Alternatively, it is noted thatl increased withincreasing gas

flowrate, which was explained ltige hgh gas flowratéor each sparger size, which introduced

more gas in liquid column atcertain time to enhance tfmmation and expansion of bubbles.

In contrastds decreasegwith the increase cfuperficialliquid velocity, as the cecurrent liquid

fl ow accelerated bubbles detachment, t hus
expansion on the orifice face. However, the influence from liquid velocity on bubble size was
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relatively insignificant, which could be reflectém the smalldescent slopeof curves, as

shown inFig. 4.5.
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Therefore, all the operating parameters of gas orifice size, gas flowrate and superficial liquid
velocity can impact bubble size distributions during theligasd bubble column system.
However, this section confirmed thtte bubble size is primarilgnhancedby the orifice
diameterand gas flowratd256], but also revealed that the-carrent liquid flow could
accelerate bubble detachment to inhibit bubble growth, but the effects from liquid flow is
relatively lower.

Bubbles Gelocity

For the range of studied gas and liquid flowrattesyalues of bubble velocity)s varied from

1.46 t01.86 m/s, 1.86 to 2.30 m/s and 1.91 to 2.36 m/s when gas orifice size was 50, 100 and
150 um, respectively~g. 4.6). The increasetubble velocities with increasing gas orifices

size indicated that microhannels of the submerged orifice inhibited the bubble rising
velocities. Thekinetic energy of gas was regarded to be the same at a given gas flowrate, but
the different orifice sizeesulted in the different energy consumption due to pressure drop when
gas pass through the gas sparger tubing of different[22éF The smaller orifice required a
higher pressure drop and consumed more kinetic energy, thus leading to the lower bubbling
velocity. Besides, the bubble velocity was observed to increase with the increase of gas

flowrate, which was consistent with the pisisliteratureq258, 259]

Furthermorejt is obvious that the upward liquid flows can promote bubble rising velocity
because of the eourrent flows. However, this promotion from liquid flow was not drastic
when the bubble regime changed from a homogenous a bubble redietertgeneous bubble

regime at the high gas flowrates, indicating the importance of bubble regime transitions.
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Gas volume fraction

Bubbl es o6 v o¥%isitheaatid of tatal bubbées volume to the bed volume, where the
total bubbles volumes is not only related to therage bubble size but also the number of
bubbles. The characterizationXfunder parameters different gas flowrate, liquid velocity
andgas orifice sizareillustratedin (Fig. 4.7). It is noticed tha¥s increased significantly with
increasing of the gas flowrate, as high gas flowrate meant more gas pumped into the chamber
per unit time to produce more bubbles. HoweWerwas observed to significantly increase
when the high gas flowrate turned the homogenous flow regime into the heterogeneous regime
(e.g.,¥s significantly increased when gas flowrate increased from 9.9 ml/min to AnSmah

Fig. 4.78), where coalesced bubbles largely increased the total bubbles volume. The big error
bars in heterogeneous bubble flow regimes suggested ttereoeé of numbers of dispersed
bubbles. On the other hand, the relativeyitontal curve of ¥; with the increase of liquid
velocity indicated that the ecurrent liquid flow had no impact dys, although its effects on

bubble size and velocity have bemnfirmed.

Finally, at fixed gas and liquid flowrat&/; was observed to increase with increasing gas
sparger size. A larger gas sparger can allow for the growth of bubble size, thus attributing to
the highes. For instance, in the homogeneous flow regimes with 9.9 ml/min of gas flowrate
and no liquid flow,Ys reached 0.20%, 0.31% and 0.33% when gas sparger size was 50, 100
and 150 um, respectively. Besides, the higitefrom the larger gas spargers were also
witnessed in heterogeneous flow regimeyam conditions of 100 and 150 um gas sparger
was 0.53% 0.57% and 0.71 % 0.73% respectively, with the gas flowrdteeping at32.7

ml/min (Fig. 4.7b & c). Therefore, this section has concluded %atvas increased with

increasing the gas flowrate and the gas sparger size, but independent of liquid flows.
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4.2.2.2 Liquidsolid fluidization of pellets

In the liquid-solid microfluidization system, the hydrodynamic characteristics including bed
voidage, minimum fluidization velocity, bed expansion were characterized through the
fluidization of pellets in both ultrapure water and fresh medium. The pelldizétion was
measured from the recorded image series, which were then analysed by the software ImageJ.
Bed voidage determination

A significant parameter that affects the fluidization performance is initial bed voidage

which is typically calculated §589]:

- =p — 4.9

where'O¢ 0, @& and” represent the static bed height, internal bed esestonal area, mass

and density of fungal pellets, respectiv@lizepellet density was measured to be 1.090 + 0.094
g/cn? after 4week flask cultivation. Ulike other rigid particles such as glass beads or polymer
spheres, the submerged cells can absorb liquid to enlarge pellet size and volume, thus altering
bed voidage determination. To characterize the actual bed voidage, the ratio of pellet volume

variation before and after filtration is obtained by:

'Y= (4.2)

whereR s the ratio of pellets volume variation before and after filtrati®nQ andN present

single pellet diameter before and after funnel filtration, and the number of pellets, respectively.
The mean size of pellets washaracterizedo be 1.804 £ 0.548 mm in diameter and pellet
sphericity was determined around 0.818 * 0.188g image analysisafter 4week flask

cultivation. It was observed that the volume of submerged pellets was 1.382 times bigger than

that after filtration. Thesfore, the actual pellets volume in bed should be 1.382and the

newly revised equation was presented below:
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- =p (4.3)

UsingEq. (4.3) to calculate for pellets with varied mass, it was found thatvas 0.634, 0.

618 and 0.577 when the filtered pellet mass used was 0.5 g, 1.0 g and 1.5 g, respectively. This
finding seems to contradict previous studies that the static bed voicgegmdependent of
particle mas$59]. Compression of pellets due to the increased weight of the fuagkéq

column is probably the main reason for this trend as the lowest value for voidage was observed

for the highest mag260].

The static bed voidage wabserved to be higher than the expected value of 0.4 reported in
literature[22, 33, 59] The physical property of biological aggregates which are different from
the rigid particles is the main reason for this difference. Smith[@6dl] reported that the bed
voidage of settled yeast flocs was ab01&7, which is very close to the value of 0.577 here
when 1.5 g of pellet were used. Unlike yeast flocs, the fungal pellets with branched external
hyphae formed a gap between pellets, thus contributing to the larger voidage observed. Another
possible ream for the higher observed voidages could be attributed to theefiedk of the
column, which is inevitable in micrfbuidized beds. For example, Kashani ef262] provided

a curve for voidage as a function of beeparticle size inside square mietbannels albeit

using solid microparticles. For the besparticle ratio of 7.5 used in their study, it could be
estimated that approximately 15% increase in voidage is expected. The percentage increase
observed here was between 1% and 11% for differérdlipellet mass while the maximum
percentage increase from 0.57 to 0.634 was very similar to the prediction rdpogashani

et al.[262], notwithstanding the difference between the systems. Besides, the effects from the
walls indeed are another contributor to the oles@ high values of voidage in our study, which
could be confirmed by the lower density of fungal pellets near the walls of bed column

especially during fluidization=g. 4.8).
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Minimum fluidization velocity

Fig. 4.8 shows the snapshots of the flow regimes whegmol fungal pellets were fluidized in
culture medium. With the increase of superficial liquid velocity, several flow regimes were
observed starting from static bed, to expanded bed, followed by partially fluidized bed and

fully fluidized bed. The descrijns for these four regimes are listed below:

(a) (b) () (d) (e) (f) (g)

Fig. 4.8. Bed expansion withhe increase of liquid velocity in medium culture using 1 g of pellet&Jy(&)0 mm/s; (b)JUL =
1.242 mm/s; (cYL = 2.554 mm/s; (dY. = 3.866 mm/s; (el = 4.522 mm/s; (fUL = 5.718 mm/s; (gY. = 6.982 mm/sds
=15 mm.

9 Static bedThe pellets settled on the bottom of the bed due to gravity. The béilet
packedbed kept unchanged without any bed expansion when there was no liquid flow
(Fig. 4.8a).

1 Expanded bedlhe pellet bed started to expand once liquid flow was supplied from the
bottom of the bed. Bed height increased as the aggregative interaction between pellets
became loose with the increase in liquid upward superfielakity, although majority
of filamentous pellets were still agglomerated together via their hyphiae4 @b-c).

1 Partially fluidized bedPart of the aggregated pellets were dispersed and fluidized along

the column, as the continuously increasing liquid flow disengaged the filamentous links
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betweerpellets. The numbers of dispersed pellets increased with increasing superficial
liquid velocity, while the rest of pellets remained agglomerated and settled on the
bottom of the columnHig. 4.8e-f). Note that, this regime was not observed in
defluidization experiments below.

1 Fully fluidized bedThe whole bed became dispersed, and pellets were freely fluidized

in the chamber, despite a few pellets renmgjreiggregated form during fluidization
(Fig. 4.89).

Classically, a packed bed containing rigid particles (i.e., glass beads) remains static until
distinct expansion when superficial velocity reaches the minimum fluidization velbgity
Therefore, lhe minimum fluidization velocity is obtained by linearljofting the bed expansion

ratio with superficial velocity, or by determining the velocity point that maintains constant
pressure drofb8, 60, 263] However, this linear plot of relative bed height dsirection of
superficial fluid velocity cannot accurately predict thesfdr pellets bed expansion in our
study. The main reason is that the pellet bed expanded gradually rather than remain static until
instant fluidization. ig. 4.8b-d). Similar phenomenon was also reported by Smith et al. who
observed gradual transition from packed bed to fluidized bed with the loose aggregates of flocs
and pellets at $ow liquid fluidization velocities during incipient fluidizatiof261]. In this
experiment, based on the visual observatids, exwas regarded as the liquid velocity which
resulted in the expansion and detachment of the pellets bed from the base, with good overall

fluidization.
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Fig. 4.9. Graph of the ratio of experimentaht)x to theoretical, W » minimum fluidization velocity versus
pellets mass in cultivation medium (squares) and ultrapure water (circles).

The experimental values of minimum fluidization velocitidsy, ex were compared with the
theoretical valuesJnr, th(calculated by Ergun equatiof§4] in Fig. 4.9, which presented a
graph of the ratios of experimental minimum fluidization veloditys, ex to theoretical
minimum fluidization velocityUnr, t versus pellet mass for two different media: cultivation
medium and ultrapure water. It is noted thatWWhe e{Unr, thiS approximately proportional to
pellet mass in both growth medium and ultrapmedium. This could be due to two reasons:
(1) Unr, exincreased with pellet mass, due to an increased fraction of agglomerated pellets,
resulting in higher liquid flowrates required to achieve the complete fluidizatiot)n{2h
decreased with the ingti bed voidage (based on the Ergun equation), which consequently
decreased with the increase of pellet mass (described in Section 3.1.1). In additiawas
obviously larger tharUms, th in culture medium, which is consistent with previous studies
because of the significant wall effect of the miniaturized fluidized bed reftsorl9, 30]

However, thaJms, ex/Umt, thwas less than 1 in ultrapure water when pellet mass was below 1 g,
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which indicates that)mr, th calculated by Ergun equation could not ideally reflect the correct
ratio Umf, e{Umr, th> 1) when pellet mass was low.

Bed expnsion study

In the experiments, the bed expansion ratio at a given superficial liquid velocity was defined
as the ratio of the increase in bed height to the initial bed height, which was calculated by (H
Ho)/Ho. Bed expansion study is typically characed through defluidization in order to avoid
pressure overshoot and hysteresis effg23s 32] The defluidization process of the fungal
pellet bed (from minimum fluidization state to static state) is illustratédjint.10, where the

top of pellets bed was flat and well defined, thus promoting the accuracy for the measurement
for bed height expansion. Although the fluidization and defluidization process induced
different fluidization regimes, thedexvalue of 6.69 £ 0.25nm/s for 1 g pellets in culture
medium,from either fluidization or defluidization experiments were actually very similar with

little deviation.

(a) (b) (c) (d) (e) I (8) (h) (i) (i)

U:=6.490mm/s Ur=5834mm/s U:=5.178mm/s Ur=4.522mm/s Ur=3.866mm/s U/ =3.210mm/s Ui=2.5530mm/s Uc=21.898mm/s U, =1.242mm/s Uc=0mm/s

Fig. 4.10. Snapshots of pellets defluidization of 1 g pellets in cultivation medigm.15 mm.

The plots of pellet bed expansion ratio versus superficial liquid velocity based on the
defluidization process (from the minimum fluidization state to the static packed bed state)

presented iri-ig. 4.11. The expansion curves showed linear behaviour against fluid velocity,
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but there was an apparent change in the gradient at high liquid velocity when pellets mass was
low (Fig. 4.11a & b). InFig. 4.11a, the pellets were still agglomeratedat liquid velocity

which led to a low expansion ratio rate of increase (i.e. expanded bed regime) in solid line A.
Whereas at high liquid flow, a much higher expansion slope of solid line B was observed since
the pellets became less agglomerated beaafube lower interactive forces between pellets,

as shown ir-ig. 4.10b - d. The intercept between solid lines A and B reflected a significant
change in bed expansion rate during defluidization, reflected from the sharp drop in expansion
height illustrated in~ig. 4.10d andFig. 4.10e. This can also be regarded as the point of
transition from an expanded bed regime to aatiglly fluidized bed regime during the
fluidization study in~ig. 4.8c - e. The bed expansion ratio 0.5 g of pellets in ultrapure water
showedsimilar linear trends with a higher transition point between expanded bed regime to

partially fluidized bed regime~(g. 4.11a lines C & D).

Fig. 4.11b preserd the expansion ratio when pellet mass was increased to 1.0 g. The slope
transition with increasing liquid velocity was still apparent in both culture medium and
ultrapure water, whilst the disparity of slope values between solid line A and B or dashed line
C and D decreased compared witly. 4.11a where pellet mass was 0.5 g. It is clear for the
water that this transition velocity decreased from 4.5 mi/2.5 mm/s, but for cultivation
media it occurred in both cases at around 3 mm/s. This could be explained by the different
liquid viscosity between water and culture media, which influenced the bed expansion and
transition of fluidization regime mentione@dbove. However, once pellets mass was increased
to 1.5 g, this slope transition effect was not observed and the whole expansion ratio could be
described by a linear relationshigd. 4.11c). One explanation for this could be the compaction
and interaction of pellets. Lower mass of pellets meant lower height and less compacted

pressure, so that bed height easily expanded with the increase of liquitiveloc
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Fig. 4.11. Bed expansion studies of the fungal pellets in both cultivation medium and ultrapure water: (a) 0.5, gtpellets
1.0 g pellets(c) 1.5 g pellets.
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While the expanded bed was suppressed by compaction pressure of pellets at higher pellet mass,
the slope change was not obvious during liquid velocity increasing. Additionally, the friction
forces between pellets might also contribute to a more linedioredhip betweeriH-Ho)/Ho

versusUL, so that the whole expansion ratio studied here could be fitted by a single linear
regression. In fact, due to the significant expansion in the two bed regimes when 1.5 g of pellets
were usedKig. 4.11c), pellets were observed to elutriate from the column when fluid flowrate

further increased, preventing experiments beyond the minimum fluidizegioaities.

Based on the data ifig. 4.11, the relationship between liquid superficial velocityand bed
voidager was plotted in logog scale as shn in Fig. 4.12. The bed voidage was calculated

from:

- PP (4.4)

whereHo andH are the static and measured bed height, respec{&®]y The packed bed
voidage- was 0.634, 0.618 and 0.577 when pellet weights were 0.5 g, ar@ d..5 g,
respectively (section 3.1.1). The logarithmic expansion curves were then described by the

well-known RichardsoZaki equatior[49], expressed as:
YoOTY- QY- (4.5)

whereUt is the single pellet settling velocity obtained from pellet settling experiments with the
use of highspeed camarandhis the exponent to evaluate the logarithmic relationship between
voidage and superficial liquid velocity:dwas the extrapolated terminal velocity obtained by
extrapolating linear fitting curves to a voidage of unity, wkilgasthe proportional coefficient

of UtdandU:. Here,n was calculated from the function of terminal Reynolds nurRedvased

on the original Richardseraki correlationg264], whilen @as the egerimental determined
value from thelspe of the linear relationship in a kbgg plot of the velocityws voidageplots

in Fig. 4.12[48, 265]
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Fig. 4.12. Bed expansion characteristics with the parameters of liquid velocity and bed voidage: (a) 0.5, gpdlléty
pellets (c) 1.5 g pellets.
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Fig. 4.12 illustrates the change of slopes from a larger slope to a smaller slope at high liquid
velocity except the situation of 0.5 g pellets in cultivation meditim. (¢.12c), due to the
different expansion efficiency between different bed regimes. In general, the slope changes
were observed at the bed voidage of approximately 0.7 correspondihg tthange in
fluidization regime between extended bed and partially fluidized bed in both media and
ultrapure water. The slope change was also reported by Smith et al. during the fluidization test
using microbial aggregates of yeast flocs and filamentelistg[261]. More specifically, we

found the bed voidage values aeding the slope transition decreased with the increase of pellet

mass in water.

Table 4.1 Calculated and extrapolated parameters of Richarda&inequation

Liquid Pellet U uQ

phase mass(g) (mm/s) (mm/s) Re K : yQ
0.5 8.831 0.903 3.827
Cr#;té‘i;e 1.0 9;18;’; 14.060 13.697 1438  3.359  4.385
15 ' 42 560 4.352 6.758
0.5 7.345 0.375 1.918
U'\f\::fe‘:re 1.0 13‘%2? 17.049 35230 0917 3.081 5642
15 ' 33.189 1.696 5.845

In the work presented here, the experimental valuesaoidk as well as extrapolated values
are listed infable4.1. Bothnandkin culture medium were larger than those in ultrapure water,
indicating the effects of liquid density and viscosity on bed expanS@npared the values of

n from the single pellet settling experiments, the extrapolatédas generally larger in both
medium and water. These results were consistent with those repoibedrélce [266]who
pointed out that high values 0{3- 10) were commonly observed in biological fluidized liquid
beds. Smith et aJ261] stated then values could be larger than 10 with flocculent materials for
solids phase, which was also confirmedur study from the larger slopes when liquid velocity
was low. For instance, ing. 4.12a, the slope of the fitted line A was 15.603 (above 10) at low

liquid velocity but decreased to 3.827 at the terminal velocity. As commented above, the slope
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transition is attributed to the fluidization bed regime change from expanded bed regime to

partialy and fully fluidized bed regime.

The typically lower values df (less than 1) were observed when the pellets mass was low,
which were consistent with the results reported by Naghib et al. who used the alginate beads
as cell carrier for bed expansion dyy265]. However, with the increase in pellet mass, the
larger values ok (4.352 in medium and 1.696 in water) as well as the increassedlected

the dominant effects of pellet agglomeration on bed fluidization. Regekdmges, Zivkovic

et al.[32] argued that the higher values of the empirical constant was attributed largely to the

wall effects and surface forces in midtoidized bed k= 1.70 £ 0.35 in their case).

8
y=4.709"x-0.083, e -
R?=0.981 .
6 = &3
°
/,’/ y= 5.248°%-1.183,
BT R?=0.604
/// ’ - ¥ & /
c4f I’,f’/ i
2 F °®
®  Culture medium
e Ultrapure water
0 — e
0.6 0.8 1.0 19 14 1.6

log(£,%/(1- &,))/loge,

Fig.413Dependency of ndé based on static bed voidage.

Considering the significant pellet agglomeration and rougher surface of pellets compared to
that of soda lime glass microspheres used in previous reports, the much higher vaheze of

still seem reasonable. Kramer et §67] improved the Richardsedaki liquid-solid
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fluidization model by characterizing the relationship between exponent of Richatdkbn

equation and the static bed voidage with other parameters (i.e. particle Reynold terminal

number). In their work they found that@ function of in terms of dependence to

the static bed voidagéig. 4.13 simply plos this relationship ofi &ersus above logarithmic
equation for both fluids. The clear linear fitting in media meards highly depended on the
static bed voidage, whilambiguousresults in ultrapure water indicates the influences from

other parameters which should be elucidatefurther study.

Comparison of the terminal velocity obtained by experimesdsand extrapolationd, it is
obvious that both values &f andU:0in culture media were smaller than those in water with
different pellet mass. THéibranged from 831 to 42.560 mm/s in culture and 7.345 to 33.189
mm/s in ultrapure water, respectively. These findings were generally in agreement with Smith
et al[261], who stated that tHéd: values varied between 10 and 30 mm/s by regression analysis
of the yeast flocs. They assumed the floc voidage had no remarkable effectsldmutifailed

to offer a satisfactory explanation. While our experiments clearly revealddiGivecreased

with pellets mass in both media and ultrapure watebig 4.1), the increased pellets mass
resulted in the decrease of static bed voidage due to the compression of pellets as mentioned
above.

4.2.2.3 Gadiquid-solid fluidization

Compared with liquiesolid reactors, the liquidolid-gas reactors anmore widely applied in

cell cultivation and fungal fermentation. Aerobic fermentation needs gas supply to provide
oxygen for cellular or fungal growth, while anaerobic cultivation requires no oxygen, but the
anaerobic organisms may produce large numbgasd€ous products (such asA£2&@d biogas),

in the form of bubbledn this section, liquiesolid-gas fluidization of fungal pellets with the
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parameters of gas flowrate, pellet biomass and liquid phase were studied, to identify pellet

fluidization regimes as well as fluidization performance under different conditions.

Pellet fluidization by gas flow

In liquid-solid-gas fluidization, gas flows (in the form of bubbles) have more significant impact

in pellet mixing, separation of aggregatand vorticity of fluidization than liquid flow.
Therefore, this study is focused on the study of gas flowrate by changing the gas flowrate levels
(9.9, 22.9 and 43.8 ml/min) but keepitig sparger size of 100 um atie liquid phase static.
Besides, bdt ultrapure water and culture medium were compared to distinguish their effects

on the fluidization of fungal pellets with different biomass.

15

(e)

Pellet mass (g)
5

0.5

9.9 22.9 43.8
Gas flowrate (mL/min)

Fig. 4.14. Representative snapshots of different flow regimes with different gas flowrate and pellet biomass in ultrapure water.
ds =15 mm.

Fig. 4.14 shows the representative images of the different flow regimes with the increasing of

biomass and gas flowrate in ultrapure water, which were capture bgegid camera (frame
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rate 100 fps;exposure time: 0.003 s). Based on the snapshots from thespegkd camera

sequences, two different flow regimes were identified:

1 Partially fluidized bed. Part of pellets accumulate on the bottom with rest of them freely
fluidized on the upper part of cohn (Fig. 4.14a-d). This partially fluidization is
attributed to the low gas flowrate which fails to suspend the whole bed. Instead, the
bubble flow passs through the packed pellet bed and forms a channelling to
continuously fluidize rest of pellets.

1 Fully fluidized bed. Pellets were fully suspended and circulated by the single bubble
flow, although clumps formed by pellet agglomeration were noticede flilty

fluidized bed regimes were illustratedfiny. 4.14e-i.

At low biomass of 0.5 g pellets, all the pellets were fluidized withflgasates ranging from

9.9 to 43.8 fimin, but more pellets were located on the lower part of column when gas flowrate
was 9.9 ml/min. With the increase of gas flowrate, the distribution of pellets was more uniform
along the columnKjg. 4.14h & i). When increasing the biomass to 1.0 g, partially fluidized

bed appearetbr low gas flowrate and transited into fully fluidized bed with incireggas
flowrate Besides, more pellet clumps were observed with the increase of pellet mass regardless
of the fluidization regimes. Although increasing the gas flowrate can significantly improve the
pellet fluidization, the fluidization remained to be partially fluidizeztl when biomass was

1.5 g at given gas flowrate range of 9.9 to 43.8 ml/min. On the otherfignd, 4a-c indicates

the heightof packed bed at bottombviously decreased with increasing gas flowrate, thus

confirming the improvement of fungi fluidization.

To characterize the influence of liquid phase on pellet fluidization, the ultrapure water was
relaced by fresh medium but miined the same conditions pklletmass and gas flowrate.

Fig. 4.15 presend the snapshots of pellet fluidizah in culture medium, which indicated the
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similar transition of fluidization regimefsom fully fluidized bed regimes were obsevémt

low biomass and high gas flowrates transitioning intgartially fluidized bed with increasing

of biomass at low gasoiwrate. However, it is noted that pellets are easier to fluidize in culture
medium than in water. For instance, at the same biomass of 1. 0 g and gas flowrate of
9.9 ml/min, pellets were fully fuidized in mediurii@. 4.15d) and partially fluidized in water

(Fig. 4.14d). Besides, when increasing the biomass to 1.5 g, pellets were clearly stacked on the
bottom of bed in water~g. 4.14a-c) while such packetted phenamenon was not identified

in culture medium when gas flowrate was 2&@min and above. The better fluidization in
culture media than in water is attributed to the higher densityiso€ity of medium, which
induced higher buoyancy to flow up the pellets and less pressure drop. The study of pellet
fluidization, in the culture medium with gas supply, imitated the real fungal fermentation in the
fuidized bed bioreactor where the pedlgrow with the nutrient supply by culture medium and
oxygen supply from buble flows. The fully fluidization regimes initially confirmed the

feasibilty of using fluidized bed for fungal fermentation in future.

15

Pellet mass (g)
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9.9 229 4338
Gas flowrate (mL/min)

Fig. 4.15. Representative snapshots of different flow regimes with different gas flowrate and pellet biomad&im ds =
15 mm.
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Gasliquid-solid fluidization regime maps

Characterization of the fluidization regime maps helps to identify the fluidization transition
under different gas/liquid flow and particles properties, which is typically by plotting the
dimensionles$&J.* vsdr* in liquid-solid bed otJc* vsdr* in gassolid bed268, 269] Here,

both liquid and gas flow are variable, but pellets have a fixed size and density. Besides, gas
velocity Ue is hard to masure due to the gas pressure drop when gas passed through the
capillary gas orifice.Thus, the pellet fluidization regime maps were plotted by using

dimensionless liquid flowrat&).* and dimensionless gas flowras*:

0° 0 — 7 (4.6)

0° 0 — 7 (4.7)

Three distinct fluidization regimes were observed inlgpgd-solid fluidization with different

liquid phase (ultrapure water and culture medium) and pellets mass (0.5 g, 1.0 g and 1.5 g):

Packedbed regimeWhen gas/liquid flowrate is insufficient, peté remain agglomerated and

settle on the bottom, even though bed height is increased by gas/liquid flow.

Fluidization regime Under certain liquid/gas flow rates, the pellets are well suspended and

fluidized in the column.

Elutriation regime: When liqud/gas velocity is too high, pellets are floated to the top of

column and washed out through the liquid/gas outlet.

Fig. 4.16 illustrates the fluidizationregime maps for both ultrapure water and medium with
different pellets weights. When pellets weight was 0.5 g, pellets bed could be fluidized only by
gas flow or liquid flow Fig. 4.16a) in both liquid phases, but the minimu@s* (the
intersection with Xaxis) and minimun@Q.* (the intersection with Yaxis) were smaller in the

medium culture, which reflected the ease of fluidization in higher viscosity liquid. Furthermore,
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the introduction of gas significantly promoted the fluidization performance, but the influence
of gas wageduced with increase in the gas flow, as revealed in the fluidization curves, where

QL*decreased dramatically at the beginning with increasing gas flow.
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Fig. 4.16. Fluidization regime maps of fungi in both cultivation medium and ultrapure wWaj)ed.5 g pelletgb) 1.0 g
pellet (c) 1.5 g pellets.
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When the mass of pellets was increased from 0.5 g to 1.0 g and 1.5 g, both gas flow and liquid
flowrate to fluidize gllets increased, regardless of the liquid phase. Additionally, the increase
of pellets mass led to the area of fluidization regime decreased, because the high biomass inside
the bed column resulted in the easier of pellet elutriation, which reflectedebyradually
reduced fluidization regime areas fréig. 4.16a toFig. 4.16¢c. Therefore, a suitable weight of
biomass is essential to not only maximum the production rate but also maintains the good
fluidization. For instance, the 1g pellets with th&Hratio of ~1lensured a better fluidization

but less elutriation than 1.5 g pellets with thé[Hratio of 1.34.

Pellet velocity analysis

Another phenomenon observed during the pellet fluidization experiments but not reflected in
Fig. 4.161s that compared with pellet fluidization in ligksolid system, pellets in gdiguid-

solid system were transported faster and more chaotic with less aggregates. In order to validate
this observation, the pellet velocities of 1.0 g pellets in medium during minimum fluidization

in liquid-solid Q. = 1.57 ml/s) and gasolid (Qc = 0.258 ml/s) system, were quantitively
characterized using PIVlab tool from Matlgy0]. Fig. 4.17a & b present the snapshots from
high-speed camera videos showing the direction and intensity of pellet movement by the green
vectors. Tamprove the vector precision, the velocity vectors were validated by excluding the
orange vectors which indicated the values interpolated by the software due to spurious or
missing data points between image frames. The orderly green arrows clearly chitheatati
clockwise fluidization of pellets by the liquid flow, while the pellets fluidization in-g@&l

system was more chaotic and random. Pellet movement by gas flow were generally larger than
by liquid flow, which could be confirmed by comparingtlength of the green vectoras

shown inFig. 4.17a & b, as well as the X and-AXxis ranges in-ig. 4.17c & d. Specifically,

the maximum pellet velocity in ga®lid fluidization was up to 10 mm/s while the maximum

fluidization velocity in liquidsolid system was around 3 mm/s. Note, negative values of pellet
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velocities only meanthe moving direction is omsite to the default vector direction.
Additionally, the velocity scatters were densely distributed in vertical direction for both-liquid
solid and gadiquid-solid system meaning that the axial velocitiesf pellets were generally
higher than radial \tecities, u as expected, because both the liquid flow andligagl flow
were supplied upward from the bottom of bed column. However, in the caselofuy@solid
fluidization there was also a significant spread in horizontal radial velocitiesnirming the

more chaotic motion of fungal pellets in this case.

(b) (c)

v veiocity m

0
u velocty [mvs]

(@)

eiocity fmis]

Fig. 4.17. Representative example of PIVIab analysis for 1 g pellets in mediumega) velocity displays the pellet

minimum fluidization by liquid flow (b) mean velocity displays the pellet minimum fluidization by gas fl@yscatterplot
showing the velocity idtribution of 1 g pellets biiquid flow in medium (d) scatter plot showing the velocity distribution of

1 g pellets by gas flow in mediyrte) display of the vortex locators with corresponding intensity for 1 g pellets by gas flow
in medium.

Therefore, the more chaotic motion induced by the gas flow (in the form of bubbles) would in
principle not only improve the mixing and mass transfer effect but would also inhibit the pellets
agglomeration, while the high gas flow exerted higher shear,fadtieh could lead to cell
stress, damage and de§i®0, 271] To deeply understand the effects of gas flow on pellet

fluidization, this section investigated the pellet radiabegy, u and axial velocityy with
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different gas flowrate levels (9.9, 22.9 and 43.8 ml/min) and biomass levels (0.5, 1.0 and 1.5
g) in both static culture medium and ultrapure water.

1 Radial velocity
Fig. 4.18a shows the mean radial velocities of pellet fluidization under certain fluidization
conditions, which were obtained by PIVlab analysis of the image sequences (100fps, 6s). It is
concluded thathe mean radial velocity decreased with the increase of biomass but seemed to
be independent of gas flowrate. The radial velocity decrease with increase of biomass was
attributed to a greater number of pellets in column, which resulted in higher energy
consumption to fluidize the pellets and more surface force between pellets. However, the gas
flowrate had ésseffect on radial velocityThe bubble flow mainly suspended the pellets in the
vertical direction along the column, while the radial movement itétgavas resulted from the
vortexes in the galquid-solid systemThe vortexes were invisible but successfully identified
by PIVlab tool illustrated iri-ig. 4.17e. Besides, the surface force and drag force among the
rough pellets could also induce the pellet radial movement. However, both vortexes and surface
force were insignificant compared to the influence of vertical bubble flow, thus radial yelocit
was almost independent of gas flowrate. Regarding the liquid phase, the radial velocity was
generally larger in culture medium than in ultrapure water, which again confirmed culture

medium with higher density and viscosity is better for pellet fluichzati
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Fig. 4.18. (a) mean radial velocity of pellet fluidization at different conditipfid mean axial velocity of pellet fluidization
at different conditions.
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1 Axial velocity

The mean axial velocity analysis of gaguid-solid fluidization is shown irrig. 4.18b. The

axial velocity was decreased with the increase of pellet mass due to the increased pellet number
andover allsurface force, which was consistent with the relationship between radiaityel

and biomass. Similarly, the culture medium resulted in higher mean axial velocity than water
because of the higher density and viscosity. Different from the radial velocity, the axial velocity
was observed to increase with the increase of gas flewatause the vertical bubble flow
promoted the axial movement of pellets while the radial movement was caused by vortexes

and surface force.

However, it is noted the axial velocity increased from 9.9 ml/min to 22.9 ml/min but decreased
from 22.9 ml/mirto 43.8 ml/min when biomass was 1.5 g in water, leading to the mean velocity
in culture medium was lower than that in ultrapure water. Such a phenomenon was associated
to the fluidization regimes. The fluidization regime was partially fluidized bed inrwate

gas flowrate ranging from 9.9 to 22.9 ml/mind. 4.14a & b), which means only part of pellets
were fluidized in water compared to the fully lised pellets in culture medium with same
gas flowrate ranging from 9.9 to 22.9 ml/mihid. 4.15a & b). Therefore, lower energy
consumption antess surface force in water led to faster pellet axial velocity in water. When
increasing the gas flowrate to 43.8 ml/min, the fluidization regime in water was turned into
fully fluidized bed {ig. 4.14c). In the same fully fluidization regime, culture medium promoted
pellet fluidization, reflected by the larger axial velocity in culture medium than in water when

biomass was 1.5 g and gas flowrate was #48/8in, as shown ifrig. 4.18b.

In summary, both radial and axial velocity decreased with increase of biomass at fixed gas
flowrate, because the increased pellet mass causes more energy consumption and surface force
thus suppressing the pellet movement. The main difference is that gas flowratalyan

influence the axial velocity but has little effect on the radial velocity, as the radial velocity is
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dominated by vortexes and surface force while the axial velocity is determined by vertical
bubble flow. Interestingly, the fluidization regime anduid phase have also obviously
influenced the axial velocity, because the partially fluidized bed with less fluidized pellets in
water move faster than the fully fluidized bed with whole fluidized pellets in culture medium
at same gas flowrate. Therefotlee optimization of concentration of pellets and gas flowrate

is highly important in designing an ideal fluidized bed bioreactor for fungal fermentation in
future, which not only maximizes the pellet concentration for higher bioproduction but also

minimizethe surface force to achieve a good fluidization state.

4.3 Conclusions
4.3.1 Fluidized bed design and fabrication

Currently different fluidized beds have been designed and fabricated by 3D printing technique.
The optimization of the fluidized beds fe®d on obtaining homogeneous bubble flows when
liquid and gas are pumped in. To make the bubbles smaller and more unifoparfdrated

plate distributowas developed to break the bubbles, distribute liquid $lemd support the
particles above the dr#butor. The optimized fluidized bed enalléo produce homogeneous
bubbles flow, which ensures the ligtgas, liquidgassolid mixing efficiency and enhance the
oxygen content inside the fluidic chamhbetwis being selected for the final desido.allow

gas sparging with smaller size, a hole was drilled at the centre of distributor, to accommodate
a tightfitting glass capillary tubing (CM Scientific, UK), with an outer diameter of 3 mm and

3 different inner diameters 80, 100and 150 m. The capillay tubing was inserted from the

gas outlet on the bottom, connecting to the manifold into the main column through the tight

fitting hole.

4.3.2 Hydrodynamics investigation of the miniaturized fluidized bed
4.3.2.1 Gadiquid system

In this parf bubble flow regimesincluding moncdispersed homogeneous regjnply-

dispersed homogeneous regjnransition bubble regimand heterogeneous bubble regime
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were identified. Bibble size primarily increased with increasing orifice diameter and gas
flowrate but slightly decreased with amrrent liquid flow, which accelerated bubble
detachment to inhibit bubble growBubble velocityincrease with the increase of gas flowrate

as well as the upward liquid flow, but the promotion from liquid flow was insicamti in
heterogeneous bubble regime. Gas volume fraction was increased with gas flowrate and gas
sparger size but independent of liquid flowrate.

4.3.2.2 Liquidsolid and liquidsolid-gas system

In this part fluidization of fungal pellets has beeaharacterized using the 3inted
miniaturized fluidized bed, which served as the preliminary exploration and optimization of
the fluidized bed bioreactor for fungal fermentation and bioproduction. The main

hydrodynamic characteristics of fungi fluidizati are summarized as follows.

(1). The static bed voidage of fungal pellets was 0.634, 0.618 and 0.577 when the pellet
mass was 0.5 g, 1.0 g and 1.5 g, respectively. Compaction of pellets due to increase weight of
packing might be the main reason fioe trend as the lowest value of the voidage was observed
for the highest mass. The values were larger than the conventional value of 0.4 as reported in
previous studies. Unlike the micro spheres of glass beads and polymers used by other
researchers, in thistudy, the fungal pellets and the hyphae on the surface of pellets enlarged

the empty space between pellets, resulting in higher static bed voidage.

(2). Fluidization regimes in liquidolid fluidization system have been observed and these
regimes comsponded to static bed, expanded bed, partially fluidized bed, and fully fluidized
bed. Because of the agglomeration effect of fungal cells, the pellets were not able to directly
change from packed bed to fluidized bed during fluidization at low liquigcitgl However,

the bed was observed to expand gradually withdow@nected branching filaments throughout

the whole bed when the liquid velocity was low. As liquid velocity increased, the fungal pellets

gradually became dispersed and fluidized, reathedully fluidized bed regime when all the
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pellets were fluidized along the column by the high liquid flowrate. The increased minimum
fluidization velocity with increasing pellet mass also confirmed the influence of the

interconnected hyphae on fluidizati performance.

(3). Fungal pellets could be fluidized by only gas flow or liquid flow in both ultrapure water
and cultivation medium when pellets mass was low (0.5 g). Liquid fluidization velocity and
minimum gas fluidization velocity in culture mediumnedower than those in ultrapure water,
which indicated that the higher viscosity and density in liquid could have promoted the pellets
fluidization. This finding was also observed when increasing pellets mass to 1.0 g and above,
as the pellets could onle fluidized by gas flow in culture medium rather than in ultrapure
water. Bubble flow was observed to not only enhance the mixing effect and mass transfer but

also decreased the pellets aggregation, thus promoting the fungi fluidization.

The pellets fluilization study has confirmed that pellets can be well fluidized in Hgoiidi

and liquidsolid gas systems. The different fluidization regime maps established in this study
will be used as a guideline to control the liquid and/or gas flowrates, to pptipeilets
fluidization and bioproduction for the fungal fermentation in future studliiesext chapter,

the investigation of fungal fermentation in flask culture is explored to lay a solid foundation to
determine the optimal cultivation parameters, whiohld be used for further experiments of

fungal fermentation in bioreactor systems.
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Chapter 5 Investigation of cultivation parameters for fungal

fermentation

5.1 Introduction
Raspberry ketone {#-hydroxyphenyl) butai2-one; RK) has been widely used raotly in

food industries and fragrance formulatione( in aroma formulations of kiwi, cherry,
strawberry) but also for healthcare products due to its lipid degradation artkieming
effects[6, 225] However, the low abundance in natural fruits such as raspberries, cranberries,
blackberries, grapes make the extraction of RK-piarfitable Costwise,the price of fruits
derived RK can bas high adJS$ 3000/kg[7]. Although chemical synthesis provides the
alternative pathway to enlargeetlyields of RK, the chemical synthetic compound is regarded
as naturadentical product witch can costas low as US$ 58/k{26, 227] Therefore, the

natural production oRK with higher yields has been the subject of study in recent years.

In fact, in addition to the physical processes (i.e. distillation and extraction of natural sources),
flavour compounds obtained by enzymatic/microbial processes can also be identifidals n
based on the European Commumégulation§228]. Hence, many researchers have attempted

to improve the natural production BK usingbiochemical and bioengineering methost
instanceWang et al[9] reported a heterologous pathway to prodekdgrom p-coumaric acid,

which extracted the candidate genes including CoA ligase (4CL), benzalacetone synthase
(BAS), andRK/zingerone synthase (RZS1) from plants and assembled thelidatargenes

into the host strain dEscherichia coli, achieving a final titer of 90.97 mg/lI RK. Similarly, Lee

et al.[7] assembled four heterologous genes, encoding phenylalanine/tyrosine ammonia lyase,
cinnamated-hydroxlase, coumarat€oA ligase and benzalacetosgnthase in an industrial

strain ofSaccharomyces cerevisi@ the production of RK with the maximum concentration

of 7.5 mgl. Alternatively, Kosjek et al[228] used the different lyophilized cells of
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Rhodococcus spto perform the biocatalytic oxidation of(p-hydroxyphenyl)butan2-ol
(rhododendrol) into <4p-hydroxyphenyl) butan2-one RK), leading the substrate
concentrations up to 500lgHowever, the above microbial processes involving the gene
edition are too complex for industrial applications. Alternativéig, fungal fermentation of
specific fungi is a promising route to directly produce natRka[233]. For instance, per and
Singer[234]i ni ti ally identified RK fr ongusNidue met al
Niveo Tomentosaaccelerating the development of RK productioeynovosynthesis using

the funguNidula NiveeTomentosaFischer et al[13] screened various precursor substances
and confirmed the precursors includingphenylalanine, phenyl pyruvate, phenyl propanoic
acid, L-tyrosine, 4hydroxyphenyl pyruvate, coumaric acidhygdroxyphenyl propanoic acid,
benzoic acid, hippuric acid, benzalyde and 4hydroxy benzaldehyde promoted the synthesis
of RK, while other precursors such as cinnamic acid, phenyl acetic acid, phenyl acetaldehyde,
and 4hydroxybenzoic acid methyl ester supressed the growth of fudgons/eetomentosa

and raspberry congunds production. Meanwhile, Boker et [@35] increased the raspberry
compound (RC, ketone + alcoholyields to 200 md/ by optimizing the media and
supplementing the-phenylalanine during the fermentation of the basidiomyd&tela nivee
tomentosaTaupp et al[14] reported that 10 hours/day of the tAfadiation could stimulate

the growth and synthesis BK from submerged culture dfidula niveestomentosaalthough

the optimal value of exposure time and radiation intensity was unclear. Thussdaecton

fungal fermentation usinljidula nivestomentosdor RK production is still in the initial stage.

The key factors (i.e., substrate components, seed culture age and inoculum, precursor selection
and operating conditions) which strongly affect fungal growth and bioproduction, have been

underestimated and remathunexplored.

In this studyNidula niveetomentosavas retained to study fungal growth a@Rid production.

The present systematic study will provide additional information by investigating the
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cultivation parameters including fungal preservation mettfadgal morphology, glucose and
phenylalanine concentration, UV exposure time, preculture concentration and age (described
in Chapter 3)By filling this knowledge gap,he experimental investigation can gimew

insights to the optimization for RK production and future scalgproduction.

5.2 Results and discussions
5.2.1 Glucose concentration

The culture mediuncomponentsespecially the carbon source, are key factors for the pellet
growth. Compared to lactosesthe carbon sourcehich leads to the growth of free mycelia,
glucose was reported to promote the pelletization prde@23. Boker et al[235] proposed

30 g/L of glucose in their culture medium fblidula nivectomentosafermentation, but
whether a glucose concentration higher or lower than [38ngbles higher RK accumulation

is unclear. Thus, glucose concentration levels ranging froml26 @00 gl werestudied in

this section.
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Fig. 5.1. Study of glucose concentrations on fungal growth and bioproduction: (agtiunse profiles of biomass dry
weight, (b) RK curves during-eeks fermentation, (c) RA production during fermentation, @)y®Rcumulation during the
fermentation. Other cultivation parameters: 2 weeks old of preculture, 10% of inoculum concentration, 10hAl of UV
exposition, 1.5 g/l of phenylalanine.
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The biomassgrowths and raspbernproduction during a 5-week flask culturestudy are
presented iri-ig. 5.1. Specifically, the biomass curveshiy. 5.1a indicate thathere was an
initial lag phase of two weeks where tipellets grew slowly to adjust to the new cultivation
conditions followed by a more rapidog phasegrowth from the thirdweek The biomass
concentratiorentereda stationary phase ithelast 2 weeks. The final biomasencentration
was proportional to the initial glucose concentratipnto 75 g/l glucose concentratiddoth
G75 and G10@roduced a final biomas# 20 g/l. Therefore, it is concluded that the higher
glucose concentration promoted pellet growiihto aglucose concentratioof 75 g/l because

higher glucose concentration may lead to substrate stress on fungus.

The RKproduction trend-ig. 5.1b shows th&RK reached itsnaximum value irthe second
weekof cultureand then started to decreaseardsthe end othefermentatiorperiod There

was no majodifferencebetween th&K valuesatdifferent glucose concentratigrsaiggesng

thatthe glucose concentratiaoesnot largely &ect the RK productivity. Nevertheless, the

rank of pealRK concentratioawhich wasG75>G50>G25>G100 indicated the& g/lglucose
concentration exhibited better facilitation than others, while the 100gtgguthibited RK
production despite its promotional effect on pellet growth. On the other hand, the decrease of
RK from week2 is notattributed to low RK production rate buathigherconversion oRK to

RA conversion, which was confirmed by Zorn et[a¥.3] who used a label study to elucidate

the formation of RK byNidula niveatomentosa The converted RA was continuously

accumulated during the fermentation, illustrateéim 5.1c.

Unlike the RK concentration ordethe RA concentration order of G25>G50>G75>G100
suggestethat glucose limitatiogenerally enhanced the RK-RA conversion. Namely, more

RK was consumed and transformed into RA in low glucose conditions, which was reflected by
the low RK concentration ifig. 5.1b and higher RA concentration kig. 5.1c for G25 and

G50. Finally theaccumulation oRCin Fig. 5.1d indicated the final compounds concentrations
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between different glucose concentration conditions were insignificant. In other words, glucose
concentration in cultivation medium only affecte RK-to-RA conversion but has little impact

on the titre of compounds. From the perspective of RK production, the optimal glucose
concentration of 75 g/l is recommended. Such a glucose concentration was also used in our
following studies.

5.2.2 Freezer etk VS agar plate

To determine a fungi preservation method for high bioprodudtienflask culture inoculated

by the seed culture prepared through agar plate and freezer stock were compared.
presented the biomass growth and raspberry productionweek flask culture, in which the
preculture was prepared hygar plateandfreezer sick, respectivelyFig. 5.2a showed that the

initial biomass concentration at we8kfrom petri dish(0.147 g/l) was 44% higher than that
from glycerol stock(0.102 g/l). The much higher biomass concentration fpatni dishat
week0 was due to the manual operation that an agar plug was picked from the edge of fungal
colony for seed culture preparatiomhich was difficult to quantitively maintain the seed
culture biomass. Although the initial biomass concentration was different, the difference
betweenagar plateand freezer stockbecame insignificant after 1 week of fermentation,
considering the errordss. Similarly, thdRK production fromagar plateandfreezer stockvas

close during the fermentation, as maximum RK concentrationdganplateandfreezer stock

was 7.468 + 1.189 and 7.736 + 1.930 mg/l, respectiviely. £€.2b). On the other hand,
raspberry alcohol produced froagar platewas observed to be 50% higher than that from
freezer stoclby the end of fermentatior-i0. 5.2¢), which was attributed to the higher titre of
compoundsRC, raspberry ketone + alcohol). Besides, the seedrewtas directly swabbed

from the edge of fungi colony in petri dish, while the fungi stocks fimazer stockvere
required to be thawed and revived before seed culture prepataiding to a late lag phase

In other words, the flask culture framgarplategrows fastethan those ifreezer stockieading
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to more compounds production. However, the raspberry ketone concentration was independent
of preservation methods, as RK was continuously converted into RA due to metabolic activity,

which only resukd in more compounds accumulatiéing( 5.2d).
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fermentation.Other cultivation parameters: 75g/l of glucose concentration, 2 weeks old of preculture, 10% of inoculum
concentration, 10h/d of UM\ exposition, 1.5 g/l of phenylalanine concentration.

From the point of view of RK jduction, both methods can maintain the fungal bioactivity and lead to
the same level of RK concentration. Howevke preservation dfingi strainsby agar plate means the
continues subcultures at the interval of ever§ Bhonths which is a timeconsuming andrepeated

labour work More importantly, theontinuous subculture mapange th@hysiological and molecular
characteristics of fungand increase the contamination rate during subculture trafi2®r276]
Instead, frozen glycerol stocks described in this section achieved the similar inactivation of metabolism
and promised a longer storge perif2i&7]. Thus,freezer stockare recommendddr the presenation

of the commercially and academically important fu@igidula Niveetomentosa for longterm use

Such a preservation method will be also applied to prepare seed cultures in the following sections.
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5.2.3 Seed culture age

Seed culture age determines the inooulconcentration as well as fungi viability. The seed
culture age ofNidula niveo-tomentosa reported for RK production was 2 week4d3)l@78]

but whether a shorter or longer seed culture period facilitates RK production is unknown. In
this section, three levels of seedlture agewith cultivation time of 1 weekW1), 2weeks

(W2) and 3veekgW3), were prepared to determine the optimal seed culture age for promoting
RK concentration. The biggest influence of seed culture age was thidédskeulture was
inoculated wih older preculture led to more fungi strains, which was reflected by the overall
biomass growthHig. 5.3a). For instance, the initial inoculum conceatton of W1, W2, and

W3 was 0.173, 0.269 and 0.445 g/l, respectively. Righer biomass concentration led to
higherpeaks ofaspberry ketone as well as compounds accumulation, as the maximum RK and
compounds concentration wdstermined bythe initial biomass concentratioasshown in

Fig. 5.3b & c.
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However, it was noted that the final biomass concentration aaseelimpounds concentration

of W1 and W2 reached the same levdijch revealed that initial inoculum concentration was
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not the only factor to influence fungal grdwHere the specific productivity (Qp) wased to
evaluate fungi ability to produdeK over the full duration of flask cultur279]. Specific

productivity @Qp) was determing as shown below.

1D (5.9

Fig. 5.3d illustrakesthe specific productivities for RK and compounds at each week during 4
weeklongflask culture. The results indicatdatthe Qp for both RK and compounds increased

to a maximumatfter two weeks, followed bg continual decrease to the end of fermentation.
Such a trend was consistent with the RK production profiles, whichstigamighest fungal
viability and productivity appeared after two weeks cultivation. Additionally, cordgarthe

Qp from the conditions of W2 and W3, W1 was observed the higQesf both RK and
compounds, suggesting thewkekold seed culture exhibited the biggest fuagivity.
Therefore, the higher bioactivity of W1 seed culture progaseefficient lomass growth and
bioproduction, leading its final biomass and compounds concentration to reach the same level
as W2, although W1 had the lowest initial inoculum concentration. Based on the study of seed
culture age, it is concluded that the seed cultgeerat only determines the initial inoculum
concentration but also affects fungi productivity. The older seed culture has higher biomass
concentration due to longer cultivation time, while the younger seed culture is proved to be
more viable and efficierior fungi growth and productiofowever, the biomass concentration

in a young seed culture is lower and thus the RK titre yield will be lower.

5.2.4 Inoculum concentration

Based on the study of seed culture age above, it is noticed that the older seed culture produced
more raspberry ketonbecausethe older preculture contained more furtyie to longer
preculture timeln this section, three levels inoculum concentratio®4120% and 40%) with

the same seed culture age ofv@eks The results indicated that biomass concentration was
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relatedto the seed culture concentratiéing( 5.4a), as higher seed culture concentration means
thatmore fungicangrow into pellets leading to higher biomass. Consequently, the more fungi
improve the bioproduction~(g. 5.4b-d). However the higher seed culture concentration
required more nutrients for fungal growth, whighsreflected from the glucose consumption

in Fig. 5.4e. The glucose concentration curves based on the YSI results clearlyhshaliae
glucose consumption wadependent on theeed culture conceation. Therefore, it is
concluded that higher preculture concentration with more inoculants inréigsikesmore

nutrients for fungal biomass growth, which consequgmtbglucemore bioproducts.
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However, it is still unclear whether tiRK formation is more dependent on fungal growth or
on the nutrient consumption. Thiisg. 5.4f summarized the average yield coefficients g§ Y

(g dry weight g substrdt®, Yes(g product g substrdt and Yex (g product g dry weight)
over5-week fermentationg80]. The results emphasized that the high seed culture resulted in
higher yields of ¥sand Yex but lower yield of %s. Regarding the production of RKpXwas
generally higher than péin each level of seed culture concentration. In other words, it is
believed that RK production figher regardinghe biomass concentration rather than glucose
consumptionThis is kecause the RK production is directly depended on biomass concentration,
which determines the number of fungi involved in bioproductiwte, the substrate of glucose

is not only used for furey growth but also for metabolism activities including the RK
production, which meanthat the overall glucose consumption is not the direct factor to
evaluate the yield dRK [281].

5.2.5 UV radiation time

Ultraviolet (UV) irradiation is a typical method to enhance th@tmduction in biotechnology
[282, 283] UV-A radiation orNidula Niveetomentosdnas also been reported to stimulate the
fungal growth and synthesis of raspberry ketone, but the optimal UV @eimses was still
unknown[14]. In this section, four different UM\ exposition time of O hour per day (U8),

10 hours per day (UAL0), 17 hours per day (U¥7) ard 24 hours per day (U¥Z4) were
investigated to determine the optimal UV radiation timeR#&r production.Fig. 5.5a shovs

that the biomass growth ghark conditions (UW0) were approximately half lower than those
with UV exposition inthethird weekof fermentation This was consistent with the results from
Taupp et al[14], who reported the biomass of the culture exposed with 10{Aper day
nearly2 times morghan that altivated in dark condition at dad3. They explained the higher
biomass with UVA radiation was due to ttgrowthrelated enzymes of the citric cycle, which
were identified as a response to irradiation with-RVHowever, in our study, the final

123



biomass oncentration inconditions ofdifferent UV radiation time reachedthe samelevel

from the fourthweek of fermentationin other wordsthe UV radiation might only affect the
fungal growth irthefirst 3 weeksas thegrowth rate was limited for all aftdrweeks Besides,

it is alsoobserve that the biomass concentration of 1Y and UVV24 werelower than UV

10 inthefirst 2 weeks but reached the same level by the end of fermentation, suggesting the
UV radiation timeof 10 houramight only inducestresson biomass growth in the initial stage

It is assumed thamcreased cell densityouldlead to shading of UV lighthence UV effect per

cell is reducedbut more work is required to confirm this assumption.
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Fig. 5.5. Effects of UV-A exposition timeon fungal growth and bioproductinfa) biomass growth curvegb) RK curves

during 5week fermentation(c) RA curvesduring flask culture(d) RC accumulation during-tveek fermentationOther
cultivation parameters: 75g/l of glucose concentration, 2 weeks old of preculture, 10% of inoculum concentration, 1.5 g/l of
phenyalanine concentration.

The synthesis of RK in UM and UMV10 peaked at around we@kwith the maximum
concentration of 9.303+1.698 mg/l and 13.663+1.175 mg/l, respecijvéely 5.5b). The

different RK concentrationsbetween UVY0 and U\V10 at the peak points indicated the
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enhancemergffectof UV exposition for RKsynthesisIn addition the RK concentratiom

the conditionwith longer UV radiation of 17 and 2dourswere lower than that in UALO,
confirming the stress of lontime UV exposition. This stress seemed to decrease with the
increase of fermentation time due to the potentialdiglgulation ability of fungi, as thsecond
peaks appeared at wegls for both UV17 and UV24. However, the stress increased with
increasing the UV period. For instance, the second peak fe24J)Vas lower than that of UV

17, revealing the 24 hours UV radiation supressed RK synthwdma UV exposure time
increased beyontl7 hours. Noteworthily, the second RK peak of-W¥ almost reached the
maximum RK of U\V10, which not only confirmed the ligiegulation ability of fungi but also
indicated the UV radiation time of 10 or 17 hours hatklimpactson RK production, as the
UV-period of 10 and 17 hours wasnaparable Thelittle differenceof 10 or 17h UV periods

on fungal bioproduction could m®nfirmed by the similar values of maximum RAI{. 5.5¢)
andRC concentrationKig. 5.5d) between UV10 and UV/17. In this section, by studyarthe
UV-A radiation timeijt is confirmedthe enhancement of UV exposition on fungal fermentation
compared to dark condition. However, it is also noticed the light stress otitoaguV
exposureon RK production from UV17 and U\V24, although the stregan decrease due to
the potential lightegulation ability of fungi. Thus, the 10h per day of UV radiation {10)
which could improve RK synthesis but cause less {agtgss for fungi is recommended for
submerged culture didula niveotomentosa

5.2.6 Phenylalanine concentration

Phenylalanine is known as the precursor for RK synthesis, but the optimal phenylalanine
concentration for submerged cultivation idula nivec-tomentosais unclear. Here, three
different phenylalanine coeatration 0.5, 1.5 and 2.5g/I were used to investidpteffectsof
phenylalanine on fungal fermentation, thus determining an optimal concentration for RK
production. The results inig. 5.6a shovs the highest biomass concentration was observed
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the condition of 0.5 g/l initial phenylalanine concentration, which indicated the possibility that
high phenylalanine concentrationay induce growthrelated stress. Previous experimental
evidence revealed the oxidative stress of phenylalanine on hipposamgb ratf284]. Besides,

the intermediate-phenylethanol (PEA) produced from phenylalanine is confirmed to reduce
yeast growth and viabilitj285]. However, there is no direct evidence to support the stress of
phenylalanine on fungal growth. Our experiments spotted this stress effdatsgi biomass,

but further investigations are required to confirm the findings.
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Unlike its impacts on biomass, higher phenylalanine was observed to improve the RK, RA and
subsequent compounds production, as showiirb.6b-d. That is explained by the precursor
activity of phenylalanineThe natural production dRK initiates with the phenylpropanoid
pathway, which converts phenylalanine intequmaric acid, flbtowed by the condensation
reactions between coumarggbA and malonylCoA for the conversion of-poumaric to RK

[7, 286] It is expected that mod theprecursomphenylalanine in culture can leadabigher
concentration of RK, which is subsequently converted into [R4.5.6e illustratsthat more
phenylalanine was consumed in conditions of-Pfeand Phd..5 than that in Ph@.5, leading

to the higher RK, RA and compounds concentration in conditions e2 Brend Phd..5 than

that in Phed.5. Notwithstanding, highest yielding rate wesm the condition of Ph8.5, as
shown inFig. 5.6f, becauséhe biosynthesis process of RK from phenylalanine produces many
intermediates and unknowmetabolite by-products[278]. Thus, a higher phenylalanine
concentration improved the bioproduction BK, but the yielding rate decreased with
increasingohenylalanine concentration.

5.2.7 Pellet morphology

Although the fungal pellets are easier to handle in bioreactor processing, it is anviknether

the pellets or filamentous fungi diidula niveotomentosahave a better productivity for RK.

In this section, both the fungal pellets and mycelia fungi were investigated from the point of
view of RK production. The mycelia fungi were prepared by homogenizing the whole content
of flask at week2 (H2) or week3 (H3) during the Bweek flask fermentation, so that the pellets
were broken into small mycelia again during the fermentaliba.inoculum ircontrolflasks

without homogenization (NH) &re allowed talirectly grow into compact mature pellets.

Fig. 5.7 preserd the photographic images of fungi samples aftaregk flask culture, which
were captured by a Scan1200 (Interscience, France) colony cf@#it¢ér The fungi inthe

flask culture without homogenization were spherical pellets composed of dense core region
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and extended hairy regioRi(. 5.7a). The fungi with homogenization consisted of both smaller
pellets and mycelia, as the homogenizer broke the mature pellets into tiny fragments which
continued tdorm new pellets or aggregatemycelia. It is noted that bigger pellet#th less
mycelia in H2 were identified, because the fungi in H2 were homogenised aRveeekhad
another 3 weeks for growtlsmaller pelletswith more myceliavere presenteth H3 asH3

were homogenised at we8kwhich had less time for pellet formation and expansion.

Fig. 5.7. Imagesof Fungal samplesfter 5week flask fermentation(a) no homogenization during flask cultyré)
homogenization of theflask at week?2 (Homogenizatios2), (3) homogenization of the flask content at wek
(HomogenizatiorB). Other cultivation parameters: 75g/I of glucose concentration, 2 weeks old of preculture, 10% of inoculum
concentration, 10h/d of UM exposition, 1.5 g/l of phenylalanine concentration.

Fig. 5.8a suggestthe homogenization during flask culture had little effect on biomass growth,
as tre final biomass from three groups all achieved 15 g/I. Thus, it is concluded that fungal
biomass ofNidula niveotomentosais independent of fungal morphology. In contrast, the
fungal morphology strongly influenced the synthesis of RK.(5.8b). Compared to the peak

RK corcentrationof ~15g/l for NH at week, peaks for H2 and H3wasup to 25 g/l at week

3 and weeld.5, respectively. The maximum RK for H2 and H3 seemed to appear after one
week of the homogenization. Besides, much high RA ras@gberrycompounds were also
observedin H2 and H3, which confirmethat homogenization promot&K production. In

other words, mycelial fungmorphology led to a higher RK productivity than pket
morphology fungiunderequivalentcultivation conditions. The main isswgth fungal pellet

morphologyis the low internaltransport of nutrient and product, which limthe further
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growth of pellets as well the RK productif288]. Besides, the nutrient limitation in central
region of pellets wereeportedto cause the autolysis, which can also decrease both cellular
metabolism and product synthe@89, 290] Instead, the filamentous fungi wigarger hairy
region can promote the substrate absorption and product release. Finally, maxilmesnof

RK, RA and compounds between H2 and H3 were all close, indicating the homogenization

time at week2 or week3 was insignificant to affect thaspberrybioproduction
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Fig. 5.8. Effects of fungal morphology on fungal growth and bioproduciiaybiomass concentration&) RK curves during
5-week fermentationc) RA curves during flask culturéd) RC accumulation during-Sveek fermentation.

Based on the selected strains aslaslthe target bioproducts, selection of the appropriate
morphologytypefrom the mycelium, clump, and pellet for a given biotechnological process is
of great significance. In this section, the free mycélidula Niveetomentosdnas been proved

to improve the RK production in flask culture, althouigimgal pellets have the advantages of
harvest ease and low broth viscodit@9]. However, the excessive growth of free mycelia
provokes the operation problems. For instance, the myceliarapoeed to aggregatand

attach in the baffles ofti&red-tank bioreactor téorm the dead zond hus, it is important to
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optimize the bioprocessing and bioreactor design based on the selected microorganisms and
targeted bioproducts.

5.2.8 Optimized conditions

Based on the westigations of the cultivation parameters, the optimal conditions for flask
culture have been identified, as listed #&ble5.1. This sectionntends to achieve the maximum

RK synthesis by combining the optimized factors togethesid@s, the cultivation timis also
extended from the normal period of 5 weeks to 6 wbekaus¢he maximum RK only appears

after 5 weeks of flaskutture under the optimized conditionsig. 5.9a indicates that the
biomass growth started from we8k(1.36 g/l) to week (3.82 g/l)during the lag phase
followed by the log phase until we&k(30.92 g/l) before iéntereda stationary phase (week

4 to week5) and finaly thedecline phase (weekto week6). Therdore, 6weeksfermentation

time is enough for fungal growth. On the other hand, the glucose consumption, based on the
YSI measurement, indicat¢hat 75 g/l glucosén fresh medias sufficient for the optimal

fungal fermentationNotaly, the initial gluo®se concentration of less than 75 g/l was due to

the diluion effect fromthe addition ofL0% seed culture and 10% phenylalanine solution.

Table 5.1 Optimal parameters for improving RK synthesis in flaskure.

Optimized conditions

Glucose concentration (g/l) 75

Fungi preservation method Freezer stock

Seed culture age (week) 3

Inoculum concentration 40%, ~1.36 g/l

UV-A radiation time (hour per day) 10

Phenylalanine concentration (g/l) 2.5

Fungal morphology Free myceligHomogenization at 10K rpm for 3 min)

Fig.5.9b presergthe bioproduction of RK, RA and compounds under the optimized conditions
in 6-week fermentation. The synthesis of RK peaked around 154.35 mg/| adywebich not

only suggestethatthe maximum RK was largely improved but also indicate@roduction
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was extended to week before decliningcompared to the normal peak at weakndernon
optimizedconditions The increased RIS attributed tahe high initialinoculum concentration

(40%) as well as other optimal parameters such as UV radiationptiner@ylalanine glucose
concentration, etckor instance, 10 hours per day of UV exposure can promote the pellet
production compared to the dark condition, and induced less stress compared to the 17and 24
hours exposure time. Compared to the compact fungédtgethe fungi with mycelia
morphology (due to homogenization) containing a hairy region enhance the nutrient absorption
and product release. Besides, the optimal phenylalanine (2.5 g/l) and glucose concentration (75
g/l) were also observed to improve RKoduction.The extended peak time was mainly due to

the homogenization at week which broke the pellets into small mycehlad resulted in the

new growth of fungiMeanwhile, the production of RA (converted from RK) had a similar
trend to RK, which pdeed at weeld and gradually decreased. The reduction of RA suggested
RA was converted into other unknown metabolites during the flask culture. The titre of
compounds (RK + RA) reached 365.1 mg/l, indicating the maximum productivitydoia

Niveatomentoa under optimized conditions.
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Fig. 5.9. Fungal fermentation under optimized conditiofa biomass growth and glucose consumptigm bioproduction.
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5.3 Conclusions

This chapter hasharacterized and identified the optimal cultivation parameters for imghrove
RK production byNidula niveotomentosaThe optimal cultivation conditions aré5 g/l of
glucose concentratiofreezer stock method for fungi preservation, seed culture age of 3 weeks
and initial concentration of 40%, 10 h/day of ¥Vradiation, 2.5 g/l of phenylalanine
concentration of 2.5 gAnd free mycelia fungal morphologly.is concluded that auitable
glucose and phenylalanine concentration can not maiytainthe substrates supply but also
reduce substrate stress. tA/radiation has little effect on biomass growth but can effectively
stimulate the synthesisf RK. Besides, a younger seed cultussuled in higher specific
productivity, but older seed culture led to higher RK production duts tugher inoculum
concentratio. Compared to fungal pellets, the mycelr@rphologyenhanced RK production

as the mycelidungi promotednutrients intake anditproducts transportation. Finally
maximum RKvalue of 154.35 mg/lwas obtainedby combining the optimal parameters
together,which is the highest ever reported for the RK production by submerged culture of
Nidula niveetomentosademonstrating the patéal of fungal fermentation ithe production

of natural raspberry ketonBesides, this chapter is also the basis for the next chapter study of

fungal fermentation in bioreactor systems.
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Chapter 6 Comparison of RK production in different bench-scale

bioreactors

6.1 Introduction

The filamentous fungu¥idula niveetomentosgroduces a natural phenolic compound known

as raspberry ketone (RK), which is widely usethefood and healthcare industry. The seale

up of RK fermentation requires an understanding of the relationship between pellet
morphology and bioreactor systenis.this study, pellet morphology and raspberry ketone
production were investigated in different {atale bioreactor systems including flask culture,
stirredtank reactor (STRpanelbioreactor (PBR) and fluidized bed reactor (FBR). The effects
of main ograting parameters, such as conventional agitation (300 rpm) in STR, and aeration
(0.15 V.V.M) in STR, PBR and FBR were linked to pellet size and sphericity, final biomass
concentration,RK and compounds productio.he resulting fungal morphologes with
correspondindrK productiors are ofundamental importander selecting and optimizing the
suitable fungal morphology for a given biotechnological pro@ess thescale upof RK

production in future.

6.2 Results and discussions
6.2.1 Pellet morphology

Fig. 6.1 presentshe fungi morphology from different bioreactors a#t@veeks offermentation.
Typically, fungal pellets are formed from free mycelia [20], but the fimadjal morphology

and corresponding production rate depends on specific cultivation systems. Here, fungi
cultured in flask grew into compact pellets surrowedlby hyphae, which dxbited the
smallest siz€2.27 + 0.48 mm)but highest sphericit{0.88 + 0.06)compared to those grown

in otherbioreactorsiig. 6.1a & €). Interestinglywhile the fungl pelletsn the STR were also
compact pelletsimilar to flask culture, they showed an elliptical nature, (3.16 + 1.80 mm in

diameter, 0.16 + 0.18 mm in sphericity), and lacked a hyphal f(inge5.1b). Thus impeller
133



based agitation300 rpn) of the STRhadmore impacibon pellet sphericitghan pellets size.

Fig. 6.1c andFig. 6.1d indicatethe pellets morphologies in PBR and FBR, respecti&bth

PBR and FBR had a gas flowrate of 0.15 v.v.m to suspend the pellets,wthie PBR a
magnetic mixer was used to mitigahe dead zon& herefore, ie main differencéetween

PBR and FBRvasmechanical stress from magnetic stirrer, causing pellets breakage in PBR
(Fig. 6.1c), which was overcame in the FBR by improved gas delivery. Furthermore, the
continuous bubblesupture on theupper liquid-gas interfacanside the PBR can also be
attributed to pellets fragmeéation[190, 271] while inthe FBR bubble could pas througha
meshscrea before reaching the surface, separating pellets frondidtisrbanceAs a result,

as can be seen in Figure-@cthe FBR showed noticeable increase in pellet diameter (7.49 £
1.83 mm) and sphericity (0.83 = 0.08), compared to the pellets in PBR (4.43 £ 1.35 mm in
diameter, 0.75 = 0.10 in sphericiffherefore by using improved upward flow and minimal
bubble disturbance, the FBR represents an improved design compared to the PBR, overcoming
the need for magnetic stirring and avoid bubble rupture disturbance, thereby maintaining pellet

integrity.

(e) i [[Tlsize m Sphericity 4 () %2?:

L] = [Z2AFBR

Size (mm)
S
Sphericity

Concentration (g/l)
3

111

Flask STR PBR FBR Biomass dry weight

Fig. 6.1. Images of pellet samples aftemieeks fermentations in (a) flask culture, (b) stirtaak reactor (STR), (c) panel
bioreactor (PBR) and (d) fluidized bed reactor (FBR), (e) pellet size and sphétmitygaeek fermentation from different
bioreactors, (f) biomass concentrations of fungal cells afteedks fermentation in different bioreactors.
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In general, both aeration and agitation approaches of the bioreactor designs in STR, PBR and
FBR strongly &ects pellet morphology by changing pellet size as well as sphericity. To
understand the pellet morphology mechanisms under different bioreactor systenis?
illustrates this morphological variation from hirsute spherical pellets in flask culture to shaved
elliptical pellets in the STR, and both fragmented pellet fragments and complete floccose
pelets in PBR and FBR, respectivelg.our experiments, the agitation system in SfhBased

the outer pellet hirsute zone and changed spherical pellets into elliptical spores of high

compactness.

On the other hand, aerativased mixingsystens had little effect on pellet ghericity and
allowedloosened the interactions lbyphae thus encouraging expandedllets. It is known
that the fungal pellets could be formed from either a single §porecoagulative), aggregates
of spores (coagulative) or agglomerated hyp28d]. The contimous bubble flows in both
PBR and FBR not only expanded thellets, but also tended bweak the hyphal aggregates
resultingin floccosepellets with larger pellet siz&.he fragmentation of floccose pellets in
PBR was attributed to the magnetic stir bar, leading to the disrupted nature visiblesific.
Thus, these findings are congruent with those reported above, confitraingeratiorbased
mixing led tolarger, floccose pellets sphericalshape, while stirred agitation encouraged the

formation ofcompactsmoothpelletswith an elliptical shape

Shaved pellet and mycelia Elliptical pellet

" STR
. ' + e —— .
e
o

\ Pellet fragments and expanded pellets
Sy - %
J

ellet \_—-' *

Expanded floccose pellet

Fig. 6.2. Schematic thgramof pellet morphology changes in different bioreact®$R: stirredtank reactor, PBR: panel
bioreactor, FBR: fluidized bed reactor.
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6.22 Pellet biomass

It is interesting to note that despite differences in morphology, total biomass is largely
unchangedregardless of cultivation system. As can be seerriin 6.1f, after 4 weeks
fermentationthe finaldry weightreachedl3.5, 13.4, 14. and13.3 g/l in the flask culture

STR, PBR and FBRespectively suggesting under mixing conditions of 300 rpm atgn

speed or 0.15 v.v.m gas flowrate, no comparable differences can be observed on biomass
growth and the consistency of final yields suggests that there was no limitation in terms of
dissolved oxygen or substrate availability. In futuren@e comprehensive stuay rate of

fungal biomass growth under more aggressive agitation/aeration conditions can be explored to
confirm the relationship between fungal biomass and dissolved oxygen. What this work shows
is that fungal pellet morphology t#irs substantially between gasxed systems and those
employing impellers, with gas mixing giving rise to expanded;dansity floccose pellets in

comparison to dense smooth pellets under mechanical mixing.
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6.2.3 Production of RK and RA
In this study RK was thetarget product produced by submerged cultivatioNidiula nivee

tomentosalmportantly, if the bioreactor design affects pellet morphology, the effect of these
changes on RK production is merited. However, RK is an intermediary metabolite, which is
subsequently fermented to RA, and thus a holistic assessment of both RK and. RAtél
raspberry compounds, RC) needs to be considered to fully understand the fermentation, and

relevant titres, yields, and productivities are shownahle6.1.

Table 6.1 Various yield values at endpoint in different bioreactors using glucose as substrate.

Yields Flask STR PBR FBR
Time endpoint 2.5 3 4 2.5
(week)
RK (mg/l) 13.67 18.86 20.59 7.44
RA (mg/l) 24.61 22.61 30.30 12.78
RC (mg/l) 38.28 41.47 50.89 20.22
RC Ypis (mg/g) 7.07 3.81 2.51 1.27
RC Vol. productivity 219 1.97 1.82 1.16
(mg I day™)
RK selectivity 0.36 0.45 0.40 0.37

It can be seen that theghest titres foRK andRCwere achieved by tfeBR (RK=20.59 mg/I,

RC= 50.89 mg/l), followed by the STR (RK=18.86 mg/l, RC= 41.47 mg/l), Flask (RK=13.67
mg/l, RC=38.28 mg/l) and FBR (RK=7.44 mg/l, RC=20m2g/l). As can be seen fig. 6.3a,

the maximum values for each treatment for both RK and RC were adlsieveltaneously.

What can also be seen is that the time to reach viaéses (i.e., endpoint) varied with treatment

as well, wherein the flask experiments and FBR reached endpoint after 2.5 weeks, while STR
stabilized at 3 weeks, with PBR showing steaaydpction over the-4veek fermentation. Thus,
while a maximum titre of 50.8 £ 2.8 mg/l of raspberry compounds (ketone and alcohol) was
achieved by the PBR, maximal volumetric productivity calculated from time to endpoint was
achieved by Flask2(19 mg T day?), followed by STR (1.97ng I* day?), PBR (.82 mg t*

day?l), and FBR 1.16 mg T day?).
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Finally, the glucose concentration profiles fiy. 6.3d illustrated that more glucose was
consumed by the floccose pellets in FBR and PBR compared to those compact pellets in flasks
and STR. It should be noted there was continued decreasingglmacentration in PBR and

FBR until the end of the experiment, suggesting that RK production is not directly to glucose
consumption, as it is a secondary metabolite. For instance, in the case of the flask, STR, and
FBR treatment glucose consumption conéd past RC endpointherefore, while it is
apparent thaloccose pellets (in FBR and PBR) camnsume more glucose, this consumption

is not necessarily linked to pooductionof the target compounds or finalized biomass.

6.2.4 Effects of pellet morphmgy and suspension stages

As demonstrated above, different reactor designs have clear effects on pellet morphology, and
these changes in morphology in turn affect reactor performance. It is interesting to note that
while the flask treatment showed the lowest titre and seleciivithso showed the highegts

and volumetric productivity witkaluesof 7.07 mg/g and 2.19 mtiday?, respectivelyshown

in Table 6.1. The highestYrs was mainly due to the lowest glucose consumption, again
demonstrating the independence of RC production from glucose consumption. The high
productivity suggests that this form of mixing is positive for increasing the rates of RC
formation. Similar to thelé&sk treatment, STR pellets were small and compact, and showed
faster rates of productivity (1.97 mgday?'), compared to the PBR treatment (1.82 rhddy

1 which led to larger expanded pellets. Thus, it could be that the more vigorous mixing such
asin the flask culture and STR promotes rates of production, which could be a direct impact
of mixing, or the formation of smaller pellets, which could both increase mass transfer
phenomenalt may equallybe possibléhese smaller pellets and more rapid mixing may also

facilitate more exposure to UV light bombardment, which is a requisite for RK formation.

Notably, the PBR required additional magnetic stirring in its design that caused pellet breakage

and more turbidconditions Fig. 6.1c). Conversely, the FBR approach generates large,
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unbroken pellets, showing substantially different pellet morphology from bothatie &nd

STR, which may aid in UV light penetrance. However, the FBR treatment performance
suffered from poor pellet suspension instead of pellet compactness. Fungal pellets were
observed to be fully fluidized and homogeneously suspended by the bublderflowst two

weeks, during which time the inoculated seed culture grew into pellets. From week 3, as pellets
became enlarged and more hirsute, this led to insufficient upward flow from aeration, resulting
in partial pellet agglomeration and sedimentatiwwhile some pellets remained in suspension

by the bubble flow. The cause for this sedimentation was because of a fixed aeration rate of
0.15 v.v.m, which was maintained to remain consistent with other reactor designs, and this
flowrate became insufficiertb fluidize the pellets which increased in both biomass and size.
This insufficiency of aeration was more obvious in wdekhen all the pellets were settled on

the bottom of column, formin@ packed bed. This obviously caused a concurrent decrease in
RC production, which plateaued after the RK concentration decreased fronrBweskeeksd

in FBR was due to the poor mass and oxygen transfer in partially fluidized bed and packed bed
regimes. Itmay be possible to overcome this pellet agglomeration with dynamic aeration
howeverand achieve results similar or even improved results in comparison to a PBR design.
6.2.5 Selectivity: Raspberry Ketone vs. Raspberry Alcohol

RK and RA selectivity, as defed as the fraction of a given product over total product (e.g.
[raspberry ketone] / [raspberry compounds]) during thet&®RA transition process in
different bioreactors-ig. 6.4 shows the graphs of the selectivity of the respective RK and RA
versus time. From previous literaturdetincrease of RA concentration was due to the
biotransformation from RK, as Zorn et §78] used the labeling study éfC-labeled L
phenylalanine and [3C] glucose as supplementary to detect the biotransformationRiom

into RA in submerged cultivation didula niveetomentosaTheir findings could also be used

to explain the RK concentration changé-ip. 6.3a. It can be observed that in the flask culture
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study, the proportion of RK sharply increases, followed by a strong constant decline, with a
concomitant increase in RA distribution, that leaml®wer selectivity (0.36). Conversely, both

STR and PBR do not show a rapid transition to raspberry alcohol, showing relatively stable
values after an initial rise-(g. 6.4b). Interestingly, while the STR shows similar productivity
compared to the flask culture, STR shows a stronger selectivity for RK at endpoint (i.e., 0.45).
Conversely, PBR shows more consistent but lower selectivity (i.e., 0.4@)intathe slower

steady production of raspberry compounds observed with this system. The FBR showed
selectivity of 0.37, likely due to insufficient airflow and subsequent pellet settling, as described
above. It is possible that the STR and PBR showee@rbsdiectivity compared to the flask
culture because the increased dissolved oxygen delivered by active aeration could favour RK

over RA, but this mechanism requires further investigation.
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Fig. 6.4. Selectivity of RK and RA in RKo-RA transition (a) graphof RK distribution versus timep) graph of RA

distribution versus time. STRtirred-tank reactorPBR: ghotobioreactarFBR:fluidized bed reactor

6.2.6Challenges and prospects
It is noted thatmy preference in fungal morphology depends on specietaegeted products

To date, the literature on RK productionMiglula-Niveotomentosaveremainly conducted in
flask culture The present study compared the effects of different bioreactor systems on fungal

morphology, which was linked to its bioproduction. The results indicated that the filamentous
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morphology is more appropriate for lotgym fermentation, as fungal fragmerits PBR

resulted in the continual RK increase durirgdek fermentation, while RK production in flask
culture and STR rapidly accumulated within 3 weeks, thus saving fermentation time, which
could have significant ramifications in operation costs. Excesgrowth of free mycelia
represents operational problems. For instance, the mycelia were observed to aggregate and
attach in the baffles of STR, form the dead zone in vessel corners of PBR in our experiments.
Other issues such as fouling of the fermentebes, growth back along nutrient feed and
sampling lines, efficiency decrease due to increased viscosity and limited mass transfer were

reported by other research§t88, 199]

Regarding the fluidized bed reactor, the main novelty is effective mixing without external
application such as shaking bed or agitated impeidttsough the fungal pellets in FBR were
alsofloccose the decrease of RK was attributed to pellets settlement at given aeration rate from
the 39 week of fermentation. Fungal pellets were cultivatethe form of pellet fluidization

by gas and/or liquid flows, in which gas flow not only expanded pellets but also provided the
dissolved oxygen whilst liquid flow promoted the mass transfer and broth circuleti®main
limitation of fluidized bed bioractor, however, ighat the fixed gas flowrate of 0.15 v.v.m
could only maintain the fully fluidization in first@eek of fermentation. With continual pellet

size increase and biomass growth, the fully fluidized pellets gradually turned into partially
fluidized bed and packed bed in the end, which accounted for RK increase in firgeéko

and reduction in final twaveeks. Therefore, further improvements to RK production with a
FBR system could be achieved by a dynamic management of gas/liquid flovaatéctpellet
settlement as well as pellet wash out, thus achieving a stable fluidization stage. It may be
possible that this system could potentially surpass the limitations of other systems by

contribution significantly more oxygen and mixing, while aimog pellet disruption.
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6.3 Conclusions

The results indicated that batlyitation and aeration system influedtlee pellet morphology

and subsequent bioproductiorstead obiomass concentration. The agitation sysier8TR

had ksseffect on pellet sig but changed pellet shapehile the aeration system in PBR and
FBR enlarged pellet size by making pelletgpanded and floccos&@he highe titres of
raspberry ketone20.59mg/) and compounds (689 mg/l) were froman airlift type panel
bioreactor during four weeks fermentation due toftbecosepellets and filamentous fungi

but higher volumetric productivityl(97mgI™* day?) in STR compared to PBR.82mgI* day

1) suggested the compact pellets due to imteragitation mixing led to the fast cumulation of
raspberry compounds regardless of the slightly lower titres (18.86 mg/l of RK, 41.47 mg/| of
RC). This study providsan experimental basis on optimizing raspberry ketone production and

industrial scaleupin future.
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Chapter 7 Fungal fermentation using benchscale fluidized bed

reactor

7.1 Introduction

Raspberry ketone (RK) has high commercial valugkafood and healthcare industries. The
research on RK production has been increasing dramatically in recent years, but mainly
conducted in the flask culture with the limitations of low mass transfer, little oxygen supply
anddifficulties in scaleup for industrial production. On the other harnbe fluidized bed has

been commonly used as a type of reactors in chemical and process industries with the
advantages of minimum diffusional resistance, good/imaat transfeand relatively low
energy consumptiofl]. In terms of bioengineering and bioprocessing fields, cell cultivation

in the fluidized bed bioreactor is achieved in the form of cells fluidization by liquid/gas flow,
thus ensuring the sufficient mass transfer rate but low shear stress compared {peshet t
bioreactors (e.g., stirre@dnk reactor, photobioreactor, membrane bioreacigpically, to
fluidize the microorganismef micro-scale size and mucbwer density than water, the cell
immobilization technologies (i.e., attachment, entrapment;aggjregation, containment)
were developed to enhance cell stability in continuous fluidization conslifidh 12]
However, the londerm cell cultivation through the immobilized cell fluidization currently
suffers from the cell detaaient from carriers or cell leakage from encapsuldti@n291] In
contrast, the fungus ®idula niveatomentosayrow from free mycelia to mature pellets with

up to centimetrescale size and higher density than water, which means the fungal pellets can
be directly fluidized and cultivated in fdized bed bioreactor without the use of cell

immobilizationtechnologies

In this chapter, the fungal fermentation using besedie fluidized bed bioreact@escribed
in Chapter 3) for RK productiorhas been systematically investigated based on the parameters
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including gas flowrate, gas sparger size, fluidization regimes. These parameters can
significantly influence the hydrodynamics and operating performance of the reactor, thus
determining the yieldf bioproduction. By applying the fluidized bed reactor in fungal
fermentation, thisvork is used as the eaf$fage screening for RK production, which addresses

the development of fluidized bed techniques and gives insights to industrialipdaléuture.

7.2 Results & discussions
7.2.1 Gas flowrates

Gas flowrate is a key factor affecting bubble size and velozitypact pellet$luidization. In
theseexperimentsthe gas sparger size was kept at 0.15 mm and the liquid flowrate was fixed
at 0.25 ml/g4o0 maintain the culture medium circulation. Meanwhdéerent gas flowrates of
0.15, 0.3 and 0.45 v.v.m were studied with the gas sparger size of 0.15gnml shows the
snapshots of fluidization regimes changes during tiveedk fungal fermentatiomn the

condition of 0.15 v.um gas flowrateThree different fluidization regimes wedentified

9 Fluidization bed regimePellets were fully fluidized by the bubble flowsthe first 2
weeks(Fig. 7.1 a & b).

1 Partially fluidized bed regimePart of the pellets were fluidized while rest of them
agglomerated and settled on bottom of bed columweek 23 (Fig. 7.1 c).

1 Packed bed regim@ll the pellets were agglomerated and accumulated on bottom with

bubble flows forming channelings through ftedletsin the fourth weeKFig. 7.1 d).

Week 1-2

Fig. 7.1. Fluidization regimes showing the change of pellet fluidization duringdk of fermentation. &= 0.15 v.v.m, &
=0.15 mmds = 50 mm
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Fig. 7.2. Study of gas flowrates on fungal growth and bioproduct@yfinal biomass dry weights under different gas flowrates
(b) raspberry ketone curves duridggveeks fermentatiqr{c) raspberry alcohol production during fermentatig) raspberry
compounds accumulation during the fermentation.

The curves of RKproduction & presented ir-ig. 7.2b, in whichthe RK concentration
increased from O in weelk to the maximum at around wekbefore their reductions.
Specifically, highest detected RK concentration was for the experiments using gas flowrate of
0.3 v.vm than in other conditions in the first 2 weekssTan be explained that both the early
pellet sedimentation at lower gas flowrate and severe pellet elutriation at higher gas flowrate
reduce the production. However, the final RK concentrations were relatively close, as RK was
rapidly consumed due to éhpoor mixing and oxygen supply in the packed bed regime
occurring in all the cases in the final week of the experiments. The low mass transfer and poor
gas supply led to the accumulation of RA, as oxygen is believed to delay tte-FRK
conversion. In dter words, poor gas supply will result in more RK reduction but high RA

accumulation, which could be confirmed byy. 7.2c that the highest RA concerticm was
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from the condition of the lowest gas flowrate of 0.15 v.v.m. It is noticed that a slightly RA
reduction for the conditions of 0.30 and 0.45 v.v.m at the end of fermentation, indicating other
bioconversions involving RK and/or RA conversions wekeeh place at relatively higher gas
flowrates, leading to compounds accumulation in 0.15 v.v.m was much higher than that in
higher gas flowrate condition§i(. 7.2d). In summary, the fixed gas flowrate ranging from
0.15to 0.45 v.v.m with 0.15 mm ggzarger ID cannot provide the complete pellet fluidization
throughout the 4veek fermentation due to the small bubble size and increasedai@thetss.

The optimal gas flowrate of 0.30 v.v.m not only showed higher mass transfer and gas supply
compared to 0.15 v.v.m gas flow but also mitigated pellet elutriation compared to higher gas
flowrate, thus leading to higher biomass accumulation and R#egis.

7.2.2 Gas sparger size

To study the parameter of gas sparger size (0.15 mm, 0.8 mm and 1.2 mm ID, respectively),
gas flowrate was kept at 0.3 v.v.m and liquid flowrate at 0.25 ml/s. The bubble size increased
with increasing gas sparger si292], while the bubble flow numbers were observed to
decrease with increasing gas orifice size. This was attributed to the reduction of gas force, as
the increase of gas orifice increased gas/liquid contact area but decreased gas pibbiese, b
cannot form and detach when gas pressure around the gas nozzle was lower than the liquid
pressure. In this study, the bubble flow numbers were 4, 3 and 1 when gas orifice size was 0.15,
0.8 and 1.2 mm, respectively, although the FBR was equippéd4vgas spargers. The
fluidization regime with 0.15 mm sparger started from the fully fluidized bed in the first two
weeks, followed by the partially fluidized bed in the third week and the packed bed in the last
week, while the fluidization regime remathe the fully fluidized regime with 0.8 mm and

1.2 mm gas sparger size during the wholeiekk fermentation experiments. The main
difference of the fully fluidized regimes between using 0.8 mm and 1.2 mm gas sparger was
that less pellet agglomeration foethfor the condition of 0.8 mm sparger size, where 3 bubble
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flows promoted pellet mixing to mitigate pellet clumps. The biomass growithy ifi.3a shows
higher biomass concentration was achieved using 0.15 mm ID sparger, in which the partially
fluidized bed in week3 and packed bed in wedkavoided pellet elutriation compared to the

throughout fully fluidized bed regime when using 0.8 mm and 1.2 mm gas spargers.
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Fig. 7.3. Effects ofgas sparger size on fungal growth and bioproductimyfinal biomass dry weights unddifferent gas
orifice sizes(b) raspberry ketone curves duringveks fermentatigr(c) raspberry alcohol production during fermentation
(d) raspberry compounds accumulation during the fermentation.

The RK synthesis irrig. 7.3b indicates thatRK increased irthe first two weeks and then
gradually decreasddr 0.15 mm gas sparger, while in the case of 0.8 mm and 1.2 mm spargers
RK kept increasing during the wholevgeks of fermentations. The decrease of RK in the case

of 0.15 mm sparger was due to the gradual pellet sedimentation from the second week of
fermentation. Instead, the continuously increased RK concentration with larger gas spargers
can be attributed tdé good mass transfer and gas supply in the fully fluidized bed. On the

other hand, the higher RK concentration in the case of 0.8 mm sparger than that in 1.2 mm
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sparger revealed that the more efficient pellet mixing with less aggregation by 3 bubble flows
could enhance RK production. For RA conversions, higher RA was from 0.8 mm and 1.2 mm
spargers with the fully fluidized bed regime than from the packed bed regime presented in the
0.15 mm sparger situation, which confirmed the intensification of massdrand gas supply

due to good pellet fluidization. However, the highest RA was from 1.2 mm sparger and not
from 0.8 mm sparger, which was inconsistent with the results in RK production as shown in
Fig. 7.3c. One possible explanation is that the one bubble flow in the fluidized bed with 1.2
mm sparger induced poor gas and oxygen compared to the three bubble flows of 0.8 mm gas
sparger. It was reported that the low dissolved oxygen promotethdRIA conversio [7].

Despite the difference in RK and RA concentration, the compound concentrations between the
conditions 0f0.8 mm and 1.2 mm spargers were simitag (7.3d). Therefore, the number of
bubble flows can only alter RK and RA yields but has little effect on overall raspberry
compounds. Thus, by studying the effects of gas sparger size, it is cahthadehe fully

pellet fluidization regime with more bubble flows is a good strategy to promote mass transfer
and gas supply for higher RK synthesis, although the fully fluidized bed regime will not alter
overall fungal productivity.

7.2.3 Minimum fluidzation operation using increasing gas flowrate

Based on the study of gas flowrates and sparger size, the results indicated that the fully
fluidization is important to promise sufficient mass transfer and gas supply, thus improving
fungal productionln this section, the continually increased gas flowrate with different gas
orifice sizes was applied, thus ensuring the fungal pellets whose biomass kept increasing during
fermentation could be fully fluidized. Besides, to avoid pellet elutriation, the gasaflowas
adjusted accordingly to maintain the condition just above to the minimum fluidization of pellets
[22, 48] Fig. 7.4 presers the snapshots of pellet fluidization performance under minimum
fluidization operations by the end of fermentation with different gas orifice size. In previous
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studies with the fixed gas flowrate of 0.3 v.v.m, pellet fluidization regime changed from fully
packed bed to partially fluidized bed and final packed bed regime when gas sparger size was
0.15mm with fungi growth. Here no packed bed was observed with increasing gas flowrate in
the case of 0.15 mm sparger, which exhibited the enhancement of gas fiellet fluidization.

Yet, the continually increased gas flowrate was unable to maintain the complete pellet
fluidization by the end of fermentation, as a small number of pellets aggregated and attached
on the corner of the bed walti(. 7.4a). The inevitable pellet aggregation and attachment on
the bed wall means that the smaller bubbles generated from the spargers of 0.15 mm ID were
too small to comgtely suspend pellets in the fluidized state. When gas orifice size was
increased to 0.8 mm and 1.2 mm, the whole pellets were successfully suspended by the bubble
flows (Fig. 7.4b & c). Besides, compared to the fixed gas flowrate of 0.3 v.v.m, the minimum
fluidization state due to continually increased gas flowrates led to fewer pellet aggregations.
The specific gas flowrates values which support pellet fluidization were plotted.i7.5a.
Highergasvelocitieswere required for smaller sparger sizes starting from dalyen pellets

were formed, the overall gas flowrate for 8mallest gas spargers waghe throughout the

whole experiments. The difference betweenrrB and 1.2mm spargersvere much smaller

and up to day 21/22 (week 3) slightly higher velocities were needed fanri.® maintain
fluidization, indicating that the bigger bubbles due to bigger gas sparger promoted pellet
fluidization. However,in the firall week (#8 days) this was reversed and slightly lower
velocities were needed for OrBm sparger because the 3 bubble flows in case of 0.8 mm
spargers presented better mixing and fluidization properties than 1 bubble flow in the case of
1.2 mm sparger size, especially in situations where pellets are bigger, floccose and partially

agglomerated
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Fig. 7.4. Snapshots of fungal fermentation in last week under minimum fluidization regime by increased gas flowrate with
different gas orifice size. (a). 0.15 mm gas sparger; (b). 0.8 mm gas sparger; (c). 1.2 mm gaslspasfenm.

Fig. 7.5. Study of the minimum fluidization soperationsvith different gas orifice sizes on fungal fermentati@) Profiles

of minimum gas flowrates to fluidize pellets during the fermentatigm$inal biomass dry weights for each gas sparger size
under minimum fluidization conditigric) RK concentration profilefor each gas sparger size under minimum fluidization
condition (d) RA conversions for each gas sparger size under minimum fluidizatiatition, () RC accumulation for each
gas sparger size under minimum fluidization condjt{6naverage specific productivities for RK, RA and compounds under
minimum fluidization stee.
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