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Abstract 

The purpose of this thesis is to investigate the kinetic and thermodynamic 

performance of perovskite-type material La0.7Sr0.3FeO3-δ (LSF731) and iron oxides 

for use as oxygen carrier materials (OCMs) in a chemical looping water splitting 

processes.  Chemical looping water splitting is a gas-solid reaction where the OCM 

is cyclically reduced and oxidised in separate steps.  Typical reducing gases include 

carbon monoxide, methane or syngas, while for hydrogen production the oxidising 

gas must be water.  As the oxidising and reducing gases are kept separate, where is 

no need to separate carbon-containing contaminants from the hydrogen product. 

An equilibrium limited thermodynamic model for LSF731 was created.  LSF731 is 

able to continually change its oxygen content depending on the oxygen chemical 

potential of a gas mixture to which it is exposed.  Wave theory was used to create 

expressions for reaction front velocities that would occur with mixtures of different 

gas (carbon monoxide and carbon dioxide or water and hydrogen) at varying ratios.  

Results showed that reaction front velocities were higher for carbon monoxide and 

carbon dioxide mixtures and both mixtures achieved a maximum reaction front 

velocity at a δ (oxygen non-stoichiometry) of 0.25.  A series of kinetic experiments 

were carried out in a differential microreactor and it was found that the rate of 

reduction with carbon monoxide was significantly lower than the rate of oxidation 

with water, suggesting that although thermodynamically carbon monoxide and 

carbon dioxide mixtures should have higher reaction front velocities, they are in fact 

strongly kinetically limited. 

Further experiments were carried out to compare the performance of LSF731 and 

iron oxide in a more practical way.  A reverse flow integral reactor was used with a 6 

cm bed of either fresh or prereduced OCM.  100 redox cycles of 5 mol% carbon 

monoxide in helium and 5 mol% water in helium were performed.  It was found that 

LSF731, when operated in a reverse flow reactor, is able to overcome equilibrium 

limitations which would restrict any material with a discontinuity in oxygen content 

versus oxygen chemical potential, such as iron oxide.  
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Chapter 1 

1. Hydrogen Production 

1.1 Applications of Hydrogen 

In the last few decades hydrogen has been highlighted as a potential fuel as it can 

release energy in an internal combustion engine or in fuel cells.  However, hydrogen 

has been a useful component in many industrial processes for decades.  The most 

notable uses of hydrogen are: 

1. Flight 

2. Industrial processes 

3. Energy vector 

1.1.1 Flight 

Since its discovery by Henry Cavendish in 1766 [1] hydrogen (or what he called 

inflammable air) has been used for flight due to its unique properties.  Very early on 

gaseous hydrogen was recognised as the lightest element and thus would be a 

suitable lifting agent for balloons.  On December 1
st
, 1783, the first manned 

hydrogen filled balloon took flight across France.  Since then hydrogen filled 

balloons have been used for military purposes first by the French from 1794 to 1799 

then widely during World War I.  Before World War II hydrogen filled balloons 

were also used as passenger ships until the Hindenburg disaster in 1937, after which 

the practice fell out of favour. 

Hydrogen has also been used as a rocket fuel for space programs [2, 3].  In its liquid 

form, hydrogen is able to release a massive amount of energy when mixed with an 

oxidiser such as liquid oxygen.  The hydrogen burns more intensely and efficiently 

per amount of fuel consumed than any other rocket fuel. 
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1.1.2 Industrial Processes 

Hydrogen is a very important and useful raw material in industrial processes.  The 

addition of hydrogen to an existing compound can alter the properties of an existing 

compound, upgrading it, or it can produce new molecules.  Two good examples of 

this are ammonia production and hydrogenation processes. 

Ammonia was first produced by Joseph Priestly in 1774 and is now a worldwide 

commodity [4].  The Haber-Bosch process is the main ammonia synthesis method.  

Hydrogen and nitrogen react (via equation 1.1) in the presence of an iron catalyst 

often promoted with potassium oxide, calcium oxide, silicon oxide or alumina. 

𝑁2 + 3𝐻2 → 2𝑁𝐻3 1.1 

Ammonia is widely used as a fertiliser and as a precursor for nitrogen-containing 

compounds like nitric acid.  It has also been used as a motor fuel. 

Hydrogenation is a process where an unsaturated substrate, typically a hydrocarbon, 

is reacted with hydrogen in the presence of a catalyst.  Common catalysts used for 

hydrogenation processes are nickel, platinum or palladium based.  Some of the most 

common hydrogenation reactions take place in the food industry.  These include the 

hydrogenation of oils into fats.  For example, liquid vegetable oil can be 

hydrogenated into a semi-solid fat, known as margarine.  Equation 1.2 shows the 

general reaction for a hydrogenation process. 

𝐶𝑥𝐻2𝑥 + 𝐻2 → 𝐶𝑥𝐻2𝑥+2 1.2 

1.1.3 Energy Vector/Fuel 

Hydrogen is an extremely desirable fuel source as when combust the only by-product 

is water.  The environmental benefits of are, of course, obvious as greenhouse gas 

emissions can be reduced by moving away from traditional carbon-based 

technologies. 



3 

 

There are two main emerging routes to obtaining energy from hydrogen: via internal 

combustion engines or via fuel cell technology.  Each route has advantages, for 

example current internal combustion engines can be retrofitted to run on hydrogen 

alone, or mixtures of hydrogen and petrol.  However, as internal combustion engines 

are effectively heat engines, fundamentally their efficiency is determined by how 

much work can be recovered versus how much energy is supplied.  As heat losses are 

inevitable, heat engines can have low efficiencies. 

Fuel cells are composed of an anode, electrolyte and cathode, layered together in that 

order.  Two common types are proton exchange membrane (PEM) fuel cells and 

solid oxide fuel cells (SOFCs).  Hydrogen fuel cells generate electricity via an 

electrochemical reaction, where the hydrogen is oxidised at the anode.  The general 

reactions at the anode and cathode are dependent of the type of fuel cell used.  For 

PEM fuel cells and SOFCs the following reactions occur: 

PEM fuel cell: 

Anode: 𝐻2 → 2𝐻+ + 2𝑒− 1.3 

Cathode: 1

2
𝑂2 + 2𝐻+ + 2𝑒− → 𝐻2𝑂 1.4 

SOFCs 

Anode: 𝐻2 + 𝑂2− → 𝐻2𝑂 + 2𝑒− 1.5 

Cathode: 1

2
𝑂2 + 2𝑒− → 𝑂2− 1.6 

Both of these fuel cells generates a current which flows from anode to cathode via an 

external circuit.  This electricity can be used directly by either a vehicle or electrical 

device.  Both types have some disadvantages, however.  SOFCs typically have high 

operating temperatures (≈ 500-1000°C) which result in longer start up times, 

precluding it from certain applications.  PEM fuel cells on the other hand have much 

lower temperature requirements (≈ 50-100°C) but are particularly sensitive to carbon 

monoxide poisoning (< 50 ppm) and thus require very pure sources of hydrogen. 
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Perhaps the biggest challenge impeding the use of hydrogen as an energy vector is 

requiring effective hydrogen storage technologies, both for large scale transport and 

for at the point of use. 

Petrol typically has an energy density of 32.4 MJ/L while hydrogen has significantly 

less. Even compressed hydrogen only has an energy density of 5.6 MJ/L.  Thus for 

the same energy 5.8 L of compressed hydrogen are required.  This means that for 

vehicle transport a very large hydrogen fuel tank would be required.  Alternative 

methods include: hydrogen absorbing materials such as metal hydrides or liquid 

organic hydrogen carriers; liquid hydrogen (i.e. cryogenic systems); and underground 

storage in disused oil and gas reservoirs etc.  These methods will not be discussed in 

detail, but the main challenges are the public’s perception of hydrogen safety; 

hydrogen readily bonds with other molecules; is highly diffusive and reducing [5]. 

1.2 Hydrogen Production Methods 

Although water is the sole product from hydrogen combustion it cannot be truly 

classed as green or renewable energy source unless it is derived from a renewable 

resource.  Many methods of production rely on fossil fuels, such as steam methane 

reforming, partial oxidation of hydrocarbons.  In 2003 natural gas accounted for 48% 

of feedstocks used for hydrogen production.  All of that natural gas was utilised in 

the steam methane reforming process [6, 7].  30% of hydrogen production was from 

partial oxidation of heavy oil, 18% was from partial oxidation of coal and the 

remaining 4 mol% was from chloralkali electrolysis (electrolysis of sodium chloride).  

Production methods using natural gas, coal and oil will all release carbon to the 

atmosphere in the form of carbon dioxide.  Unless otherwise stated electrolysis refers 

to the splitting of water using electricity, and unless the electricity used is from a 

renewable source then the proportion for carbon-neutral technologies producing 

hydrogen is very low.  Thus there needs to be some form of carbon capture process 

implemented to avoid the release of carbon dioxide [8]. 

There are several ways to produce hydrogen using renewable energies, as shown by 

Figure 1.1 as well as via nuclear energy, which do not require carbon dioxide 
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sequestration.  Many of these technologies are too novel to be widely used 

industrially, but show promise from early research. 

 

Figure 1.1 – Pathways for hydrogen production modified from [9] 

1.2.1 Steam Methane Reforming 

Steam methane reforming (SMR) is a mature technology for large scale hydrogen 

production [10, 11].  In SMR, methane is reacted with steam at 700
o
C-850°C and 

between 3 and 25 bar in the presence of a nickel oxide catalyst [12-15]. 

𝐶𝐻4 + 𝐻2𝑂 ⇌ 𝐶𝑂 + 3𝐻2 ∆𝐻850°𝐶 = 228 
𝑘𝐽

𝑚𝑜𝑙
 1.7 

𝐶𝐻4 + 2𝐻2𝑂 ⇌ 𝐶𝑂2 + 4𝐻2 ∆𝐻850°𝐶 = 195 
𝑘𝐽

𝑚𝑜𝑙
 1.8 

𝐶𝑂 + 𝐻2𝑂 ⇌ 𝐶𝑂2 + 𝐻2 ∆𝐻850°𝐶 = −33 
𝑘𝐽

𝑚𝑜𝑙
 1.9 

Equations 1.7 and 1.8 are strongly endothermic and thus high temperatures favour 

the forward reactions, while the water-gas shift (WGS) reaction (equation 1.9) is 

favoured by low temperatures.  The WGS reaction is used to increase the yield of 

hydrogen and is carried out in two stages to minimise the carbon monoxide content 

of the product stream, as can be seen by Figure 1.2.  The first stage is at 350°C while 
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the second stage is lower at 250
o
C.  The energy required for methane conversion is 

obtained by combusting a portion of it in air, forming carbon dioxide and water with 

a large exotherm. 

 

Figure 1.2 – Flow schematic for a conventional SMR process [13] 

1.2.2 Partial Oxidation of Hydrocarbons 

Partial oxidation occurs when a substoichiometric fuel to oxygen mixture combusts.  

This can be carried out with multiple hydrocarbons, from heating oil to coal but a 

vast amount of research has been carried on with respect to partial oxidation of 

methane [15-17]. 

𝐶𝑥𝐻𝑦 +
𝑥

2
𝑂2 → 𝑥𝐶𝑂 +

𝑦

2
𝐻2 1.10 

Methane partial oxidation for example can be non-catalytic at temperatures >1000°C 

while in the presence of nickel this temperature can be lowered to between 725°C-

900°C. 

1.2.3 Hydrocarbon Decomposition 

Decomposition of hydrocarbons is a method of hydrogen production used to reduce 

or eliminate the release of carbon dioxide by forming gaseous hydrogen and solid 

carbon species, such as carbon black, carbon nanotubes or carbon filaments, as 

shown in equation 1.11. 
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𝐶𝑥𝐻𝑦 → 𝑥𝐶(𝑠) +
𝑦

2
𝐻2 1.11 

There are several different methods to achieve this, including metal or carbon based 

catalysts, plasma based methods or thermally controlled methods.  Table 1.1 gives a 

summary of the different methods and the types of carbon they can produce. 

Table 1.1 – Catalytic and non-catalytic hydrocarbon decomposition methods [18] 

Parameter 

Temperature range (°C) 

500-700 650-950 850-950 650-1050 1200-1300 

Catalysts used Ni-based Fe-based C-based 

Ni, Co, Fe, 

Pd, Pt, Cr, 

Ru, Mo 

None (i.e. 

thermal or 

plasma) 

Carbon product Filament Filament 
Turbostratic 

filament 

Graphitic 

turbostratic 
Amorphous 

There is a large amount of literature on the decomposition of methane [19-24] into 

hydrogen and carbon black, but limited literature on the decomposition of other 

liquid hydrocarbons, such as ethane [25] or a Jet A hydrocarbon mixture [26]. 

Noble and transition metals such as nickel, iron, palladium, cobalt, molybdenum, etc., 

are commonly used and often supported on high surface area ceramic substrates such 

as alumina and silica, etc.  These catalysts are used to reduce the temperatures 

necessary for decomposition and of them nickel is the most commonly used and 

active.  A disadvantage of this method is that carbon deposition can deactivate the 

metal catalyst, requiring regular replacement [27]. 

Alternatively to catalytic routes, plasma reforming can also be used to generate 

hydrogen [27-29].  The plasmatrons (which are electrical devices able to take 

advantage of the finite conductivity of gases at very high temperatures) are able to 

generate >3000
o
C.  The technique allows for reduced reaction times and a very 

flexible hydrocarbon feed.  The extreme heat produced by the plasma can also 
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provide heat for endothermic reactions and to accelerate thermodynamically 

favourable reactions [28].  However, the main disadvantage of plasma reforming is 

its dependence on electricity [30].  If reliable low current plasmatrons or catalysts 

less prone to deactivation can be used then hydrocarbon decomposition can be a 

feasible hydrogen production method for the future. 

1.2.4 Thermolysis 

Thermolysis is the name given to thermal decomposition of water into gaseous 

oxygen and hydrogen.  Water dissociates at 2500°C [27] via equation 1.12 in the 

absence of a catalyst.  Obviously this elevated temperature poses a major 

disadvantage to the feasibility of this hydrogen production method.  Catalysts are 

thus required to reduce the temperature, though they will not affect equilibrium. 

𝐻2𝑂 ⇌
1

2
𝑂2 + 𝐻2 ∆𝐻2773 = 240 

𝑘𝐽

𝑚𝑜𝑙
 1.12 

However, this method creates a gas mixture that can easily recombine to make water.  

Thus thermo-chemical cycles are needed to both lower the temperature and to allow 

inherent separation. 

1.2.5 Electrolysis 

Electrolysis is the dissociation of water into gaseous hydrogen and oxygen by an 

electrical current passing through two electrodes. Alkaline electrolysis is the most 

common method today, but proton exchange membrane (PEM) electrolysis and solid 

oxide electrolysis cells are being developed [27, 31].  Figure 1.3 shows a basic 

schematic of an electrolysis cell and highlights how the hydrogen and oxygen are 

formed at different electrodes in separate chambers, thus separating them. 

The advantages of this system are clear.  It is environmentally friendly as no harmful 

bi-products are produced and if the electricity used originates from a renewable 

source then the process can be considered carbon neutral.  This makes this a potential 

technology for hydrogen production in the future.  On the other hand if the electricity 

is generated from a non-renewable source then the process would emit more carbon 
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dioxide and other indicators on the Eco-indicator 95 weighting scale for 

environmental effects.  Koroneos et al. studied these effects for different renewable 

energy sources and found that not all renewables provide the same level of benefit 

and even hydrogen production via photovoltaic or biomass performed worse than 

steam methane reforming, the current dominant hydrogen production process [32]. 

 

Figure 1.3 – Typical electrolysis cell [32] 

1.2.6 Photoelectrolysis 

Photoelectrolysis uses direct sunlight for the dissociation of water with the use of 

semiconductor materials similar to those of photovoltaics [27].  Unlike types of 

thermolysis where the sun’s heat can be concentrated and used [33], 

photoelectrolysis uses the photons.  This method of hydrogen production appears to 

be very promising as unlike electrolysis it is not dependent on electricity generated 

by another resource.  However, there are still challenges for this method of 

production.  Finding semiconductors that are stable (i.e. do not corrode) in aqueous 

solutions is difficult.  Most suitable semiconductors are oxide which can be 

ineffective in light absorption due to large band gaps [34].  Until these research 

challenges are overcome, photoelectrolysis will not be a viable option for hydrogen 

production in the future. 
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1.2.7 Biohydrogen Routes 

There are several different ways to produce hydrogen from biological means.  These 

include: 

1. Biomass conversion 

2. Fermentative hydrogen production  

3. Biocatalysed electrolysis  

4. Photobiological water splitting 

Biomass, which is a sustainable energy source, can convert into a number of liquid 

fuels such as methanol, ethanol and biodiesel that can be easily transported for on-

site hydrogen production.  However, biomass use is a controversial topic in the food 

vs. fuel debate and as such would not be able to produce hydrogen in the amounts 

required. 

So called dark fermentation is a method of fermentative hydrogen production that 

does not require light to occur.  This process uses diverse groups of bacteria to 

primarily digest plant waste or wastewater.  This process is not limited to daylight 

hours like other photo-fermentation process, therefore allowing 24 hour hydrogen 

production.  However, this process produced both hydrogen and carbon dioxide 

calling for often costly sequestration of the carbon dioxide and the efficiency of such 

a process is less than 15 mol% [35].  To overcome these issues microbial electrolysis 

cells can be used for biocatalysed electrolysis, an example cell is shown in Figure 1.4.  

This type of electrolysis only requires applied voltages of 0.14 V compared 

with >1.6 V required for conventional electrolysis.  Biocatalysed electrolysis 

processes can be 53 ± 3.5 mol% efficient.  Research into this technique is not yet 

mature, and no scaled-up systems for continuous hydrogen production have been 

published [36].  Thus until more research is carried out the feasibility of this 

technique as a future large scale hydrogen production method is in doubt. 
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Figure 1.4 – Microbial electrolysis cell [37] 

Finally there is photobiological water splitting, which only utilises cyanobacteria or 

algae to produce hydrogen and thus should not be confused with biocatalysed 

electrolysis which uses many microorganisms.  Photobiological water splitting 

occurs when the algae splits the water into hydrogen and electrons during 

photosynthesis.  The main challenge for this method is scaling up, creating 

challenges such as growing enough algae to sustain this type of system [38]. 

Despite the individual advantages and disadvantages of these biohydrogen 

production methods, they all suffer from slow hydrogen production rates [38] and 

until this is addressed these methods cannot be viewed as a future large scale 

hydrogen production method. 

1.2.8 Chemical Looping Water Splitting 

Chemical looping, in general is a solid-gas reaction that is split into separate stages 

or reactors, where the solid intermediates travel between the stages [39].  The solid 

material will reduce and oxidise in a cyclic manner, allowing each stage to be 

sequentially repeated many times.  The term chemical looping was first introduced 

by Ishida, Zheng and Akehata in 1987 [40], however the principle has been around 

much longer.  There are several key reactions that utilise the chemical looping 
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technique, but the main focus of this thesis is the Steam-Iron process for hydrogen 

production.  The Steam-Iron process was invented in 1903 by Howard Lane [41] but 

similar devices were patented by both Lane in 1913 [42] and Anton Messerschmitt in 

1910 [43]. 

Initially the Steam-Iron process was two stage utilising iron oxide as its oxygen 

carrier, see Figure 1.5.  The first stage reduces iron oxide i.e. with carbon monoxide 

and the second reoxidises it in the presence of steam, thereby producing hydrogen 

(equations 1.13 and 1.14 respectively).  This process generally occurs at high 

temperatures (circa. 850
o
C) and at atmospheric pressure.  Carbon monoxide has been 

used as an example as it is the simplest reaction, but alternative reducing agents can 

also be used, including coal, biomass, natural gas and syngas. 

𝐹𝑒3𝑂4 + 4𝐶𝑂 → 3𝐹𝑒 + 4𝐶𝑂2 1.13 

3𝐹𝑒 + 4𝐻2𝑂 → 𝐹𝑒3𝑂4 + 4𝐻2 1.14 

Iron oxide is the conventional oxygen carrier for this process for several reasons.  

Firstly iron oxide is cheap and secondly it has several thermodynamically favourable 

oxidation states that can be exploited [44-46], shown in Table 1.2. 

Table 1.2 – Oxidation states of iron oxide 

Chemical Name Chemical Formula Oxidation State 

Iron Fe 0 

Iron (II) oxide, wüstite FeO +2 

Iron (II,III) oxide, magnetite Fe3O4 +2, +3 

Iron (III) oxide, haematite  Fe2O3 +3 
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Figure 1.5 – Steam-Iron process cycles, a) original two stage cycle, b) modified three stage cycle 

The Steam-Iron process has several key advantages.  Firstly, due to the inherent 

design of this process the fuel and water streams are always kept separated thus it is 

theoretically possible to achieve hydrogen production with very little carbon content.  

This reduces the need for expensive separation steps, such as pressure swing 

adsorption, and allows the carbon dioxide to be easily captured.  Secondly the 

chemical looping design allows for multiple different reduction agents to be used, 

and thirdly iron oxide is a cheap, readily available and thermodynamically 

favourable oxygen carrier, as previously stated. 

However, iron oxide is also prone to agglomeration and thermal sintering over 

repeated cycles [47].  These problems contribute to a continual deactivation of the 

oxygen carrier, requiring it to be replaced on a regular basis.  Furthermore many of 

the reduction reactions, such as those with natural gas, can be highly endothermic, 

requiring additional heat to maintain reaction temperature and promote the forward 

reactions.  This heat is often gain from burning some of the fuel in a separate step 

[48]. 

To overcome the deactivation issues, lots of research has been focused on improving 

the oxygen carrier material (OCM), either through adding a support material or by 

additives [49].  To overcome the need to burn extra fuel, a three stage Steam-Iron 

process was proposed by Chiesa et al. in 2008 [50], and can be seen in Figure 1.5.  

This modified cycle shows that air is used to further reoxidise the iron oxide, thereby 



14 

 

introducing haematite into the cycle and a significant amount of heat, as can be seen 

by the reaction enthalpy of equation 1.15. 

1

2
𝑂2 + 2𝐹𝑒3𝑂4 → 3𝐹𝑒2𝑂3 ∆𝐻1123𝐾 = −267 

𝑘𝐽

𝑚𝑜𝑙
 1.15 

This heat can be integrated into the chemical looping system, in different ways 

dependent on the reactor design, with the aim to making the system autothermal.  

Dependent on the reduction agent used it is also possible to generate heat via this 

method. 

1.3 Objectives 

A main objective of this thesis is to investigate the reaction kinetics of different 

oxygen carrier materials (OCM) at various stages in a packed bed reactor for the 

purpose of producing hydrogen.  Previous work has been carried out to assess the 

feasibility of using perovskite-type materials instead of iron oxide based materials 

[51], thus the OCMs selected for this study were La0.7Sr0.3FeO3-δ (LSF731) and 60 

wt.% iron oxide on alumina (Fe60).  To do this carbon monoxide-and-carbon dioxide 

and hydrogen-and-water mixtures of varying ratios will be used to simulate different 

axial positions in a packed bed reactor.  As it appears that few experiments of this 

kind have been performed previously, close attention will be paid to the challenges 

relating to such an approach. 

Another objective is to develop models which mathematically describe the reaction 

front velocities of LSF731 in a packed bed reactor.  Previous work has been carried 

out to determine the behaviour of iron oxide [52], so this thesis will build on that 

work. 

The final objective is to perform larger scale experiments (grams versus micrograms) 

which more practically examine the performance of LSF731.  These experiments 

will be performed in a packed bed reverse flow reactor (as would be selected in 

industry). 
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Chapter 2 

2. Steam-Iron Process 

2.1 Introduction 

The Steam-Iron process as previously stated is a method for splitting water by 

chemical looping: cyclically reducing and oxidising the oxygen carrier.  As the name 

suggests, the principle oxygen carrier is an iron based oxide.  Cycles generally utilise 

the magnetite and wüstite/metallic iron transition in a two stage reaction system or 

the haematite and wüstite/metallic iron transition in a three stage reaction system 

where air is also introduced, Figure 2.1. 

 

Figure 2.1 – Iron oxide transitions 

This process was invented by Howard Lane in 1903, but since then many names have 

been used to describe essentially the same basic process.  These names include the 

cyclic water-gas shift process and sponge-iron process.  Over the years many 

different arrangements have be developed for these reactions and several patents 

were granted in the mid-20
th

 century for modifications to the original Steam-Iron 

process. 

In addition to the Steam-Iron process this chapter will also discuss other methods of 

hydrogen production via chemical looping such as combined chemical looping and 

calcium looping.  In this process methane reacts with water to produce carbon 
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dioxide and hydrogen in the presence of a nickel based oxide.  The calcium oxide 

then reacts with the carbon dioxide in the product stream to form solid calcium 

carbonate, theoretically leaving pure hydrogen. 

2.2 Background 

Howard Lane is believed to be the first to develop a working system for the now 

named Steam-Iron process in 1903 with the invention of the Lane Hydrogen 

Producer [41, 53].  It was Anton Messerschmitt in 1911 who gave the process its 

name [44, 54] when he defined it as a chemical looping process which used steam as 

an oxidiser and reducing agents such as carbon monoxide, syngas or methane to 

continually oxidise and reduce iron oxide. 

Messerschmitt patented further improvements and modifications to this process from 

1910 to 1917, all within a fixed bed reactor with periodic switching between 

reduction and oxidation.  These improvements include: 

1. Using spongy iron, as it had superior stability during repeated cycling and a 

greater surface area due to high porosity [43]. 

2. Adding carrier materials to the iron oxide such as clay or a mixture of 

asbestos fibres and water, forming pellets, to allow for increased stability, 

thermal conductivity and to reduce solids fusing to the apparatus walls [55]. 

3. Additives such as cobalt, nickel and manganese offer increased resistance to 

sintering and protection against carbon deposition.  Manganiferous iron 

oxides were found to perform best as they readily reduce, increasing porosity, 

and were unable to sinter [56]. 

4. Adding small amounts of air to the reduction gases to create heat internally 

from a combustion reaction.  Additional heat is produced by combusting the 

unreacted gases in a post-reaction combustion chamber.  This combustion 

chamber is situated in a column inside the reactor bed, thus heat is transferred 

to the bed via radial heat exchange [57]. 

5. Layering the spongy iron oxygen carrier in a column so that the heat of 

combustion generated in the lower layers rises to heat the upper layers before 
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reduction occurs.  Additional insulation is to be used to reduce heat loss by 

radiation [58]. 

6. Reactor design modifications that allow for improved heating, namely 

eliminating overheating and uneven heating [59-61]. 

Charles E. Parsons in 1928 patented a “Process of Making Substantially Pure 

Hydrogen” [62], which became the first to allow continuous production of hydrogen 

by a circulating solid.  Parsons’ design used gravity to first pass a preferably high 

purity iron oxide solid through a reduction chamber then an oxidation chamber 

stacked immediately below it.  A mechanical elevator continually transfers the 

oxidised material back to the top of the reactor to begin the process again.  The 

chemical reactions occurring in Parsons’ process are as follows: 

𝐹𝑒𝑂 + 𝐶𝑂 ⇌ 𝐹𝑒 + 𝐶𝑂2 2.1 

𝐹𝑒 + 𝐻2𝑂 ⇌ 𝐹𝑒𝑂 + 𝐻2 2.2 

In 1939 Walton H. Marshall Jr. patented the “Production of Hydrogen by the High 

Pressure Iron Process” [54].  Like Parsons’ process, Marshall used gravity to transfer 

the iron through the oxidation reactors to produce hydrogen by splitting water.  

Marshall’s process is pressurised prior to these reactors however.  Only once the 

desired pressure is reached, by addition of hydrogen into the closed system, is the 

iron allowed to enter the water-splitting reactors.  The exiting iron oxide is then 

transferred horizontally to the reducing furnace by a conveyor belt.  Within this 

furnace the iron oxide is reduced to iron by a mixture of natural gas and air, forming 

water and carbon dioxide, before being transported to the top of the water-splitting 

reactors again. 

Homer C. Reed and Clyde H. O. Berg patented the “Hydrogen Process” in 1953 [63] 

which included three circulating fluidised bed reactors.  This process was developed 

to combat the problem of carbon deposition and carbide formation on the oxygen 

carrier, which subsequently contaminated the hydrogen product gas with carbon 

monoxide and other hydrocarbons.  In order to achieve this Reed and Berg 

introduced an additional air oxidation step after the reduction step.  They used this air 
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to only burn off the carbon deposits, leaving the carbon free iron oxide to be oxidised 

by water to form pure hydrogen.  

Rudolph L. Hasche patented “Manufacture of Hydrogen” in 1953 [64].  This patent 

outlined the reduction of iron oxide by gases (mainly carbon monoxide) containing 

10-15 mol% hydrogen.  This avoided significant carbon deposition which would 

have affected the product hydrogen purity during oxidation.  Hasche also claimed 

that this method yielded higher concentrations of hydrogen (>85%) compared to 

previous methods (40-50%). 

Charles H. Watkins patented “Hydrogen Manufacture” in 1962 [65].  In this system 

two separate chemical looping processes were coupled together.  Both systems 

allowed iron oxide to circulate between their respective reduction and oxidation 

reactors, but no solids were allowed cross between the two systems.  In the first 

system, methane was used to reduce the oxygen carrier, freely allowing carbon 

deposits which would be removed subsequently during an air oxidation.  The syngas 

produced during this first reduction was then used as the reduction gas in the second 

system.  In this step no carbon was deposited, thus allowing production of 

contaminant free hydrogen during the water oxidation step. 

In 1969 Homer E. Benson patented “Method for Production of a Mixture of 

Hydrogen and Steam” [66] in which he devised a dual system to produce methane 

and hydrogen.  Firstly carbonaceous fuel (such as coal, lignite or oil) is gasified by a 

mixture of steam and hydrogen to produce char.  This char is then reacted with air 

and steam to produce a gaseous mixture (Table 2.1) which was then fed counter-

current to the downward flowing iron oxide in the first reducer reactor.  The reduced 

iron then flows to the first oxidiser to react with steam.  The steam and hydrogen 

mixture produced here supplies a hydrogasifier and purified to remove carbon 

dioxide, hydrogen sulphide and organic sulphur.  The remaining hydrogen and 

carbon monoxide mixture is finally sent to a methanation reactor. 

Meanwhile the spent gas from the first reducer reactor is sent to react with char and 

air to enrich the gas for reuse in a second set of iron oxide reducer and oxidiser 

reactors in the same manner as described above. 
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Table 2.1 – Gas compositions for fresh gas to the iron oxide reducer, spent gas after the iron oxide reducer 

and ungraded gas after enrichment of spent gas 

 Fresh Gas (%) Spent Gas (%) Upgraded Gas (%) 

Carbon 

Monoxide 
22.0 8.2 26.5 

Carbon Dioxide 6.0 19.8 7.2 

Hydrogen 20.4 8.9 11.1 

Water 9.5 21.0 5.2 

Methane 2.3 3.3 3.9 

Hydrogen 

Sulphide 
0.2 0.2 0.3 

Nitrogen 39.6 38.6 45.8 

 100 100 100 

Jack Huebler et al. patented “Production of Hydrogen via the Steam-Iron Process 

Utilizing Dual Solids Recycle” in 1969 [67].  They devised a dual solids system 

which allowed the reduction and oxidation of iron oxide in two separate steps, where 

the solids circulated top to bottom within each Steam-Iron process where not allowed 

to mix with the other.  In the first system iron oxide transitions between wüstite and 

metallic iron, while in the second iron oxide transitions between magnetite and 

wüstite.  Syngas first enters the reduction reactor in the first system then the second, 

while water enters the oxidation reactor of the second system first then the first.  

Both systems are operated with counter-current flow.  This design allows hydrogen 

and carbon dioxide/water to be produced separately and continuously at 

approximately equilibrium conversion. 

James L. Johnson in 1971 patented the “Continuous Steam-Iron Process” [68].  In his 

system he uses finely divided carbonaceous solids to reduce the iron oxide and then a 

subsequent counter-current reaction with more carbonaceous solids and steam to 

produce methane from the resultant gas mixture.  The whole process proceeds by 

continually circulating iron oxides, first by air to the top of the reactor where it falls 

through the reduction zone then the oxidation zone. 
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2.3 Reactor Design 

2.3.1 Packed Beds 

As can be seen from the early work into the Steam-Iron process, the original reactor 

design was a packed bed system.  This allowed only periodic reduction and oxidation 

of the stationary oxygen carrier, and subsequently continuous production of 

hydrogen could not be achieved by one reactor alone. 

 

Figure 2.2 – a) Co-current flow and b) counter-current flow configurations through a fixed bed reactor 

Heidebrecht et al. (2008) performed a conceptual study of the Steam-Iron process in 

a fixed bed reactor operated in either co-current or counter-current flow 

configurations as illustrated in Figure 2.2 [69].  Their models showed that co-current 

flow systems were more prone to OCM deactivation and poor utilisation of the 

reduction gas.  The counter-current flow system on the other hand was found to be 

more efficient and suggest the use of shorter cycle durations to further improve 

performance. 

In a later study by Heidebrecht and Sundmacher (2009) they further highlight the 

complexity of packed bed reactors of the Steam-Iron process [52].  Due to the 

thermodynamics of iron oxide, the producible mole fraction of hydrogen is 

dependent on the oxidation state of the solid.  Also, as the reactant gases have 

significantly lower densities than the solids they pass through, there is a difference in 

the gas velocity and reaction front velocity when phase changes occur.  This leads to 

independent reaction fronts for each phase change moving through the bed.  
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Heidebrecht and Sundmacher propose that these fronts are sharp if the kinetics are 

fast and would move through the bed reducing/oxidising the bulk solid in steps. 

Several dual reactor systems have been designed to allow continuous hydrogen 

production, and fundamentally they rely on two identical fixed bed reactors with gas 

supplies connect via alternating valves (Figure 2.3).  This way the reactors can be 

switched between reduction and oxidation simultaneously whenever the hydrogen 

production rate drops below acceptable levels. 

 

Figure 2.3 – Dual fixed bed reactors for continuous hydrogen production via the Steam-Iron process 

2.3.2 Circulating Fluidised Beds 

A circulating fluidised bed allows the solid OCM to travel between two (or three) 

distinct reactors.  In the simple illustration in Figure 2.4 both a two and three reactor 

system are shown.  Generally the reduction reactor, often called the riser, is of a 

smaller diameter and uses a high flowrate of reduction gas to fluidise the OCM, 

which eventually leave the reduction reactor at the top.  The OCM then fall by 

gravity through the subsequent water (and air) oxidation reactor.  To ensure each 
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reactor only allows the OCM to exit, cyclone separators and loop-seals are used [70, 

71]. 

 

Figure 2.4 – Circulating fluidised bed reactor system for a) two-stage or b) three-stage Steam-Iron process 

The most obvious advantage to circulating fluidised beds is the ability to continually 

produce hydrogen at a constant rate.  As the OCM is theoretically well mixed within 

each reactor, there is no significant oxygen gradient (of the OCM) in the reactor, 

allowing stable product mole fractions.  However, circulating fluidised bed reactors 

are more difficult to operate and model than the simpler packed bed reactors. 

2.4 Reducing Agents 

2.4.1 Carbon Monoxide 

Carbon monoxide is widely used as the reducing agent in literature due to its reaction 

simplicity.  Carbon monoxide only forms carbon dioxide when oxidised in the 

presence of oxygen at sufficiently high temperatures (>700°C).  At temperatures 

below 700°C when oxygen is not freely available however, the Boudouard reaction 

(equation 2.3) is thermodynamically favourable [72, 73]. 
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2𝐶𝑂(𝑔) ⇌ 𝐶𝑂2 (𝑔) + 𝐶(𝑠) 2.3 

Mondal et al. (2004) specifically studied the Boudouard reaction and formation of 

iron-carbide in relation to the reduction of iron oxide.  Figure 2.5 shows the Gibbs 

free energy of certain reactions with iron oxide against temperature.  This 

thermodynamically shows that operating at a temperature greater than 750°C not 

only reduces the likelihood of carbide formation and carbon deposition but also 

increases the ease of reducing haematite into magnetite and wüstite with carbon 

monoxide.  Gasior et al. (1961) [72] previous found by experimental means that 

increasing the reaction temperature, carbon deposition can be reduced. 

 

Figure 2.5 – Gibbs free energies vs. temperature for iron oxide reductions with carbon monoxide, the 

Boudouard reaction and carbide formation [73] 

Dong et al. (2012) studied the reduction of iron oxide supported on alumina using 

carbon monoxide [74].  They confirm the findings of Gasior et al. and further show 

that found that increasing temperature between 720°C and 930°C increases that 

reactivity of the OCM. 
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Bohn et al. (2010) studied the reduction of iron oxide by a mixture of carbon 

monoxide and carbon dioxide [75].  They added 15 vol. % of carbon dioxide to the 

feed of carbon monoxide in order to prohibit the reduction of iron oxide to metallic 

iron, indicating that this may improve the reactive stability of the iron oxide in 

comparison to using pure carbon monoxide feeds. 

Carbon monoxide is not used as a reducing agent industrially however as it is often 

derived from syngas, which is a mixture of carbon monoxide and hydrogen.  As 

syngas itself can be used as a reduction gas, there is little benefit to be gained from 

separating the carbon monoxide.  Thus carbon monoxide is limited to laboratory use. 

2.4.2 Syngas 

Syngas can be produced from the gasification of coal or biomass (known as bio-

syngas) [76, 77], or by partial oxidation of natural gas.  Several works have been 

carried out successfully using syngas as the reducing agent in the Steam-Iron process 

[78-80]. 

Syngas produced by gasification may contain impurities such as hydrocarbons, tars 

and sulphur compounds.  These impurities are often removed by further processing 

but studies have been performed to discover their effect on the Steam-Iron process.  

Huebler et al. found that by adding small concentrations (0.1-0.5%) of hydrogen 

sulphide to syngas was beneficial to the process.  The hydrogen sulphide was 

believed to inhibit the formation of carbon, which would otherwise have decreased 

the reactivity of the OCM [67]. 

Hacker et al. (2000) [45] measured the effect of hydrogen chloride contaminants in 

syngas produced from the gasification of biomass.  They found that hydrogen 

chloride transferred to the oxidation step was virtually all removed by the steam.  

They also found that the hydrogen chloride did not affect the purity of the gaseous 

hydrogen product as all of the hydrogen chloride was retained by the condensed 

water. 
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Müller et al. (2011) [79] studied the use of syngas produced from the gasification of 

coal as a reducing agent.  They found that the contaminants found in the syngas did 

not adversely affect the cyclic stability of OCM. 

2.4.3 Coal 

Gnanapragasam et al. (2009) [81] carried out a theoretical study using Aspen Plus to 

compare a process using coal directly to reduce iron oxide or by coal converting the 

coal to syngas first.  An obvious benefit is removing the gasification reactor along 

with other units needed to produce the equivalent amount of hydrogen from the same 

raw materials.  However, this is at the cost of reduced solids handling of the solid-

solid coal and iron oxide mixture.  Experimental studies have also been carried out 

with direct coal feeds for iron oxide reduction.  Yang et al. (2008) studied 5 different 

types of char produced from a low-rank Chinese coal called Baorixile Lignite [82].  

Each char was impregnated with different weight percentages of either potassium or 

calcium and compared to the pure char.  They found that adding potassium to the 

char was beneficial and the highest potassium loading (10 wt.%) achieved the highest 

fuel conversions. 

2.4.4 Biomass 

Biomass can be used as a reducing agent by gasification into biomass, or by 

conversion into pyrolysis oil.  Pyrolysis oil is produced by the fast pyrolysis process, 

which can yield 65-75 wt.% from solid biomass.  A benefit of using pyrolysis oil is 

that it has a higher volumetric energy density of 20 GJ/m
3
 compared to 4 GJ/m

3
 for 

solid biomass [83, 84]. 

2.4.5 Natural Gas 

Methane is the main component of natural gas.  Methane has many redox pathways 

with iron oxide, as depending on the methane to iron oxide ratio, either full or partial 

oxidation of methane can occur (equations 2.4-2.9) [85]. 
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Full oxidation:  
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Partial oxidation:  

1

3
𝐶𝐻4 +  𝐹𝑒2𝑂3

 
→

1

3
𝐶𝑂 +

2

3
𝐻2 +

2

3
𝐹𝑒3𝑂4 2.7 

2

3
𝐶𝐻4 +  

2

3
𝐹𝑒3𝑂4

 
→

2

3
𝐶𝑂 +

4

3
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2.8 

2𝐶𝐻4 +  2𝐹𝑒𝑂
 

→ 2𝐶𝑂 + 4𝐻2 + 2𝐹𝑒 2.9 

Carbon deposition can be a significant problem when using methane as a reducing 

agent as studies have shown that catalytic methane decomposition can occur with 

certain iron oxide phases.  Go et al. (2009) [86] performed a feasibility study for the 

production of pure hydrogen from a two-step steam methane reforming process.  

They found that methane decomposition (equation 2.10) can occur mildly in the 

presence of magnetite and more strongly with increasing concentrations of wüstite.  

Ermakova et al. (2001) [87] purposefully used iron oxide to decompose methane.  

Their work also confirmed the findings of Go et al. and also found that the metallic 

iron induced the highest amount of methane decomposition.  As a result hydrogen 

produced during the water-splitting step is likely to be contaminated with carbon 

monoxide (formed in a side reaction with water and carbon deposits). 
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𝐶𝐻4 (g) → C(s) + 2H2 (g) 2.10 

2.4.6 Alternative Fuels 

Residual oil is the general classification used for heavy oils (low-grade) left over 

after the distillation of petroleum.  Residual oil thermal cracking is performed over 

magnetite, depositing carbon and forming usable oil and gas.  The magnetite is 

cycled between this reactor and a regenerator reactor which uses air to remove the 

carbon deposits and reduce the magnetite to wüstite.  The wüstite is transported back 

to the cracking reactor where it simultaneously produces hydrogen from steam [88].  

However, deactivation of the iron oxide is noted in as little as 5 cycles, severely 

affecting the amount of hydrogen produced.  It is thought that thermal sintering; 

metal deposits or low reactivity compound formation is to blame. 

In many people’s opinion eliminating reliance on carbonaceous fuel and switching to 

solar energy as a means of reduction in the Steam-Iron process is the ultimate goal.  

Steinfeld et al. (1998) performed a design study for a two-step Steam-Iron process 

using solar energy as the reduction agent [89].  They highlight the main challenge as 

producing a solar reactor capable of efficiently concentrating enough solar energy to 

reach temperatures capable of magnetite decomposition (1827-2227°C). 

 

Figure 2.6 – Simplistic schematic of a two-step water splitting process using iron oxide [89] 
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Abanades and Villafan-Vidales (2011) [90] experimentally investigated the reduction 

of iron oxide using concentrated solar energy.  They successfully decomposed 

magnetite at temperatures between 1400-1600°C and subsequently reoxidised the 

wüstite formed.  They were limited to batch operation, however, and did not 

comment on the thermal efficiencies of the process. 

2.5 Other Chemical Looping Processes 

Chemical looping combustion is generally a two stage process where a metal oxide 

(most often nickel oxide) is used to either fully or partially reduce a carbonaceous 

fuel (Figure 2.7) for power generation. 

 

Figure 2.7 – General schematic showing chemical looping combustion for either full or partial combustion 

of fuel [91] 

Partial oxidation of methane, often known as chemical looping reforming, is 

preferable for syngas production.  This syngas can be used to synthesise many useful 

products such as long chain hydrocarbons or alcohols through Fischer-Tropsch 

reactions [92]. 

 

Figure 2.8 – Process steps for combined chemical looping with calcium looping for hydrogen production 
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In order to produce pure hydrogen, the chemical looping reforming process must be 

coupled with a separation process like calcium looping.  In this combined process the 

methane is partially oxidised (equation 2.11) in the presence of water, allowing the 

water-gas shift reaction to occur (equation 2.12).  This converts the carbon monoxide 

to carbon dioxide and increases the mole fraction of hydrogen.  This mixture reacts 

with calcium oxide (calcia) producing calcium carbonate to remove the carbon 

dioxide (equation 2.13), and keeps the water-gas shift moving in the forward 

direction.  The calcia can be regenerated by applying heat, releasing a pure stream of 

carbon dioxide fit to be stored, as shown in Figure 2.8. 

𝐶𝐻4 + 𝑁𝑖𝑂 ⟶ 𝐶𝑂 + 2𝐻2 + 𝑁𝑖 2.11 

𝐶𝑂 + 𝐻2𝑂 ⇌ 𝐶𝑂2 + 𝐻2 2.12 

𝐶𝑂2 (𝑔) + 𝐶𝑎𝑂(𝑠)
 

→ 𝐶𝑎𝐶𝑂3 (𝑠) 2.13 

Harrison (2008) reviewed the previous work on carbon dioxide sorption for enhanced 

hydrogen production [93].  In this review he covers the use of calcium based sorbents 

comprehensively and highlights the necessity that the sorbent comes from an 

inexpensive precursor such as limestone or dolomite.  Additional work has been done 

to identify alternative sorbents such as hydrotalcite, potassium carbonate promoted 

lithium zirconates and silicates, magnesium oxide, barium oxide and strontium oxide 

[93-95]. 

2.6 Summary 

The Steam-Iron process was developed in the early 20
th

 century by Howard Lane and 

Anton Messerschmitt in which iron oxide is cyclically oxidised by steam and 

reduced by carbonaceous agents in a fixed bed reactor.  Since then there have been 

several modifications, including the development of circulating fluidised beds that 

allow the oxygen carrier to move between distinct reduction and oxidation reactors.  

Several modifications to the oxygen carrier were developed and the range of 

reducing agents expanded from solely carbon monoxide to include syngas, natural 

gas, coal, biomass and solar energy.  By doing so, the reaction enthalpy can be 
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endothermic overall, prompting the use of air to further reoxidise the OCM and add 

heat to the system. 
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Chapter 3 

3. Oxygen Carrier Materials 

In this chapter a review of two primary oxygen carriers, iron oxide based and iron-

containing perovskites, for the production of hydrogen is presented.  In the Steam-

Iron process iron oxide is generally used as the OCM.  This is due to its low cost and 

multiple stable oxidation states.  Iron oxide suffers cyclic stability issues and thus 

iron-containing perovskites have been proposed for their ability to transport oxygen 

without a phase change. 

3.1 Properties of Good Oxygen Carrier Materials 

Oxygen carriers used in chemical looping systems are often subjected to harsh 

operating conditions, including highly reducing atmospheres, high temperatures and 

aggressive cycling.  As a result there are desired characteristics, proposed by Rydén 

et al. (2008) [96], which a potential OCM must: 

 Have high reactivity with fuel and oxygen 

 Be thermodynamically favourable 

 Have low tendency towards fragmentation, attrition, agglomeration and other 

kinds of mechanical or thermal degeneration 

 Not promote extensive formation of solid carbon in the fuel reactor 

 Be cheap and preferably environmentally sound 

3.2 Iron Oxide 

Iron oxide has been the preferred OCM for the Steam-Iron process since its advent in 

1903.  This is partly due to its low cost, making it particularly attractive 

economically, especially when compared with other OCMs like nickel and copper 

[97].  However, iron oxide does not exist in its pure form naturally.  Iron ore, 
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although predominantly iron oxide, also contains silica, alumina, calcia and traces of 

other metals, depending on its source.  Sponge iron, also known as direct reduced 

iron (DRI), comes from the direct reduction of iron ore. 

Iron oxide can exist in several oxidation states, but those thermodynamically stable 

for unsupported iron oxide are: haematite (Fe2O3), magnetite (Fe3O4), and wüstite 

(FeO).  Each phase is possible under certain gas atmosphere conditions and 

temperature.  However, wüstite can be iron-deficient, resulting in an iron/oxygen 

ratio of less than one, typically between 0.9-1 [98, 99].  Unless stated otherwise in 

this thesis, wüstite with a 1:1 ratio is assumed. 

3.2.1 Thermodynamics 

Thermodynamic analysis can provide very useful information about reactions 

including: theoretical optimum temperatures to avoid side reactions and the 

theoretical maximum yields of products.  This information can be obtained from 

phase diagrams generated from the equilibrium constants of each reaction at different 

temperatures. 

The change in Gibbs free energy (∆𝐺) is used to determine the feasibility of a given 

reaction.  Negative Gibbs free energies indicate that a reaction can occur easily under 

the specified conditions while positive Gibbs free energies suggest reactions will be 

less likely to occur: 

∆𝐺 = ∆𝐻 − 𝑇∆𝑆 3.1 

Where ∆𝐺 is the change in Gibbs free energy (kJ/mol), ∆𝐻 is the change in enthalpy 

(kJ/mol), ∆𝑆 is the change in entropy (kJ/molK) and 𝑇 is the reaction temperature 

(K). 

Svoboda et al. (2007) [98] outline the procedure for calculating equilibrium 

constants in detail for gaseous reactions.  A general expression showing chemical 

equilibrium of a gas-solid reaction is shown in equation 3.2: 

𝑎𝐴(𝑠) + 𝑏𝐵(𝑔) ⇌ 𝑐𝐶(𝑠) + 𝑑𝐷(𝑔) 3.2 
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Where lower case letters signify the molar stoichiometry and upper case letters 

signify the chemical species.  This expression can be characterised by the 

equilibrium constant, 𝐾𝑒𝑞, as shown in equation 3.3: 

𝐾𝑒𝑞 =
{𝐶(𝑠)}

𝑐
{𝐷(𝑔)}

𝑑

{𝐴(𝑠)}
𝑎

{𝐵(𝑔)}
𝑏 3.3 

The curly brackets denote the thermodynamic activity of each chemical species.  

This expression can be used when at low pressures and higher temperatures (where 

gases are far from critical points) and the thermodynamic activity of the solid species 

are considered to be one. 

From this the Gibbs free energy at equilibrium can be calculated, or conversely the 

equilibrium constant for a certain set of conditions (temperature and pressure) can be 

found using the universal gas constant, 𝑅, in the following expression: 

∆𝐺 = −𝑅𝑇 ln 𝐾𝑒𝑞 3.4 

The equilibrium constants derived from equation 3.4 can be used to produce phase 

diagrams.  The Baur-Glaessner diagram is the phase diagram for iron/iron oxide in 

mixtures of hydrogen and water or carbon monoxide and carbon dioxide at varying 

temperatures.  This diagram (Figure 3.1) was taken from Bleeker et al. (2007) [83] 

and can be very useful in determining the ultimate oxidation state of iron oxide under 

specific gas compositions and temperature.  Additionally it allows insight into 

potential control mechanisms for Steam-Iron reactions.  For example, an equimolar 

feed mixture of carbon monoxide and carbon dioxide at temperatures greater than ≈ 

600°C will limit the reduction of iron oxide to wüstite (Fe0.945O), and completely 

avoid the formation of iron.  This can have benefits like improving stability, as seen 

by Bohn et al. (2008) [46], or reducing the prevalence of the Boudouard reaction, 

discussed in Section 2.4.1 Carbon Monoxide. 

Other important features to note from the Baur-Glaessner diagram are that the 

haematite phase does not appear.  This is because haematite cannot exist in the 

presence of a water/hydrogen ratio of less than 5 × 104 [46].  Thus in order to form 
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haematite, iron oxide requires air or oxygen as an oxidation agent.  This can only be 

achieved during a three stage Steam-Iron process.  Additionally the 𝐶𝑂/(𝐶𝑂 + 𝐶𝑂2) 

equilibrium for reaction between haematite and magnetite is very low over the entire 

temperature range shown, typically less than 0.1%, so it is not shown [100]. 

 

Figure 3.1 – Baur Glaessner phase diagram [83] 

Additionally, Figure 3.1 shows that below ≈ 565°C wüstite is not likely to exist.  

This has been verified by thermodynamic studies that show temperatures below 

567°C cause instability in wüstite [98, 101-103]. 

3.2.2 Kinetics 

The majority of reactions for chemical looping water splitting, and all the reactions 

presented in this thesis, are gas-solid reactions.  Thus this discussion of kinetic 

studies and models has been limited to gas-solid systems only. 

3.2.2.1 Theory 

The following steps describe the general reaction pathway for gaseous molecules in a 

gas-solid reaction, likely experienced in chemical looping systems [104], illustrated 

in Figure 3.2: 

(i) Gas moves from the bulk gas phase to the surface of the OCM 
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(ii) Diffusion through the pores of the solid matrix to the surface of an 

unreacted core 

(iii) Adsorption of the gas molecule on to surface. 

(iv) Reaction between adsorbed molecules and the solid phase 

(v) Gaseous products desorb and return to the bulk gas phase via steps (i) and 

(ii) 

 

Figure 3.2 – Schematic representation of the reaction pathway in a solid-gas reaction 

However, this list is very simplistic.  Each stage in this process has its own kinetics, 

which are affected by reaction and operating conditions, which can influence the 

overall rate of reaction.  If a simple non-reversible gas-solid reaction (𝑔𝑎𝑠 +

𝑠𝑜𝑙𝑖𝑑 → 𝑝𝑟𝑜𝑑𝑢𝑐𝑡) is considered (as in [102]) then the reaction rate can be expressed 

simply as: 

𝑟𝑎𝑡𝑒 =
−[𝑔𝑎𝑠]

𝑑𝑡
= 𝑘[𝑔𝑎𝑠]𝑛 3.5 

Where [𝑔𝑎𝑠] is the gas concentration, 𝑛 is the reaction order, 𝑡 is time and 𝑘 is the 

rate constant.  Generally rate constants are determined by the Arrhenius equation: 

𝑘 = 𝐴𝑒−
𝐸𝑎
𝑅𝑇 3.6 

Where 𝐴 is the pre-exponential factor and 𝐸𝑎  is the activation energy.  If 𝛼 is the 

solid conversion then the reaction rate can be re-written as a function of solids 

conversion: 
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𝑑𝛼

𝑑𝑡
= 𝑘𝑓(𝛼) = 𝑘(1 − 𝛼)𝑛 3.7 

More complicated kinetic expressions have also been developed.  Cunningham and 

Calvelo [105] use the following reaction as an example (equation 3.8).  They 

highlight the difference between solid-gas systems where the solid is a catalyst, and 

thus does not change during the reaction, and non-catalytic reactions where the solid 

does change.  It should be noted also that the effect of reaction order is more 

important in non-catalytic solid-gas reactions, as the gaseous reactants must diffuse 

through a product layer before reaching the reactive site [106].  Cunningham and 

Calvelo particularly focus on the surface changes that occur, and try to incorporate 

these into the reaction rate expression. 

𝐴(𝑔) + 𝑏𝐵(𝑠) → 𝑐𝐶(𝑔) + 𝑑𝐷(𝑠) 3.8 

𝑟𝐴 = 𝑘𝑒𝐶𝐵
𝑚𝐶𝐴

𝑛
 3.9 

Where 𝑟𝐴 is the rate of disappearance of species A, 𝑘𝑒 is the effective reaction rate 

constant per unit volume defined as: 

𝑘𝑒 =
𝑘′𝑆𝑣0

𝐶𝐵0
𝑚  3.10 

Where 𝑘′
 is the reaction rate per unit surface, 𝑆𝑣  is the surface area of B per unit 

volume, subscript 0 denotes initial conditions and 𝑚 is defined by the gas volume 

fraction, 𝜀: 

𝑚 = (1 − 𝜀) 3.11 

Reversible reactions add another level of complexity which is well described by 

Baasel and Stevens [107].  They use a reaction between a gas and solid to form one 

solid product to demonstrate their model. 

𝐴(𝑔) + 𝐵(𝑠) ⇌ 𝑅(𝑠) 3.12 
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They develop a rate expression based on partial pressure at the solid surface, 𝑃𝐴
′, and 

mole fraction 𝑥, of solid where 𝑘′ is the reverse reaction rate constant: 

𝑟𝐴 = 𝑘𝑃𝐴
′𝑥𝐵 − 𝑘′𝑥𝑅 3.13 

Baasel and Stevens note that the partial pressure of A at the surface of the solid is 

likely to be lower than the partial pressure of A in the bulk.  This pressure difference 

is required to ensure diffusion of gas from the bulk to the solid surface.  In low 

pressure systems where the ideal gas law is valid, the partial pressure of A at the 

surface can be written as a proportional fraction of the total pressure of the system.  

Further simplifications can be made to the rate expression when the reaction is far 

removed from equilibrium.  In such cases the reverse reaction can be considered 

negligible, and removed, leaving the following: 

𝑟𝐴 = −
𝜕𝑥𝐵

𝜕𝑡
= 𝑘𝛿𝑦𝐴𝑃𝑥𝐵 3.14 

Baasel and Stevens go further and use the rate expression to model a cross section of 

thickness 𝑧 in a gas-solid reaction. 

𝐺
𝜕𝑦𝐴

𝜕𝑧
=

𝜕𝑥𝐵

𝜕𝑡
− 𝜌𝐺𝜀

𝜕𝑦𝐴

𝜕𝑡
 3.15 

Where 𝐺 is the gas flowrate and 𝜌𝐺  is the bulk gas density.  In systems that have 

steady gas flow and low voidage, the last term can be neglected.  Though in typical 

chemical looping systems, this is not the case. 

3.2.2.2 Kinetic Models 

There are several sophisticated kinetic models that can be applied to chemical 

looping systems.  These range from single particle models, including shrinking core, 

crackling core and nucleation models, to multi-particle models for porous and non-

porous materials. 

One of the simplest models is a shrinking unreacted core model.  In these models the 

unreacted core decreases in size as the reaction proceeds, while it depends on the 
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relative densities of the solid reactant and product whether the overall particle size 

changes.  The reaction front is at the product and core interface, and the reaction can 

only go to completion if the product layer allows reactant/product gas to permeate 

in/out respectively [106, 108-110]. 

 

Figure 3.3 – Schematic of a shrinking unreacted core for a solid-gas reaction 

Alamsari et al. [111] and Parisi and Laborde [112] both use a shrinking core models 

to study the reduction of sponge iron (DRI).  Both studies modelled counter current 

moving bed reactors.  In their models they consider reversible reactions between iron 

oxides and feeds of carbon monoxide and hydrogen.  In the study by Parisi and 

Laborde a shaft furnace reactor of the MIDREX
®
 process was modelled and results 

were compared to data from two real reactors.  Whereas Alamsari et al. developed a 

model incorporating heat transfer as well as methane reforming and water-gas shift 

reactions that may occur depending on the reduction gas purity.  As the bed is 

moving, they consider the effect of both the gas and solid velocities on the respective 

concentrations with respect to position in the reactor. 

Despite formulating a full set of diffusion and reaction control expressions, Alamsari 

et al. ignore the concentrations of wüstite and magnetite in the reaction equation of 

the final model, as they note that the concentrations of these phases are low 

compared to haematite.  They argue that the reaction kinetics equation is only a small 

component of the whole model and will have little effect on the overall result.  

Although this explanation may be valid under certain conditions, the reason for 

omitting this information is not apparent, as the validity of this approach is unknown 

for strongly reducing systems, where the concentrations of wüstite and magnetite 

would be significant.  Additionally, studies by other researchers have shown that 

diffusion through the outer film and product layers are not likely to be the rate-
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controlling steps, making the reaction kinetic expressions particularly important 

[113]. 

Aguilar et al. [114] developed a model for the behaviour of iron ore in a fixed bed.  

They only investigate reduction conditions, but despite this their study is very robust.  

They vary the quality of the reduction gases used, meaning that they use different 

mixtures of hydrogen and water and mixtures of carbon monoxide and carbon 

dioxide to reduce between haematite and magnetite, magnetite and wüstite, and 

wüstite and iron.  They studied three different temperatures (750
o
C, 850

o
C, and 

950
o
C) and included the effects of different gas-gas reactions such as methane 

reforming and the water gas shift reaction. 

The main results from the study by Aguilar et al. are shown in Table 3.1 and Table 

3.2.  The model was verified by experimental data obtained by testing with an iron 

ore with 67.15 mol% iron content.  The rest of the iron was made up of calcia, silica, 

alumina and magnesia.  

Table 3.1 – Reaction rate constants for the reduction of iron oxide in carbon monoxide or hydrogen [114].  

Subscripts represent (1) reduced to: m = magnetite, w = wüstite, f = iron and (2) reduced by 

carbon monoxide or hydrogen. 

 Carbon Monoxide Hydrogen 

𝐹𝑒2𝑂3 → 𝐹𝑒3𝑂4 
𝑘𝑚,𝐶𝑂 = 9𝑒(−

49884
𝑅𝑇

)
 𝑘𝑚,𝐻2

= 45𝑒(−
49884

𝑅𝑇
)
 

𝐹𝑒3𝑂4 → 𝐹𝑒𝑂 
𝑘𝑤,𝐶𝑂 = 0.072𝑒

(−
21616

𝑅𝑇
)
 𝑘𝑤,𝐻2

= 0.036𝑒
(−

21616
𝑅𝑇

)
 

𝐹𝑒𝑂 → 𝐹𝑒 
𝑘𝑓,𝐶𝑂 = 0.036𝑒(−

21616
𝑅𝑇

)
 𝑘𝑓,𝐻2

= 0.18𝑒(−
21616

𝑅𝑇
)
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Table 3.2 – Reaction rate expressions for the reduction of iron oxide gaseous mixtures [114].  Subscripts 

represent (1) reduced to: m = magnetite, w = wüstite, f = iron and (2) reduced by i, in mixture of 

i and j.  K is the equilibrium constant, p is the partial pressure and R is the reduction degree. 

 Reduction rate expression 

𝐹𝑒2𝑂3 → 𝐹𝑒3𝑂4 𝑟 = 𝑘𝑚,𝑖𝜌𝐺𝑝𝑖(1 − 𝑅𝑚) 

𝐹𝑒3𝑂4 → 𝐹𝑒𝑂 𝑟 = 𝑘𝑤,𝑖𝜌𝐺(𝑝𝑖 − 𝐾𝑚𝑤,𝑖𝑝𝑗)
𝑅𝑚−𝑅𝑤

1+𝐾𝑚𝑤,𝑖
  

𝐹𝑒𝑂 → 𝐹𝑒 𝑟 = 𝑘𝑓,𝑖𝜌𝐺(𝑝𝑖 − 𝐾𝑤𝑓,𝑖𝑝𝑗)
𝑅𝑤−𝑅𝑓

1+𝐾𝑤𝑓,𝑖
  

Aguilar et al. reported good agreement between their model and experimental results.  

However, as only two thirds of the solid content is iron oxide it is likely that the 

other compounds will be affecting the rate constants derived.  For example, reactions 

between iron and alumina can form iron aluminate and iron oxides can react with 

alumina-silicas [115].  Thus this model may have limited use for systems using 

significantly different iron ore compositions or systems using pure iron oxide.  

Additionally, as only reduction reactions have been studied, further work would need 

to be carried out before a full chemical looping model for hydrogen production could 

be made. 

Hossain and de Lasa propose another type of model: a nucleation model [116], 

illustrated by Figure 3.4.  In a system of constant temperature and gas phase 

composition, nuclei grow over time and eventually overlap and combine at a constant 

rate.  However, before this process begins, there is often an induction period before 

nuclei form.  This induction period is dependent on the specific solid-gas reaction 

and reaction temperature.  The rate-controlling step in this process is also dependent 

on the process conditions.  Although Hossain and de Lasa’s study is concerning the 

redox reactions of Co-Ni/Al2O3, they directly compare results from the nucleation 

model to those from a shrinking core model.  Activation energies and rate constants 

from the shrinking core model are consistently higher than the nucleation model for 

both reduction and oxidation reactions.  Four different heating rates were used to 

calculate these parameters (5, 10, 15 and 20
o
C/min).  Comparing these rates, the 

shrinking core model showed a ≈ 22% deviation for reduction and ≈ 45% deviation 
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for oxidation in values of activation energies, while the nucleation model showed a ≈ 

15% deviation for reduction and a ≈ 10% deviation for oxidation.  This provides 

evidence that the nucleation model is more accurate, although it should be noted that 

the cross-correlation coefficients were much closer in agreement between the two 

models. 

 

Figure 3.4 – Schematic of nucleation and nuclei growth in an OCM undergoing redox reactions [116] 

Lorente et al. used the Johnson–Mehl–Avrami–Kolmogorov (JMAK) model, based 

on the nucleation model, to simulate the behaviour of iron oxide in a Steam-Iron 

process.  They particularly wanted to determine the effect of temperature, steam 

partial pressure and oxidation duration.  The JMAK model was specifically selected 

for study as it was believed to show better agreement for the oxidation step.  Results 

from the model were compared with experimental results obtained from a 

thermogravimetric differential reactor.  The majority of the model’s equations where 

not included in this publication, limiting its value as a modelling tool.  Additionally 

the temperatures that were studied were relatively low (330-450
o
C) compared to 

conventional Steam-Iron process temperatures. 

Peña et al. [117] suggested pairing two different models together; one which better 

describes the reduction of haematite to magnetite and the other which better 

describes the reduction of magnetite to iron.  They suggest using a shrinking core 

model for the former, and either a nucleation model or a crackling core model for the 

latter.  The crackling core model, developed by Park and Levenspiel in 1977 [118], 

describes a particle that is initially dense, but whilst under reactive conditions 

becomes progressively more fragmented allowing fast gas transport though newly 
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formed cracks and pores.  Once this new porous layer is reacted away, the reactive 

gas meets an unreacted core, and the model progresses in the same way as the 

shrinking core model.  Benefits of this model are that it is a multi-step model 

allowing it to be used in a wider range of situations, in particular processes where the 

solid structure changes significantly.  The pairing of the shrinking core and 

nucleation models was found to have the best fit with experimental data for the 

reduction process.  There was no mention of the oxidation step in this work, though 

presumably it would be steam, as there is mention of using the OCM as a hydrogen 

storage device.  However if steam were the oxidising agent, then haematite would 

not be formed after the first cycle.  This suggests that air/oxygen was used which 

could feasibly change the reduction kinetics.  Also the model was only verified at 

relatively low temperatures, (360-440°C) which as previously mentioned will have 

little use in high temperature systems. 

Pineau et al. [101] provide a good summary of work carried out for the reduction of 

different iron oxides under different temperatures and gas atmospheres.  They 

summarise the activation energies found and suggested rate-controlling steps in 

different models.  There is a wealth of work for low temperature systems (≤700°C) 

which were reduced by mixtures of hydrogen by necessity to avoid the Boudouard 

reaction.  Additionally, due to the low temperatures, the lowest of which appears to 

be 250
o
C, most models assume a two-step reduction of haematite to magnetite and 

magnetite to iron, as wüstite is thermodynamically unstable at these temperatures. 

The summary by Pineau et al. highlights the common use of the shrinking core 

model to study iron oxide reductions.  However, one of the main limitations of the 

shrinking core model is that particles are considered to be dense.  This is not the case 

for materials designed for chemical looping purposes.  Generally porous materials 

are desired to increase the surface area of particles and allow faster transport of 

gaseous reactants to the unreacted solid bulk.  The afore mentioned crackling core 

model is one way of including structural parameters, though in a limited way.  

Szekely and Evans proposed two simple models to incorporate structural parameters 

into the reaction scheme: the pore model and the grain model [119].  The pore model 

considers an infinitely long slab of material with uniform pores at regular intervals 

along the length, whereas the grain model considered evenly spaced identical spheres. 
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A recent study by Bohn et al. [75] investigated the reduction of iron oxide in 

mixtures of carbon monoxide and carbon dioxide.  They used these mixtures to limit 

the reduction of iron oxide to magnetite or wüstite (Fe0.947O) instead of iron.  For the 

reduction of haematite to magnetite they used a temperatures range of 450-700
o
C, 

while the reduction of magnetite to wüstite (Fe0.947O) a temperature range of 650-

900°C (when wüstite is thermodynamically stable) was used.  They found that both 

reduction steps were first order in carbon monoxide. 

3.2.3 Cyclic Stability and Reactivity 

To date, most studies for chemical looping hydrogen production have been focused 

on improving the cyclic stability and reactivity of the OCMs.  Low cyclic stability is 

thought to be iron oxide’s major downfall.  As iron oxide cyclically reduces and 

oxidises, it undergoes phase changes that put incredible structural strain on the 

particles.  This coupled with the effects of thermal sintering, eventually lead to drops 

in reactivity and thus product yield.  The following sections will discuss this work. 

3.2.3.1 Controlled reduction 

There is evidence to suggest that reducing iron oxide to metallic iron reduces the 

stability of the OCM faster, increasing the rate of deactivation.  As previously 

mentioned in Section 3.2.1 Thermodynamics, mixtures of reactant and product gases 

can be used to control the extent of reduction in iron oxide.  Bohn et al. [46] used 

mixtures of carbon monoxide and carbon dioxide to study the reduction of iron oxide 

to wüstite (Fe0.947O) and compared it to reduction without carbon dioxide present, i.e. 

reduction to iron.  Their results showed that over the course of ten cycles the iron 

oxide reduced to Fe0.947O showed constant hydrogen production, unlike the iron 

oxide reduced to iron, which in the tenth cycle produced only 80% of the hydrogen 

produced in the first cycle.  This suggests that the formation of iron increases the rate 

of deactivation, requiring more regular replacement of the OCM.  However, if the 

stoichiometry of the potential oxidation reactions is observed (equations 3.16 and 

3.17) then it is clear that reduction to iron theoretically allows four times as much 

hydrogen production as wüstite. 
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𝐹𝑒 +
4

3
𝐻2𝑂 ⇌

1

3
𝐹𝑒3𝑂4 +

4

3
𝐻2 3.16 

𝐹𝑒𝑂 +
1

3
𝐻2𝑂 ⇌

1

3
𝐹𝑒3𝑂4 +

1

3
𝐻2 3.17 

The study by Bohn et al. shows that although the initial production of hydrogen is 

significantly higher for iron oxide reduced to iron (though not four times higher) the 

amount drops to below that produced by the iron oxide reduced to Fe0.947O.  

Although the cycle number was perhaps too low to truly know if stability is better 

when only reducing to wüstite, it appears so, however the effect of thermal sintering 

was not commented on. 

3.2.3.2 Support materials 

Utilising support materials is another method for increasing the lifetime of iron oxide 

by taking advantage of their stabilising properties.  Another study by Bohn et al. [47] 

studied the addition of different support materials, including alumina, silica, 

magnesia and chromium oxide.  The supports were all individually added to iron 

oxide by wet impregnation in 1, 10 or 30 mol% loadings and tested in ten cycles of 

carbon monoxide and steam.  The iron oxides with alumina performed best overall.  

It was suggested that the formation of FeO∙Al2O3 spinel was likely the cause of the 

improved stability, and the authors note that and additional oxidation in air is needed 

to convert this phase back to iron oxide and alumina. 

A study by Kierzkowska et al. [120] compared three different loadings of alumina 

(40, 20 and 10 wt.%) on iron oxide to unsupported iron oxide.  In this study 40 

cycles of carbon monoxide and steam were performed at 850
o
C.  They found that 

iron oxide supported with 40 wt.% alumina performed best, even when reduced to 

metallic iron.  This exact material was used by Murugan et al. [51] in a longer study.  

They used 150 cycles of carbon monoxide and steam, to further verify the stability of 

this material.  Murugan et al. observed that after 40 cycles the reactivity of the 

reduction and oxidation steps decreased until approximately cycle 80.  After this 

point the reactivities appear to stabilise.  Kierzkowska et al. attribute this stability to 

the formation of the FeO∙Al2O3 spinel previously seen by Bohn et al [47]. 
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3.2.3.3 Iron ores 

As iron oxide is naturally occurring as an iron ore many studies have used sponge 

iron as the oxygen carrier.  When hydrogen production is the aim, this process is 

called the Sponge Iron Reaction (SIR) process [121].  Sponge iron (otherwise known 

as DRI) can be produced by either reducing iron ore with reformed natural gas in a 

shaft furnace or by non-coking coal in a rotating kiln [122].  Sponge iron generally 

contains calcia, alumina and silica but there are also small proportions of other 

metals.  Selan et al. [121] studied two types of sponge iron in pellet form: Sek and 

Malmberget, the compositions of which are shown in Table 3.3. 

Table 3.3 – Composition of Sek and Malmberget pellets (wt.%) [121] 

Species Sek Malmberget 

Fe 57.83 66.70 

SiO2 7.95 1.16 

CaO 3.91 1.21 

Al2O3 0.39 0.33 

O 1.04 0.81 

Mn 0.03 0.06 

P 0.01 0.033 

S 0.024 0.001 

Na 0.075 0.045 

Ti 0.025 0.10 

K 0.094 0.03 

Zn 0.025 0.0038 

Pb 0.001 0.0002 
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Selan et al. found that the Sek pellets observed relatively stable reduction behaviour 

over 20 cycles with hydrogen reduction.  The Malmberget pellets showed a reduction 

in activity.  These results may be explained by the different compositions of silica 

and calcia in the pellets as Sek has considerably more of these two components than 

Malmberget.  However, as there is also a wide range in compositions of the other 

metals, this conclusion cannot be drawn.  In cycles with carbon monoxide as a 

reducing gas both pellets were found to deactivate at a similar rate, although in this 

case the Malmberget pellets perform marginally better.  As neither of these sponge 

irons are compared with iron oxide on its own, the overall performance is not known, 

and as more controlled experiments were not carried out it is unclear what the 

individual contributions from each component are. 

Subsequent studies have investigated these sponge irons.  Hacker et al. [99] used a 

Sek iron ore to study the redox reactions using syngas mixture (similar in 

composition to biomass derived syngas) for reduction and steam for oxidation.  The 

Sek iron ore that they use, however, was not characterised with respect to its 

composition, only compressive strength and the pellets were simply named SEK 

New pellets.  The work also shows no comparison data to the other iron ore pellets 

they claim to have tested. 

Kindermann et al. [123] tested the influence of alumina, calcia, and silica 

composition in iron ores with two fixed iron oxide contents (85 and 88%) shown in 

Table 3.4.  While Thaler et al. [124] chose an iron oxide and alumina composition 

and varied the calcia and silica content (Table 3.5).  Thaler et al. performed 20 redox 

cycles on each material while Kindermann et al. only performed 5. 

Table 3.4 – Composition (wt.%) of iron ore pellets tested in [123] 

Fe2O3 85 85 85 85 85 88 88 88 88 88 

Al2O3 5 5 5 5 5 2 2 2 2 2 

SiO2 0 2.5 5 7.5 10 0 2.5 5 7.5 10 

CaO 10 7.5 5 2.5 0 10 7.5 5 2.5 0 
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Table 3.5 – Composition (wt.%) of iron ore pellets tested in [123, 124] 

Fe2O3 85 85 85 85 85 85 85 

Al2O3 5 5 5 5 5 5 5 

SiO2 0 2.5 5 6.5 7.5 8.5 10 

CaO 10 7.5 5 3.5 2.5. 1.5 0 

Both studies showed the addition of silica increased the stability of the iron ore by 

reducing sintering.  Kindermann et al. show by scanning electron microscopy that 

ores with silica compositions of 7.5 wt.% or greater are more porous after cycling.  

They attribute this to the formation of Fe2SiO4 which is observed by XRD analysis.  

Thaler et al. note that the presence of silica inhibits the formation of Ca2Fe2O5, 

though no formation of Fe2SiO4 was mentioned.  They also demonstrated increased 

stability in bulk density and pore density and volume for the higher silica content 

ores after 20 cycles. 

Kindermann et al. also note that the mean pore radius increased with each cycle in 

the 88 wt.% iron oxide samples but decreased in the 85 wt.% samples.  However, no 

clear conclusion is drawn about the overall performance of samples with respect to 

iron oxide content, as only 5 cycles were performed with either hydrogen or carbon 

monoxide.  Based on other studies, the content of alumina is linked to improved 

stability [124], which may suggest the lower content iron oxide (and thus higher 

alumina content) samples should perform better as alumina inhibits sintering. 

Another study by Hacker et al. [125] chose to study an iron ore with silica, alumina, 

calcia and magnesia content, with the aim to investigate the effect of alkalinity on the 

solid’s performance.  Alkalinity was calculated by equation 3.18: 

𝑎𝑙𝑘𝑎𝑙𝑖𝑛𝑖𝑡𝑦 =
% 𝐶𝑎𝑂 + % 𝑀𝑔𝑂

% 𝑆𝑖𝑂2 + % 𝐴𝑙2𝑂3
 3.18 

They found that samples with higher alkalinity gave higher reaction rates above 

600°C while below this temperature reaction rate decreased with increasing 

alkalinity. 
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3.2.3.4 Iron Oxide Promoters 

Otsuka et al [126, 127] carried out a vast promoter screening study including 26 

different additives with the aim to improve redox reactions with iron oxide at 

temperatures less than 400
o
C.  These additives include: Mg, Al, Ca, Sc, Ti, V, Cr, 

Mn, Co, Ni, Cu, Zn, Ga, Y, Zr, Nb, Mo, Ru, Rh, Pd, Ag, Ce, W, Re, Ir and Pt.  

Figure 3.5 shows the effect on both the reduction and oxidation reactions over the 

first three cycles for some of these additives.  Each additive was less than or equal to 

5 mol%. 

 

Figure 3.5 – Average rates of redox reactions for iron oxides with and without additives [126] 

From this study, Al, Cr, Zr, Ga and V were identified as being the best additives for 

enhancing both reactions.  While it is clear that Ga, V, Cr, Mo and Al are particularly 

good at enhancing the hydrogen production step.  Selected promoted samples were 

also tested for the effects of sintering.  The surface area of Al, Cr, Zr, Ga and V 
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promoted iron oxide were measured by BET analysis.  All samples showed a 

decrease in surface area over three redox cycles, but Al and Cr promoted iron oxide 

seemed to be the most resistant.  Another study by Otsuka et al. [127] studied the 

addition of Al, Ti, V2, Cr2, Ni, Cu, Ga, Zr, Nb, Mo, Ru, Rh, Pd, Ag, Ce, Ta, W, Re 

and Pt in 3-5 mol% loadings.  All noble metals were observed to enhance the water 

splitting reaction except for platinum, but rhodium performed the best.  However it 

was noted that none of the noble metals were able to inhibit sintering. 

Further work was carried out by Takenaka et al. [128] with rhodium as a promoter.  

They also studied the co-operative effect of rhodium and molybdenum, observed by 

Otsuka et al. [127], and the effect of both promoters separately.  The content of 

promoter was kept to 5 mol% for all samples.  They found that with the addition of 

rhodium and/or molybdenum reduced the apparent activation energy of the water 

splitting reaction, allowing it to occur at lower temperatures than iron oxide alone.  

However, the samples with rhodium showed more sintering than iron oxide alone, 

resulting in almost no hydrogen production by the fifth cycle.  The combination of 

rhodium and molybdenum proved to be the best for lowering the operating 

temperature and improving stability. 

Galvita et al. studied the effects of adding cerium and zirconium to iron oxide [129-

131].  In 2005 they proposed a two-layer catalytic reactor for steam methane 

reforming [129].  In this reactor the first layer consisted of Pt-Ce0.5Zr0.5O2 which 

would partially oxidise the methane to form carbon monoxide and hydrogen which 

then goes on to react with the second layer, made of Fe2O3-Ce0.5Zr0.5O2, to form 

carbon dioxide and water.  30 and 50 wt.% loadings of iron oxide were used in the 

second layer and were shown to have good resistance to sintering, as indicated by 

small reductions in BET surface areas after 30 redox cycles. In subsequent studies 

the 30 wt.% Fe2O3-Ce0.5Zr0.5O2 was used to study the production of hydrogen 

suitable for use in PEM fuel cells, i.e. hydrogen with less than 20 ppm of carbon 

monoxide.  In this study a carbon lean syngas mixture was used (40% hydrogen:15 

mol% carbon monoxide) [131] and was shown to have a loss of 17% of its initial 

activity after 15 cycles.  This same OCM was also kinetically studied, though only 

the reduction stage was investigated [130]. 
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Galvita et al. [132] also investigated the addition of molybdenum and lanthanum to 

iron oxide.  In this study iron oxide was compared with the 30 wt.% Fe2O3-

Ce0.5Zr0.5O2, 30 wt.% Fe2O3-CeO2 and 30 wt.% Fe2O3-La2O3.  However they found 

that the amount of hydrogen produced by 30 wt.% Fe2O3-CeO2 and 30 wt.% Fe2O3-

La2O3 was less than that of iron oxide alone, while 30 wt.% Fe2O3-Ce0.5Zr0.5O2 

showed a greater amount of hydrogen.  To allow for a fair comparison, each result 

was normalised with respect to the iron oxide content in each sample.  The 30 wt.% 

Fe2O3-Ce0.5Zr0.5O2 material was then promoted with 2 wt.% molybdenum or 5 wt.% 

of magnesium or copper, revealing that the molybdenum promoted sample was able 

to produce an almost constant amount of hydrogen even after 90 redox cycles. 

Urasaki et al. [133] chose to add palladium and zirconia in small amounts (≈0.23 

mol%) to promote the reduction and/or oxidation of iron oxide in the Steam-Iron 

process.  Individually palladium and zirconia both reduced sintering of the samples 

and enhancement of the oxidation step, while only palladium enhanced the reduction 

step.  Addition of both palladium and zirconia resulted in the best performance, with 

increased activity and reduced sintering. 

3.2.3.5 Mixed Ferric Oxides 

Kodama et al. [134] studied nickel, cobalt and zinc ferrites for the oxidation of 

methane to form high carbon-content syngas during steam methane reforming.  Solar 

energy was used to provide the necessary heat for reaction, in an otherwise highly 

endothermic process.  The nickel ferrite sample performed best.  To improve the 

stability further a zirconia support was successfully used. 

Kang et al. [135] also studied the methane reforming reaction, but this time with a 

copper ferrite.  Thermodynamically, the addition of copper will inhibit the 

decomposition of methane, which would result in carbon deposition.  Kang et al. 

experimentally proved this to be true and showed enhanced reduction kinetics for 

methane oxidation.  In a later study this material was supported on zirconia and ceria.  

Both supports improved reactivity of the copper ferrite reduction, but the ceria in 

particular showed increased selectivity for carbon monoxide formation, and 

increased formation of hydrogen in the subsequent water splitting step. 
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3.2.4 Non Ferric Oxygen Carriers 

Although the main work in this thesis focuses on iron oxide and iron containing 

perovskites, there has been work on non-ferric oxygen carriers for chemical looping 

water splitting that is worth noting.  Cerium oxide is a potential candidate and is 

believed to have catalytic properties with respect to the water splitting step [136].  

Work by Otsuka et al. also showed that addition of promoters such as platinum, 

palladium, nickel oxide and copper oxide had significant enhancing effects for the 

water splitting process [136]. 

In a work by Miyamoto et al. [137] germanium oxide on an alumina support was 

identified as a suitable OCM for the Steam-Iron process.  As part of this study, 

hydrogen sulphide was added to the reduction gas in small quantities and was found 

to have no effect of the activity of the germanium oxide.  Additionally nickel was 

identified as a suitable promoter for this oxide. 

Tungsten oxide was selected for study by Kodama et al. [138].  They found it to be 

the most suitable candidate for reduction with methane and subsequent oxidation 

with water both thermodynamically and experimentally, selected from seven 

metal/metal oxide pairs.  They also noted improved activity with the addition of 

zirconia as a support material. 

3.3 Iron-Containing Perovskites 

3.3.1 Perovskite Structure 

Perovskite-type materials have an ABO3 cubic structure, where the A and B ions are 

of differing size.  The A site can be occupied by an alkali, rare earth or alkaline earth 

metals while the B site can be occupied by a transition metal.  As can be seen by 

Figure 3.6, the crystal structure is made of a three-dimensional framework of A ions 

existing in dodecahedral sites and B ions existing in octahedral sites [139-142]. 
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Figure 3.6 – ABO3 structure of cubic perovskite [139] 

Perovskites are of particular interest as oxygen carrier materials because they are 

able to store, release or transport oxygen due to oxygen vacancies formed when ions 

of different radius or valences are doped onto the A and/or B site [139, 143-145].  To 

maintain charge neutrality in a perovskite structure, an overall charge of +6 is 

required across the A and B cations to balance the -6 charge from the O
2-

 anions.  For 

example lanthanum ferrite (La
3+

Fe
3+

O3
6-

) has an overall charge of zero [141].  Thus 

by doping in cations with a lesser valence the structure must reject oxygen until the 

charge is rebalanced.  This process forms oxygen vacancies, denoted by 𝑉 𝑂
••  in 

Kröger-Vink notation [145, 146]. 

Perovskites are capable of incorporating a wide range of doping materials, and many 

studies have been carried out looking at the effects of these materials [139, 142, 143, 

145, 147-156].  Although some of these materials are more suitable for certain 

applications than others, it is clear that by selecting the right dopants in the right 

quantities, the resultant properties of the material may be predetermined.  For 

example, perovskites with high A-site strontium and B-site cobalt concentrations 

show good oxygen transport properties, but have limited lifetimes as they degrade 

quickly in reducing atmospheres [157]. 

In some cases the presence of these oxygen vacancies not only allows the transport 

of oxygen ions, but also the transport of electrons in the opposite direction.  This 

occurs when a transition metal is present (usually the B-site cation).  These transition 

metals can exist in variable valence states which provide electronic conductivity.  In 

these cases the material is said to have mixed ionic-electronic conductivity (MIEC) 

[146, 151, 158, 159]. 
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As previously stated these oxygen-deficient perovskites are able to store, release and 

transport oxygen, but most important to note is that they can do this without 

undergoing a phase change like conventional oxides.  This provides a significant 

advantage for potential materials for cyclic redox processes such as chemical looping 

[51, 147, 160].  On a more general note, perovskites have been used in electronics 

applications such as transducers, capacitors, superconductors, actuators, high-k 

dielectrics, and transistors due to possible dielectric, ferroelectric, piezoelectric, and 

pyroelectric properties [146, 161, 162].  While more specific applications for MIEC 

materials include membrane production and/or separation processes [149, 159, 163-

166] and electrode materials in solid electrolyte fuel cells (SOFCs) [147, 148].  For 

the purposes of this thesis, however, only perovskites used for water splitting are of 

interest. 

The perovskite of particular interest is La0.7Sr0.3FeO3-δ as it has been found to have 

good cyclic stability and resistance to carbon deposition [51]. 

3.3.1.1 Kröger-Vink Notation 

Kröger-Vink notation is particularly useful when describing perovskite systems as it 

can identify the difference between solid and gas phase components as well as 

describing the location of elements in the solid lattice.  Each species is described by 

3 components: the defect, which can be an atom or a vacancy (𝑉); the subscript 

which denotes the site the defect; and the superscript which identifies the charge on 

the defect.  Negative charges are denoted by dashes, positive charges are denoted by 

dots and a neutral charge are denoted by an 𝑥.  The following examples will help 

explain the notations uses: 

1. 𝑉 𝑂
•• is a vacancy on an oxygen site (in the lattice) which now has a double 

positive charge since oxygen has a double negative charge. 

2. 𝐿𝑖𝑀𝑔
  ′ , is lithium on a magnesium site which now has a single negative charge 

because lithium has a single positive charge while magnesium has a double 

positive charge. 

3. Oxygen incorporation into a lattice structure is expressed by equation 3.19: 
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1

2
𝑂2 + 𝑉 𝑂

•• + 2𝑒− ⇌ 𝑂𝑂
 𝑥 3.19 

3.3.2 Thermodynamics 

An understanding of oxygen non-stoichiometry in perovskites is essential in order to 

understand the behaviour of such materials in chemical looping water splitting 

systems [51, 167, 168].  In this thesis the water-gas shift reaction was split into two 

stages, show by equations 3.20 and 3.21, and operated at either 820°C or 850°C. 

𝐶𝑂 + 𝑂𝑂
 𝑥 → 𝐶𝑂2 + 𝑉 𝑂

•• + 2𝑒− 3.20 

𝐻2𝑂 + 𝑉 𝑂
•• + 2𝑒− ⇌ 𝑂𝑂

 𝑥 + 𝐻2 3.21 

The oxygen deficiency in the perovskite is expressed by 𝛿 , where 0 < 𝛿 < 3 for 

La0.7Sr0.3FeO3-δ.  As this particular perovskite is deficient only in oxygen and not 

the A or B site cations, then: 

[𝐿𝑎𝐿𝑎
  𝑥 ] + [𝑆𝑟𝐿𝑎

 ′ ] = 1 3.22 

[𝐹𝑒𝐹𝑒
  ′ ] + [𝐹𝑒𝐹𝑒

 𝑥 ] + [𝐹𝑒𝐹𝑒
 • ] = 1 3.23 

Where 𝐹𝑒𝐹𝑒
  ′  is Fe(II), 𝐹𝑒𝐹𝑒

 𝑥  is Fe(III) and 𝐹𝑒𝐹𝑒
 •  is Fe(IV) and the square brackets 

denote the concentration of each species in number of moles. 

As the maximum oxygen capacity for one unit cell of La0.7Sr0.3FeO3-δ is three, it must 

hold that: 

[𝑂𝑂
𝑥] + [𝑉 𝑂

••] = [𝑂𝑂
𝑥] + 𝛿 = 3 3.24 

As for this perovskite the structure is La1-xSrxFeO3-δ, the concentration of strontium 

on the lanthanum site can be expressed by: 

[𝑆𝑟𝐿𝑎
 ′ ] = 𝑥 3.25 
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Thus for charge neutrality of defect: 

𝑥 + [𝐹𝑒𝐹𝑒
  ′ ] = 2𝛿 + [𝐹𝑒𝐹𝑒

 • ] 3.26 

In cyclic water-gas shift reactions, the main processes involved are the oxidation 

reaction between oxygen and the solid defects, and the dissociation of Fe(III) into 

Fe(II) and Fe(IV), shown by equations 3.27 and 3.28 respectively. 

1

2
𝑂2 + [𝑉 𝑂

••] + 2𝐹𝑒𝐹𝑒
 𝑥 ⇌ 𝑂𝑂

𝑥 + 2𝐹𝑒𝐹𝑒
 •  3.27 

2𝐹𝑒𝐹𝑒
 𝑥 = 𝐹𝑒𝐹𝑒

  ′ + 𝐹𝑒𝐹𝑒
  •  3.28 

The equilibrium constants are thus: 

𝐾𝑜𝑥 =
[𝑂𝑂

𝑥][𝐹𝑒𝐹𝑒
 • ]2

𝑝𝑂2

1
2𝛿[𝐹𝑒𝐹𝑒

 𝑥 ]2

 3.29 

𝐾𝐹𝑒 =
[𝐹𝑒𝐹𝑒

  ′ ][𝐹𝑒𝐹𝑒
 • ]

[𝐹𝑒𝐹𝑒
 𝑥 ]2

 
3.30 

Combining equations 3.22-3.30 will eliminate [𝐹𝑒𝐹𝑒] terms and derive the following 

expression to describe the oxygen non-stoichiometry of any perovskite in the La1-

xSrxFeO3-δ family: 

𝛿
1
2 ∙ (2𝛿 − 𝑥 + 1)

(3 − 𝛿)
1
2 ∙ (2𝛿 − 𝑥)

∙ 𝑝𝑂2

1
4 =

𝐾𝐹𝑒

𝐾𝑜𝑥
∙

(1 + 𝑥 − 2𝛿) ∙ (3 − 𝛿)
1
2

𝛿
1
2 ∙ (2𝛿 − 𝑥) ∙ 𝑝𝑂2

1
4

∙ −𝐾𝑜𝑥

−
1
2 3.31 

La0.7Sr0.3FeO3-δ has 𝑥 = 0.3, thus the oxygen deficiency (𝛿) can be plotted against 

oxygen partial pressure.  Murugan et al. instead plotted for a virtual oxygen partial 

pressure obtained during the oxidation of La0.7Sr0.3FeO3-δ by water, as per equation 

3.21.  For this they substituted in the equilibrium constant for the dissociation of 

water: 
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𝑝𝑂2

1
2 = 𝐾𝑤𝑎𝑡 (

𝑝𝐻2𝑂

𝑝𝐻2
) 3.32 

Thus substituting equation 3.32 into 3.31, they obtain equation 3.33, which plotted is 

shown in Figure 3.7: 

𝛿
1
2 ∙ (2𝛿 − 𝑥 + 1)

(3 − 𝛿)
1
2 ∙ (2𝛿 − 𝑥)

∙ 𝐾𝑤𝑎𝑡

1
2 (

𝑝𝐻2𝑂

𝑝𝐻2
)

1
2

=
𝐾𝐹𝑒

𝐾𝑜𝑥
∙

(1 + 𝑥 − 2𝛿) ∙ (3 − 𝛿)
1
2

𝛿
1
2 ∙ (2𝛿 − 𝑥) ∙ 𝑝𝑂2

1
4

∙ −𝐾𝑜𝑥

−
1
2 

3.33 

 

Figure 3.7 – La0.7Sr0.3FeO3-δ oxygen deficiency (𝜹) in relation to 𝒑𝑯𝟐𝑶 𝒑𝑯𝟐⁄  at 850°C [51] 

The most important thing to note about perovskites (which can clearly be seen in 

Figure 3.7) is that they are materials that continuously vary in non-stoichiometry 

with changing oxygen chemical potential. 
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3.3.3 Defect Models 

For perovskite materials, kinetic models are often referred to as point defect models.  

Several defect models have been developed for different perovskite-type materials 

over the years, but only specific models have been selected for discussion in this 

section.  There are different types of defects in crystal lattices: Schottky defects and 

Frenkel defects [169, 170], shown in Figure 3.8.  These defects are the main basis for 

the diffusion mechanisms discussed in this section.  Schottky defects are when an 

equal number of cations and ions are missing, thus charge neutrality is maintained.  It 

is said that Schottky defects are more common in highly ionic compound where the 

cations and ions are of similar sizes.  Frenkel defects are when a cation (usually 

much smaller than the anions) move into an interstitial site.  Frenkel defects result in 

no change in density, while Shottky defects decrease the density for a fixed mass, as 

free volume increases.  This can be an important difference when identifying the 

types of defects present in a solid. 

 

Figure 3.8 – Simple representations of Schottky vs. Frenkel defects 

Defect models are able to predict the oxygen vacancy concentration of perovskites, 

allowing the calculation of their ionic conductivity [171].  To do this, however, an 

oxygen diffusion mechanism must be selected. 
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Figure 3.9 – Simple representation of oxygen ion transport during a water oxidation via the vacancy 

diffusion mechanism, where M is the metal B-site cation 

The vacancy diffusion mechanism in oxygen-deficient perovskites basically involves 

oxygen ions jumping from oxygen vacancy to vacancy through a material, known as 

oxygen vacancy hopping [172].  In this mechanism the migration of vacancies and 

atoms are in opposite directions, shown simply by Figure 3.9.  This mechanism is 

easier to picture in a membrane material, as an oxygen gradient can be applied across 

the membrane, forcing oxygen to permeate.  In chemical looping systems the 

mechanism would be the same, as the oxygen gradient is applied by alternating 

between reducing and oxidising atmospheres. 

For the oxygen to be able to hop between lattice sites, it must first break the bonds 

holding it to its neighbouring metal cations.  It does this by using the thermal energy 

of atomic vibration (𝐸𝑎𝑣 ≈ 𝑘𝐵𝑇).  Thus, if this mechanism is correct, a material 

would observe an increase in oxygen permeation with increasing temperature. 
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Figure 3.10 – Simple representation of interstitial atom transport via the interstitial diffusion mechanism 

The interstitial diffusion mechanism is another type that can occur in perovskites.  

This type of diffusion can be faster than vacancy diffusion as interstitial species are 

generally not bonded as strongly.  Also there is a higher concentration of interstitial 

sites then vacancies.  Atoms that are able to transport via this mechanism must be 

small in size to fit into the host lattice.  Carbon, oxygen and hydrogen are relatively 

small atoms that could use this mechanism. 

3.3.4 Stability and Reactivity 

The Goldschmidt tolerance factor (𝑡) is one indicator of the stability of perovskite 

structures [139].  It is a dimensionless number defined as: 

𝑡 =
𝑟𝐴 + 𝑟𝑂

√2(𝑟𝐵 + 𝑟𝑂)
 3.34 

Where 𝑟𝐴 is the radius of the A cation, 𝑟𝐵 is the radius of the B cation and 𝑟𝑂 is the 

radius of the anion, which in the case of most perovskites is oxygen.  A tolerance 

factor of 0.95 ≤ 𝑡 ≤ 1.04 indicates a stable cubic perovskite structure. 

Iron containing perovskites have been successfully used for hydrogen production in 

different reaction arrangements: chemical looping water splitting and membrane 

water splitting. 

In a study by Murugan et al. [51] several perovskite-type materials were compared to 

conventional metal oxides.  The OCMs choosen in this study were MIEC perovskites 

called La0.6Sr0.4Co0.2Fe0.8O3-δ and La0.7Sr0.3FeO3-δ, and alumina supported iron oxide 
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(60% Fe2O3/Al2O3) and alumina supported nickel (20% NiO/Al2O3).  All of these 

materials were screened by temperature programmed reduction (TPR) and 

temperature programmed oxidation (TPO) experiments for their suitability as oxygen 

carriers in a cyclic water-gas shift reaction system. 

From the results of the TPR/TPO experiments the nickel OCM was eliminated from 

consideration as a suitable WGS OCM due to high amounts of carbon deposition.  

The carbon deposition was due to the Boudouard reaction, and resulted in 

contamination of the product hydrogen with carbon monoxide and carbon dioxide.  

The other OCMs tested did not appear to be affected by this reaction.  Of the 

remaining iron containing OCMs, all exhibited an interesting phenomena during 

reduction.  It appears that two different oxygen species are released, evident by two 

distinct peaks, in two different temperature ranges.  The first release (at lower 

temperatures) is referred to by the authors as α-oxygen and the second as β-oxygen.  

The temperatures at which these separate oxygen species are released changes after 

repeated cycling, as does the magnitude of the release.  After the fifth TPR/TPO 

cycle the α-oxygen for 60% Fe2O3/Al2O3 was effectively gone, while the β-oxygen 

had decreased significantly, indicating that significant deactivation had occurred.  

The two perovskite materials showed lower amounts of oxygen release over all, 

which was expected due to their lower oxygen capacities compared to iron oxide, but 

also showed a disappearance of α-oxygen after five TPR/TPO cycles.  Both 

perovskite showed less reduction in the β-oxygen however which may suggest 

enhanced resistance to deactivation.  The main difference between the two 

perovskites was observed during the TPO.  The La0.6Sr0.4Co0.2Fe0.8O3-δ produced 

hydrogen in lower, broader peaks between ≈400-800
o
C, while the La0.7Sr0.3FeO3-δ 

produced hydrogen in a higher, narrower peak over a slightly lower temperature 

range.  Both perovskites were observed to have almost identical oxygen capacities 

yet under isothermal conditions (850
o
C) La0.7Sr0.3FeO3-δ produced more hydrogen.  

This difference was attributed to the different concentrations of strontium and the 

addition of cobalt in the perovskite structure.  Only the 60% Fe2O3/Al2O3 and the 

La0.7Sr0.3FeO3-δ were tested further in a long term study of 150 cycles.  The results of 

this test indicated that the La0.7Sr0.3FeO3-δ exhibited stable redox behaviour for 140 

cycles, after dropping slightly over the first 10 cycles.  The 60% Fe2O3/Al2O3 on the 

other hand, did not show stable redox behaviour.  After 40 cycles the production of 
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carbon dioxide and hydrogen from the reduction and oxidation respectively began to 

drop.  After 100 cycles the production levels were approximately half of the initial 

values and were now in line with the perovskite performance. 

Franca et al. [149] studied a system of micro-tubular membranes used to combine 

partial oxidation of methane (equation 3.35) and water splitting (equation 3.21) to 

produce separate streams of syngas and hydrogen. 

𝐶𝐻4 + 𝑂𝑂
 𝑥 → 𝐶𝑂 + 2𝐻2 + 𝑉 𝑂

•• + 2𝑒− 3.35 

The tubular membrane system was arranged so that methane was delivered through 

the lumen side (inside of the tubular membrane) and the water was delivered on the 

shell side of the membrane (outside of the tubular membrane), as per Figure 3.11. 

The study by Franca et al. also used La0.6Sr0.4Co0.2Fe0.8O3-δ, and successfully 

operated it for approximately 400 hours of oxygen permeation, from the oxygen-rich 

shell side to the oxygen-lean lumen side, followed by 400 hours of steam methane 

reforming, producing hydrogen on the shell side and syngas on the lumen side.  

During the entire experiment, gas chromatography was used to simultaneously 

analyse the shell and lumen outlet streams, confirming that oxygen permeation 

actually occurred. 

These results indicate a material with good stability for hydrogen production, 

especially considering the operating conditions: oxidising on one side, reducing on 

the other and the maximum temperature of 900°C at the centre of the membrane.  

The temperature along the length of the membrane was observed to change, and thus 

the temperature profile of the furnace was well documented. Unlike many other 

studies with membrane systems, this study comments on membrane failure.  They 

observe that over time leaks across the membrane increase.  These leaks appear to 

increase suggesting that cracks form, but remain stable for periods of up to 100 hours 

before worsening.  Thus it should be noted that the membrane that performed for 

approximately 800 hours had to be stopped due to mechanical failure, not a decrease 

in reactivity/permeation ability. 
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Figure 3.11 – Schematic of an oxygen deficient perovskite used in multi-tubular or single tube reactor 

systems, for the simultaneous partial oxidation of methane and water splitting 

3.4 Summary 

There are several types of kinetic models that satisfy the redox behaviour of iron 

oxides: nucleation, shrinking core, cracking core, pore and grain models – all show 

promise for modelling chemical looping processes.  However less work has been 

done to study the oxidation step, which would be essential for a hydrogen production 

process.  Furthermore, most kinetic studies have been performed on iron ores of 

differing composition rather than iron oxide, or specific mixes of iron oxide and 

supports/promoters.  Thus it is difficult to attribute kinetic behaviours to specific 

components, leading to the development of rate constants only applicable in very 

specific circumstances.  There has been a huge amount of research into improving 

the cyclic stability and reactivity of iron oxide, resulting in the selection of 60% iron 
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oxide on alumina as the best current iron oxide OCM for stable chemical looping 

water splitting. 

Iron-containing perovskite type materials have been proven to produce hydrogen by 

water splitting in both membrane and chemical looping systems.  La0.7Sr0.3FeO3-δ in 

particular was highlighted as a potential OCM.  Perovskites are particularly suitable 

as OCMs as they can cyclically reduce and oxidise without a phase change occurring 

– which as shown by studies with iron oxide is a major downfall in the chemical 

looping water splitting system.  These perovskite OCMs have oxygen vacancies 

which allow the oxygen ions (and others) to permeate through the crystal structure by 

either vacancy or interstitial diffusion.  Perovskites are able to continuously changing 

their oxygen content with changing oxygen chemical potential of their surroundings.  

This may prove to be a significant advantage over the traditional iron oxide based 

OCMs. 
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Chapter 4 

4. Experimental 

This chapter details the preparation method used for OCM synthesis and the 

experimental procedure used.  Two reactor systems have been used in this work.  

One, a differential microreactor, was a commercially bought unit, whereas the other, 

an integral reactor, was designed and constructed in-house. 

4.1 Material Synthesis 

60 wt.% Fe2O3/Al2O3 (Fe60) was provided by Cambridge University and was 

produced by a co-precipitation method.  Iron nitrate and aluminium nitrate were 

dissolved in deionised water in a mass ratio of 60:40.  A 1M aqueous solution of 

sodium carbonate was then added into the nitrate solution and stirred at room 

temperature and atmospheric pressure until the pH of the solution was 9.5.  This 

solution was then left for 2 hours without stirring.  The precipitate was washed with 

large volumes of deionised water repeatedly to remove the sodium ions.  The washed 

precipitate was filtered and dried at 80°C in air to remove most of the moisture 

before being sintered at 950°C in air for three hours and then crushed and sieved. 

Commercially purchased La0.7Sr0.3FeO3-δ (LSF731) powders from Praxair Specialty 

Ceramics were used without further processing or made into pellets for crushing.  

Pellets of ~2 g were formed by applying 1.5 Tn/cm
2
 for 30 seconds with a hydraulic 

press followed by sintering at 1250°C in air for 12 hours in a tubular furnace.  The 

pellets were then crushed and sieved to 80-160 µm.  LSF731 prepared by this 

method is from now referred to as LSF731-80-160. 

Pure iron oxide was also commercially purchased and prepared by the same method 

as LSF731 to form particles of 80-160 µm.  Iron oxide prepared by this method is 

from now referred to as Fe-80-160. 
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4.2 Differential Microreactor 

The differential microreactor is a commercially available system from Hiden 

Analytical Ltd. known as a CATLAB-PCS microreactor module which includes an 

integrated mass spectrometer for gas and vapour analysis.  The primary use of this 

reactor is for kinetic and thermodynamic measurements and catalyst characterisation. 

 

Figure 4.1 – CATLAB microreactor flow diagram showing the two-position, six-port valve, V1, modified to 

act as a four-way valve.  Water flow is continuous while the other gases are intermittent.  Bed length is 

typically 0.5 cm for a 50 mg sample.  All piping is trace heated to 120°C. 

The module (Figure 4.1) consists primarily of a microreactor surrounded by a 

furnace.  The furnace has a maximum temperature of 1000°C and has an automated 

temperature control unit allowing for 1-20°C/min heating rates.  The accuracy of the 

furnace is ± 1°C.  There are a total of 5 mass flow controllers, four of which are 

automated and can be controlled independently.  Each mass flow controller has an 

operating range of 20-100 ml (STP)/min.  The CATLAB microreactor apparatus also 

includes a soft ionisation quadruple mass spectrometer (QMS) and a water saturator. 

4.2.1 Quadrupole Mass Spectrometer (QMS) 

The QMS integrated with the CATLAB microreactor is also from Hiden Analytical 

Ltd.  It is a QIC-20 bench-top gas analysis system with a QIC capillary inlet, 

capillary temperature controller, turbo interface unit and a HAL RC quadrupole mass 

spectrometer.  Table 4.1 shows the technical specifications the for QIC-20 Bench-top 

Gas Analysis unit: 
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Table 4.1 – Technical specifications for QIC-20 Bench-top Gas Analysis unit 

RC Quadrupole Mass Spectrometer 

Type: HAL 201-RC 

Mass Range: 1-200 amu 

Detector type: Faraday/Secondary electron multiplier (SEM) 

Filament material: Oxide Coated Iridium 

Ion source: Direct inlet high pressure source 

Gas sensitivity: Krypton (
84

Kr) in air at 0.5 ppm 

Accuracy: ± 100 ppm 

QIC-20 Bench-top Gas Analysis System 

Primary pump: BOC Edwards EXT75DX 70 l/s 

Backing pump: Edwards XDS5 Scroll pump 

Sampling pressure: Atmospheric 

Response speed: Less than 500 ms from sample to QMS 
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4.2.2 Water Saturator 

 

Figure 4.2 – Grant Optima T100 R water saturation system and Alpha Moisture chilled mirror 

hygrometer 

The water saturation system consists of a Grant Optima T100 R series circulating 

water bath with a digital control unit for accurate (± 0.1°C) heating/cooling between 

0-100°C. 

The water bath is connected to the CATLAB with trace heating lines to that ensure 

that the water does not condense in the lines.  Helium is flowed through the water 

bath and saturated with water according to a programmed temperature set point. 

4.2.2.1 Water Measurement 

Water is measured in two different ways in this system: by a chilled mirror 

hygrometer, which has an accuracy of ± 0.2°C of the dew point, and by the QMS.  

Water is delivered to the CATLAB through a modified two-position, six-port valve 

(V1 in Figure 4.1) (discussed later in Section 4.6.3 Switching Valves).  The valve 

either delivers water vapour to the reactor or to a vent, to which the chilled mirror 

hygrometer is connected.  To increase the accuracy of the measurement all the 

external piping is trace heated to 120°C.  The internal piping and the modified two-

position, six-port valve is also trace heated. 

The water bath and chilled mirror hygrometer set up was tested to determine its 

stable operating ranges in terms of flow and temperature.  Three different flowrates 
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were selected for testing (20 ml (STP)/min, 100 ml (STP)/min and 200 ml (STP)/min) 

and each flowrate was evaluated over a water bath temperature range of 5-45
o
C. 

Figure 4.3 shows the tolerance of the water bath in terms of temperature set point and 

helium flowrate.  It shows that helium is consistently more saturated than is 

calculated theoretically when below 20°C (effectively room temperature) for all 

flowrates.  Above 20°C, 100 ml (STP)/min and 200 ml (STP)/min remain consistent 

with each other and the margin of error to the theoretical value.  The 20 ml 

(STP)/min data drops below the theoretical saturation percentage above 30°C. 
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Figure 4.3 – Water bath tolerance test results comparing three different flowrates with the theoretical 

saturation percentage.  The flowrates tested were 20 ml (STP)/min, 100 ml (STP)/min, and 200 ml 

(STP)/min. 

4.2.3 QMS Calibration 

Before every experiment the QMS was calibrated for all the gases used during 

experiments.  Each gas was calibrated using either the certification provided by the 

gas supplier (either BOC or STG) or, in the case of water, the chilled mirror 

hygrometer.  The following gas concentrations were used:  5 mol% carbon monoxide 
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in helium; 5 mol% hydrogen in helium; 5 mol% carbon dioxide in helium; 5 mol% 

water in helium; and 5 mol% oxygen in helium. 

The calibration is always performed as close to experimental conditions as possible, 

hence, each gas is fed through the empty reactor at 300°C until the mole fraction is 

steady, at which point the mole fraction is adjusted to 5%. 

Before each gas is calibrated the CATLAB and QMS are flushed with helium to 

remove all other gases and identify leaks.  Table 4.2 shows the general background 

mole fractions for carbon monoxide, carbon dioxide, oxygen, hydrogen and water 

once leaks are removed from the system. 

Table 4.2 – Background mole fractions for carbon monoxide, carbon dioxide, oxygen, hydrogen and water 

when measured by the QMS. 

Carbon monoxide > 0.004% 

Carbon dioxide > 0.002% 

Oxygen > 0.001% 

Hydrogen > 0.001% 

Water > 0.02% 

Over time the QMS mole fractions drift, hence the reason calibration is performed 

before every experiment.  There are three theories for the mole fraction drifts: 

1. The filament may be better suited to some gases than others – this is apparent 

due to some gases drifting more than others. 

2. Gases like oxygen and hydrogen are so highly oxidising or reducing that they 

react with the filament and cause the calibration to take longer before steady 

state is reached.  To prevent this is it have been suggested that platinum or 

gold filaments are less reactive. 

3. The filament and ion source are kept in a high temperature and the ionisation 

of oxygen is highly exothermic, causing a temperature spike at the filament.  
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Although this does not seriously damage the filament, it affects its sensitivity 

over time. 

All these theories have merit and could all be contributing to the mole fraction drift.  

However, significant drift is only seen during oxygen calibrations.  Also the other 

gases only drift between calibrations if oxygen has been used.  Although oxygen is 

present in all of the gases used except hydrogen, it is only in its pure form that drift 

problems arise.  Despite this the drift during experiments is minimal and manageable 

– in an average experiment of 20 cycles the difference between cycle 1 and cycle 20 

is less than 2%.  This is perhaps due to the low concentration of “pure” oxygen (5 

mol% oxygen in helium) used and that the experiments are rarely longer than 2-3 

days. 

4.3 Integral Reactor 

The integral reactor was designed specifically to allow for a larger packed bed than a 

microreactor and to allow counter-current flow.  Two different designs were used to 

allow for different bed lengths.  A relatively short vertical reactor allowing beds 1-3 

cm long and a horizontal reactor allowing a bed up to 6 cm long.  Only the results 

from the horizontal reactor have been included in this thesis, so only this reactor will 

be described in detail. 

A 100 cm quartz tube was position horizontally in a Lenton tube furnace with a 

maximum temperature of 1600
o
C.  The open ends of the furnace were plugged with 

quartz wool to prevent heat loses and all piping was trace heated to prevent 

condensation of water.  The quartz tubes used had internal diameters of 0.64 cm and 

wall thicknesses of 0.16 cm.  The OCM samples used were held in place within an 

isothermal section of the furnace by plugs of quartz wool. 
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Figure 4.4 – The fixed bed reverse flow integral reactor.  Flow is continuous for all gases due to a series of 

two-position, three-way valves, denoted by V2 and V3, and four-way valves, denoted by V1 and V4.  Bed 

length is 6 cm.  All piping is trace heated to 120°C to stop condensation of water. 

The direction of flow into the bed was controlled by a series two-position, three-port 

(V2 and V3) or four-port (V1 and V4) valves.  Figure 4.4 shows the arrangement of 

the valves to allow water flow through the bed. 

The water delivery system and mass spectrometer used in this reactor system had the 

same specifications as that for the CATLAB reactor.  The mass spectrometer used 

with the integral reactor, however, was brand new while the CATLAB mass 

spectrometer was several years old. 

4.4 Isothermal Chemical Looping Water-Gas Shift 

(WGS) Process 

Experiments in both the CATLAB microreactor and the integral reactor are 

performed at isothermal conditions (850°C or 820°C) and at atmospheric pressure.  

In both cases the overall reaction occurring is the water-gas shift (WGS) reaction, 

shown in Equation 4.1. 

𝐶𝑂 + 𝐻2𝑂 ⇌ 𝐶𝑂2 + 𝐻2 4.1 

However, due to the inherent design of these chemical looping experiments, the 

carbon and hydrogen products never mix.  Equation 4.2 shows the reaction in the 
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reduction step, while Equation 4.3 shows the reaction in the oxidation step.  These 

reactions are illustrated with a generic metal/metal oxide OCM (M/MO). 

𝐶𝑂 + 𝑀𝑂 ⇌ 𝐶𝑂2 + 𝑀 4.2 

𝐻2𝑂 + 𝑀 ⇌ 𝐻2 + 𝑀𝑂 4.3 

4.4.1 Procedure for Kinetic Studies of OCM by Mixtures 

Containing Carbon Monoxide & Carbon Dioxide and 

Water & Hydrogen at 850°C 

These experiments study two different oxygen carriers: 60% iron oxide supported on 

alumina (Fe60) and a commercially bought La0.7Sr0.3FeO3-δ (LSF731).  Identical 

experiments were performed for both OCMs and were conducted in the CATLAB 

microreactor. 

In order to map the kinetic space of a reactor of Fe60 or LSF371, an experimental 

matrix, where the initial solid oxygen content and the gas composition vary, is 

needed.  The following procedure was used to try and maximise the number of initial 

solid oxygen content conditions. 

One experiment consisted of 20 cycles, which are defined as a full redox reaction, i.e. 

one half-cycle of reduction, one half-cycle of oxidation, with purge steps in between 

to remove reactive gases.  Each experiment used a new sample of either LSF731 or 

Fe60 and retained that sample throughout the 20 cycles.  Each experiment used the 

same ratio of water and hydrogen during the oxidation half-cycle.  The ratio of 

carbon monoxide and carbon dioxide used during reduction varied throughout the 

experiment.  Cycles 1-5 used a 4:1 ratio of carbon monoxide and carbon dioxide; 

cycles 6-10 used a 1:1 ratio; cycles 11-15 used a 1:4 ratio and cycles 16-20 used a 

1:0 ratio, in this order.  The 1:0 mixture of carbon monoxide and carbon dioxide 

(which is a feed of carbon monoxide only) was used last to mitigate deactivation of 

the sample before the kinetic data could be collected.  A separate experiment, with a 

new sample, was carried out for each of the water and hydrogen ratios (4:1, 1:1, 1:4 
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and 1:0) until a full set of experiments was completed for both Fe60 and LSF731.  

This resulted in 8 experiments and a total of 160 cycles. 

A cycle consisted of 5 minutes purge with helium at 100 ml (STP)/min, followed by 

30 minutes of reduction, another 5 minute purge with helium at 100 ml (STP)/min, 

then 30 minutes of oxidation, followed by a final helium purge for 15 minutes.  

Reduction is achieved by using different ratios of flow, totalling 100 ml (STP)/min 

of 5 mol% carbon monoxide in helium and 5 mol% carbon dioxide in helium to 

achieve the desired ratio of carbon monoxide and carbon dioxide.  Similarly 

oxidation is achieved by using different ratios of flow, totalling 100 ml (STP)/min of 

5 mol% water in helium and 5 mol% hydrogen in helium to achieve the desired ratio 

of water and hydrogen. 

Prior to starting an experiment a fresh sample was weighed out into an empty sample 

tube specifically for that OCM.  The mass of sample of approximately 50 mg was 

used and recorded for subsequent material balances.  The sample tube was then 

placed into the CATLAB microreactor and heated to 850°C in a flow of helium (100 

ml (STP)/min) at a rate of 10°C/min.  This temperature was maintained throughout 

the experiment.  On completion of the experiment, the reactor was allowed to cool 

room temperature in a flow of helium (100 ml (STP)/min).  The sample was then 

reweighed and recorded. 

4.4.2 Procedure for Studies of OCM Performance in a 

Reverse Flow Integral Reactor at 820°C 

La0.7Sr0.3FeO3-δ with a particle size of 80-160 µm (LSF731-80-160) and iron oxide 

with a particle size of 80-160 µm (Fe-80-160) were studied in the integral reactor.  

One cycle in the integral reactor is defined as a reduction half-cycle with 5 mol% 

carbon monoxide in helium and an oxidation half-cycle with 5 mol% water in helium, 

with helium purges between them to remove all the reactive gases.  The cycles 

shown in this thesis all used a half-cycle time of 60 seconds for both reduction and 

oxidation. 



74 

 

Before commencing an experiment the OCM (either LSF731-80-160 or Fe-80-160) 

was loaded into the reactor tube to form a packed bed 6 cm long.  The mass of the 

sample used was measured and recorded for use in the material balances.  Once the 

bed was place in the furnace the bed was heated to 820°C under a helium flow of 50 

ml (STP)/min.  The cycles began once the bed was isothermal and any volatile 

species from the OCM were removed.  On completion of the experiment the sample 

was removed and reweighed. 

As previously mentioned, gas flow was continuous in the integral reactor.  Switching 

between the gases was performed with a series of three- and four-way valves, as 

shown in Figure 4.4.  The switching protocol for a cycle began with valves V2 and 

V3 arranged to flow helium into the reactor via the carbon monoxide feed side.  

After 30 seconds, valve V1 was turned to deliver carbon monoxide for 60 seconds, 

then was turned back to deliver helium.  After 60 seconds, valves V2 and V3 were 

turned simultaneously to change the direction of helium flow to enter at the water 

feed side.  After 60 seconds, valve V4 was turned to deliver water into the reactor for 

60 seconds, then was turned back to deliver helium for a further 60 seconds 

4.5 General data analysis 

A mixture of Excel and Origin was used to analysis the data collected by the mass 

spectrometers.  The data acquired during experiments was in the form of percentage 

mole fractions, thus in order to analyse this data it was converted into molar flow 

rates by the following calculation: 

𝑁 (
𝜇𝑚𝑜𝑙

𝑠
) = 𝑥(%) × 𝐹 (

𝑚𝑙 (𝑆𝑇𝑃)

𝑚𝑖𝑛
)

× [
1000000 (

𝜇𝑚𝑜𝑙
𝑚𝑜𝑙

)

100(%) × 22400 (
𝑚𝑙

𝑚𝑜𝑙
𝑎𝑡 0𝑜𝐶) × 60 (

𝑠
𝑚𝑖𝑛)

] 
4.4 

Where N is the molar flow rate, x is the mole fraction and F is the volumetric flow 

rate at 0°C and 1 bar.  As the maximum system pressure was 5 bar, set by the gas 
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cylinder regulators, assuming ideal gas behaviour is reasonable, as compressibility 

factors of all the gases involved are very close to 1 (± 0.002). 

4.5.1 Material Balances 

Material balances were performed on every step of an experiment using the 

integrated mole fractions over time of water, carbon monoxide, carbon dioxide or 

hydrogen.  In cases where a mixture of reactant and product gas was used in the feed, 

only mole fractions in addition to that of the feed mixture were considered to be 

production. 

The maximum mole fraction of carbon- or hydrogen-containing species, i.e. carbon 

dioxide and carbon monoxide or water and hydrogen, should be 5 mol% (3.7 μmol/s) 

at any one time, assuming no carbon deposition occurs.  The production mole 

fractions were integrated over the half-cycle time to determine to total molar 

production during each half-cycle.  These values were used to determine the solid 

composition at the end of each half-cycle. 

4.5.1.1 Fe60 Material Balance 

Fe60 has four distinct oxidation phases.  Haematite (Fe2O3), magnetite (Fe3O4), 

wüstite (FeO) and iron (Fe).  Thermodynamically, above ≈ 565°C, the phase 

transitions must occur in this order.  It is assumed in the CATLAB that due to the 

bed being small (≈ 50 mg) only two phases are likely to exist at any one time in the 

reactor.  Therefore the bed must fully reduce to magnetite before any wüstite was 

formed.  In a larger bed this assumption would not be valid. 

Thus the material balance is performed as per Figure 4.5 for any cycle of number n: 
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Figure 4.5 – Material balance procedure for Fe60 for cycle n. 

Cycle n+1 follows the same procedure but from a new starting composition and so 

on. 

In the first cycle, however, there is usually a large peak in the carbon monoxide and 

carbon dioxide due to the flow controllers adjusting to the correct flow conditions.  

Therefore in this cycle the process is reversed as shown in Figure 4.6. 

 

Figure 4.6 – Material balance procedure for Fe60 for the first cycle. 

4.5.1.2 LFS731 Material Balance 

LSF731 has a continually changing oxygen chemical potential.  Thus the oxygen 

non-stoichiometry (δ) was calculated as below (Figure 4.7): 
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Figure 4.7 – Material balance procedure for LSF731. 

4.6 Experimental Uncertainty 

Calculating the error on results obtained from a system like the CATLAB or the 

integral reactor is very difficult.  There are several potential sources of error, both 

from the equipment and the data analysis techniques.  The sources include, but are 

not limited to: 

1. The mass flow controllers 

2. The mass spectrometer 

3. Switching valves 

4. Gas leaks 

5. Pressure build up/back pressure 

6. Mass losses 

7. Initial mass determination 

8. Data analysis 

It is unlikely that any one source of uncertainty, listed above, would affect the system 

in isolation.  Due to this it is often hard to distinguish the affects when analysing 

experimental results.  Thus quantifying an overall uncertainty was necessary.  The 
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following sections will look at each source in more detail and, where appropriate, 

discuss how these sources were mitigated.  

4.6.1 Mass Flow Controller Uncertainty 

In the CATLAB system there are five flow controllers.  There are four flow 

controllers inside the mass flow controller unit (MFCU), which deliver the dry gases 

to the reactor, and there is a separate flow controller, which delivers dry gas to the 

water saturator before entering the reactor.  Each flow controller is responsible for 

the delivery of a different gas into the CATLAB system.  In the case of the four 

controllers within the MFCU, flow rates are controlled via the CATLAB computer 

software, while the water saturator controller is adjusted manually.  Similarly, in the 

integral reactor up to five flow controllers are used, except that all of these 

controllers are adjusted manually.  In later experiments the helium feed to the water 

bath in the integral reactor was replaced with a manual needle to increase accuracy. 

Complications arise if the flow controllers do not hold steady delivery rates and if 

over time the flow controllers have drifted from their calibration point.  Under 

reactive conditions it is very hard to tell the difference between flow fluctuations and 

changing production rates due to kinetics or thermodynamic limitations.  Equally, 

when the controllers drift from their calibration point, working out the actual feed 

composition of the reactive stream is difficult, especially when feeding mixtures (e.g. 

carbon monoxide/carbon dioxide) which use different flow controllers. 

Small flow rate fluctuations can have a big effect on a material balance carried out 

over an experiment.  Given that the molar production rates are calculated based on 

volumetric inlet flow rates, small changes in flowrate will cause directly proportional 

changes in the molar production rate.  Thus if the flowrate is believed to be 100  

ml(STP)/min, but is actually 20% higher, then conversely the calculated molar 

production will be 20% too low.  Although the flowrate during the monitored period 

was as much as 10% higher than desired, this is not evidence to suggest that 

experiments carried out before this test had a 10% higher flowrate than previously 

thought. 
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A particularly perturbing problem which arises when using mass flow controllers 

when changing set points regularly is that over- or under- flow can occur before the 

set point is reached.  This can affect the mole fractions measured by the mass 

spectrometers as the total flowrate can change (which in turn changes the pressure at 

the mass spectrometer inlet).  As a result, there is often a large over shoot at the 

beginning of the reduction or oxidation as shown in Figure 4.8.  As the total mole 

fraction of carbon oxides should not exceed 5 mol%, the carbon monoxide and 

dioxide peaks of ≈ 7.5 mol% and ≈ 8.75 mol% must be an artefact of the mass 

spectrometer.  Oxygen (and hydrogen, though not shown) also experienced the same 

high initial peaks.  Water, however, never shows this behaviour as it is continually 

delivered at a fixed flow rate and is directed into the reactor via a six-port valve. 

In the integral reactor, which was purposefully designed, four-port valves were used 

to eliminate these initial high peaks and the inaccuracies they cause.  Unfortunately, 

as the CATLAB was a commercial unit it would have required re-plumbing to 

remove these peaks – this would have also removed the automated functionality. 
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Figure 4.8 – Fe60 reduction with a 1:1 mixture of carbon monoxide and carbon dioxide in helium followed 

by an oxidation with 5 mol% oxygen in helium, separated by helium purges.  Temperature 850°C and flow 

rate 50 (STP) ml (STP)/min. 
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4.6.2 Mass Spectrometer 

In the majority of experiments presented the same mass spectrometer was used to 

analyse the composition of outlet gases from both the CATLAB and integral reactors.  

Over time the measurements from the mass spectrometer can drift.  This can be due 

to any number of things ranging from changing sensitivity of the mass sensor to 

hardware problems. 

The source of this drift is hard to isolate and as a result it is difficult to stop.  In order 

to mitigate this problem, however, regular calibrations are carried out.  A calibration 

is carried out before every experiment.  The regularity of the calibrations is to try and 

ensure that results are as repeatable as possible.  For gases like oxygen and hydrogen, 

which are the strongest oxidising and reducing agents, it can take longer to reach 

steady state.  It is believed by manufacturers that the long duration to reach steady 

state (approximately two hours) is due to the gases reacting with the mass sensor.  

The validity of this claim is unknown.  While this behaviour can be seen with the 5 

mol% oxygen in helium calibration, it is not seen during the 5 mol% hydrogen in 

helium calibration.  Additionally, if oxygen is part of a mix of other gases (such as in 

the calibration gas cylinder) there is no significant delay before steady state is 

reached.  Normally it will take a gas cylinder approximately 20 minutes to stabilise, 

and the majority of this time is taken to remove air from the gas lines.  Oxygen is still 

unstable during the re-oxidation cycles despite the longer calibration time.  The 

percentage of oxygen can drop by as much as 8% of its original value during one 30 

minute re-oxidation half-cycle.  Oxygen appears to be the only gas that does this. 

Mole fraction drift during and between cycles becomes a significant issue in longer 

term experiments, when it is not possible to recalibrate.  In an extended experiment 

with 38 cycles (of 30 minute half-cycles), each consisting of a reduction with carbon 

monoxide/dioxide and a re-oxidation with oxygen, the gas mole fractions were 

observed to drift at differing rates between the first and last cycle.  By analysing the 

non-reactive sections of the cycles, the carbon dioxide mole fraction decreased by 18% 

of its initial value, while the carbon monoxide mole fraction only decreased by 2% 

over the 38 cycles.  Thus each gas has a different error due to the mass spectrometer 

mole fraction drift. 
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The age of the mass spectrometer could also play a role in mole fraction drift, and it 

is for this reason that a new mass spectrometer was obtained and used in later 

experiments.  The new mass spectrometer did not appear to suffer from mole fraction 

drift to a noticeable extent, although the same calibration schedule was used. 

4.6.2.1 Mass spectrometer sampling rate 

Theoretically a mass spectrometer can make a measurement multiple times a second 

depending on: the type of analyser used, i.e. secondary electron multiplier, SEM, or 

faraday cup, which is dependent on the concentration of gases being analysed; the 

number of gases being analysed and the desired accuracy of the data. 

The experiments carried out in the CATLAB used the faraday cup to analyse six 

gases and thus the best achievable sampling rate, while still maintaining a high 

accuracy, was 6.9 ± 0.2 seconds per sample (where one sample point consist of a 

data point per gas).  Slow sampling is generally not a problem for steady state 

experiments and those with a total cycle time of, say, 30 minutes or more but in 

dynamic experiments where very fast reactions/phase changes are expected, then a 

significant amount of information can be lost. 
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Figure 4.9 – First two minutes of a Fe60 reduction with 5 mol% carbon monoxide in helium (lasting 30 

minutes in total) at 850oC.  Flow rate 50 m/min. 
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In the case of iron oxide reductions, it is known that the transition between haematite 

(Fe2O3) and magnetite (Fe3O4) is fast with carbon monoxide [114].  In a cycle with 

oxygen re-oxidation, this is the first transition that occurs during the reduction step 

but due to the sampling rate up to the first 30 seconds of data can be missed, or only 

partially represented.  Figure 4.9 highlights this problem.  The cycle started at time 

0.0 minutes, however the first reading was not gathered until 0.5 minutes, by which 

time the first part of the carbon dioxide and carbon monoxide peaks have been 

missed. 

It can be argued, however, that fast reactions like this at the beginning of a cycle are 

not as important to understand as the slower reactions which dominate the rest of the 

cycle.  It is the slower, limiting reactions that will affect the design and volume of the 

reactor.  Although for completeness of the study and to fully close the material 

balance; it would be desired to see as much of the reaction as possible.  The 

computer sequence timing was altered to reducing the delay to 20 seconds and 

reactive gases were not delivered until 5 minutes into a cycle to try and capture the 

first seconds of the a reaction.  This increases the accuracy of the material balance, 

but since the minimum time increment of the computer sequence is 6.9 ± 0.2 

seconds, there will always be a chance of missing data with fast reactions, and 

producing curves with low resolution, as can be seen in Figure 4.9. 

Later experiments in the integral reactor were performed with a new mass 

spectrometer (of the same specifications as the CATLAB QMS) and the analyser was 

switched to SEM mode.  In this mode it was possible to achieve a sample point every 

0.42 seconds, equating to approximately two a second, with no decrease in accuracy. 

4.6.3 Switching Valves 

There are several valves in the integral system which control the direction and 

composition of flow.  As the valves controlling direction of flow (V2 and V3 in 

Figure 4.4) were only turned during purges with helium, the reactive gas streams (i.e. 

carbon monoxide and water) did not mix.  Additionally the water and carbon 

monoxide were continually flown to eliminate any peaks in the data due to the flow 

controllers opening and closing. 
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There is only one switching valve in the CATLAB system that can operate during a 

cycle: the modified two-position, six-port valve.  This valve, which has been 

modified into a four-way valve, is able to switch during an automated experiment 

sequence to delivery water saturated helium instead of the usual dry gas feed.  Figure 

4.10 below shows the valve flow patterns when in either position A or B. 

 

Figure 4.10 – Schematic showing the gas flow patterned through the two-position, six-port valve. A) shows 

the flow pattern during dry gas feed to the reactor and B) shows the flow pattern during water feed to the 

reactor. 

As can be seen, when the valve turns between position A and B all lines that 

previously held reactive gases mixture, i.e. carbon monoxide/dioxide and 

hydrogen/water, could be purged with helium.  This ensured that no reactive gas is 

trapped within the valve during switching and thus no residual reactive gases were 

flushed into the reactor at the beginning of the either reduction or oxidation. 

The drawback of the six-port valve was that a delay of up to a minute for the valve to 

change positions was common.  This was suspected to be due to a slow response 

from the valve actuator.  The more frequently the valve was turned, the faster the 

process became, however, as all the water half-cycles in the CATLAB were 30 

minutes long, a delay of up to half a minute could be observed in the data. 

If carbon deposition is a problem for a particular OCM, the first few minutes of a 

water half-cycle can be particularly important as this is when carbon monoxide 

and/or dioxide may be observed.  To accurately calculate the amount of carbon 

decomposition, and thus the purity of the hydrogen product, sufficient data from the 
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first few minutes is essential.  (See Section 4.6.2.1 Mass spectrometer sampling rate 

for further discussion.) 

4.6.4 Gas Leaks 

The most common problem to affect the CATLAB equipment is leaks: most often air 

leaks.  There are multiple points in the assembly where air leaks are possible, as there 

are several points of connection all requiring leak testing before use. 

The first method of leak detection is with an electronic leak detector.  This 

instrument can detects minute leaks of any gas with a different thermal conductivity 

to air.  The detector compares gas entering at the sample probe to a reference sample 

of ambient air drawn in at the instrument.  The sample probe is attached to the 

instrument by a length of tubing to try and keep the reference sample inlet as far 

away from the leak source as possible. 

This instrument is especially effective in finding leaks exiting the CATLAB but 

detecting air leaks into the CATLAB is not possible, as the electronic leak detector 

will detect no change in thermal conductivity.  Large leaks can also confuse the 

detector by mixing with the ambient air enough to alter the reference sample thermal 

conductivity, resulting in false positives. 

Alternatively Snoop leak detection liquid can be used.  This is particularly effective 

in finding leaks too large for the electronic detector but too small to be felt or heard.  

When a leak is present the liquid bubbles making the exact position clear, unlike with 

the electronic detector which cannot exactly locate the source of a leak.  Like the 

electronic leak detector inward leak can be difficult to see with the liquid detector. 

Due the positive pressure created by the flow controllers upstream of the reactor bed 

any leaks should discharge gas from the CATLAB system.  Downstream of the 

reactor bed the pressure should be the same as the ambient pressure, as the system 

vents to the atmosphere.  Negative pressures are possible if blockages form in piping 

downstream of the reactor bed due to particulate build-up.  This means that 

downstream of the reactor bed any leaks present are likely to be inward leaks and the 

only evidence of these can be found in the mass spectrometer data. 
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4.6.5 Pressure Build Up 

Larger pressure build ups can have severe effects on the CATLAB and integral 

reactor systems: from huge gas leaks to blown bulkheads.  The main source of 

pressure build ups in these systems is the sample material. 

If the surface area of the sample material is low enough or if the material is packed 

too tightly, flow sufficiently limited that gas accumulates in the system upstream of 

the reactor bed.  Once the fail pressure for fittings is reached, leaks are inevitable and 

all affected parts must be replaced. 

If a portion of the OCM is lost from reactor bed and ends up in a vent line or mass 

spectrometer sampling line then back pressures can be created, forcing leaks to 

appear.  This has been observed to occur in the CATLAB system particularly (as 

particles are significantly smaller) and can potentially happen at any time during a 

cycle, though it is believed to be more likely just after a change in flow rate.  This is 

when particulates are most likely to be carried into a valve or pipe causing a 

constriction. 

4.6.6 Mass Losses 

Mass loss is a problem primarily seen in the CATLAB system, as previously 

mentioned in Section 4.6.5 Pressure Build Up.  The extent of the mass loss can vary, 

depending on the type of material, the length of the experiment and the conditions 

under which the experiment is carried out, though it is hard to find a clear pattern.  

As Table 4.3 shows, the mass loss can range from 6% to 35%, however on average 

the mass loss is 24.6%. 

  



86 

 

Table 4.3 – Percentage mass loss of sample material for a selection of experiments. 

Run Material Gases used 
No. of 

Cycles 
Loss (mg) Loss (%) 

1 Fe60 CO & CO2/O2 9 9.2 18% 

2 Fe60 CO & CO2/H2O FAILED 17.1 34% 

3 Fe60 CO & CO2/H2O 9 15.8 32% 

4 LSF731 CO & CO2/H2O FAILED 12.8 26% 

5 Fe60 CO & CO2/O2 38 13.1 35% 

6 LSF731 CO & CO2/O2 9 8.8 17% 

7 Fe60 CO & CO2/O2 39 2.8 6% 

8 LSF731 CO & CO2/O2 10 14.2 29% 

In total there is 93.8 mg of sample lost somewhere in the system, just from the 8 

experiments listed in Table 4.3. 

Any damage created by material entering the mass spectrometer could result in long 

and costly delays.  For example, there were a series of pump failures (Pfeiffer 

Vacuum DUO 2.5 Rotary Pump).  The cause of these failures was seal erosion which 

could be explained by solids entering the pumps.  As can be seen in Figure 4.11 the 

amount of solid in the pumping fluid (mineral oil) was considerable, suggesting that 

lost sample solids alone would not cause this much damage. 

Water, however, could cause this damage, even if a small quantity made it through to 

the pumps.  As water is denser than mineral oil, any that entered the pumps would 

sink to the bottom causing any metal parts to rust.  It is this rust that attacks the inner 

seals, causing them to fail and the pump to leak, as in Figure 4.11.  The rotary pumps 

(of which there were two) were replaced by one Edwards scroll pump, was lubricant-

free and had isolated bearings to protect against process attack.  The new mass 
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spectrometer (used in some of the integral reactor experiments) also used a scroll 

pump. 

Since the probability of solids entering the mass spectrometer is low, then the 

unaccounted for mass is either still in the CATLAB or in the vent line.  If the mass is 

still in the CATLAB it is possible that – although at reduced temperatures to that in 

the reactor bed – it is participating in the reaction.  This can lead to discrepancies in 

material balances.  It is particularly difficult to determine how much of the lost mass 

is still active and at what temperature it is reacting at, if at all.  It is also difficult to 

determine at which point in the cycle(s) the solids were lost.  Assuming that lost 

solids do not participate in the reaction, if the solids were lost right at the beginning 

of the first cycle, then the each cycle should have the same error in the material 

balance.  If the mass is lost a little at a time in each cycle then the error will be 

increasing with each cycle.  Alternatively the mass could be lost during its removal 

from the reactor, in which the material balance would be unaffected.  However, 

without knowing the material’s location and activity, it is difficult to know which 

scenario is most likely. 

 

Figure 4.11 – Pfeiffer Vacuum DUO 2.5 Rotary Pump and emulsion of rust and used mineral oil from the 

failed pump 

4.6.7 Data Manipulation 

There are generally three forms of data manipulation performed in this study: 



88 

 

1. Integration of area under curves – this is done to calculate the total production 

and consumption of different gas components in a cycle 

2. Mole fraction separation – in cases where a gas is present in both reactant and 

product streams (e.g. carbon dioxide in a carbon monoxide/dioxide mixture). 

4.6.7.1.1 Area Under Curves 

Depending on the duration of a cycle, low background mole fractions (>0.02%) can 

manifest as significant contributors in a reaction once the data has been integrated 

with time. 

It is inevitable that water will be present somewhere in the system in small quantities, 

even when the system is trace heated, as the CATLAB and integral reactors are.  

Thus integrating the water mole fraction over a long time can artificially create or 

increase water production.  For this reason material balances should always be 

considered alongside graphs showing real-time mass spectrometer data. 

4.6.7.1.2 Signal Separation 

Carbon monoxide and diatomic nitrogen cannot be easily distinguished by a mass 

spectrometer as they have the same molecular weight.  Different isotopes for 

nitrogen could be detected however, i.e. 14N and 15N.  However a simpler method is 

to use a cracking pattern.  Due to the ionisation process in the mass spectrometer 

larger compounds can be cracked into smaller units which can be identified as 

secondary peaks.  These peaks will have signal intensities which are a proportional to 

the main peak.  Therefore if monoatomic nitrogen (mass 14, which is not a unique 

peak as methane can also form this mass) is also scanned for, then the amount of 

nitrogen present in the carbon monoxide stream can be calculated.  As the number of 

gases measured in an experiment was kept to a minimum to speed up the mass 

spectrometer sampling rate (discussed in Section 1.6.2.1 Mass spectrometer sampling 

rate), monatomic nitrogen was only scanned for during leak testing prior to starting 

an experiment. 

Carbon dioxide is also known to crack into carbon monoxide within a mass 

spectrometer.  The base peak (i.e. most common peak) for carbon dioxide is on mass 
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44, and all other peaks are measured relative to the height of the base point.  Thus, 

according to the Hiden Analytical Cracking Pattern Library, 11.4 mol% of the carbon 

dioxide base peak will appear on mass 28, the mass of carbon monoxides base peak.  

This extra mass 28 is subtracted from the carbon monoxide signal. 

In cases where a product gas is also fed into the reactor it is important to separate the 

mole fractions.  In the kinetic studies carried out in this work, carbon dioxide and 

hydrogen are both introduced within feed gas mixtures to limit reactivity.  This 

means that the mixtures of either carbon monoxide/carbon dioxide or water/hydrogen 

will produce varying amounts of carbon dioxide and hydrogen respectively during a 

cycle.  The difficulty with separating these signals comes from not being able to fully 

trust the mass flow controllers to deliver an accurate and stable flow of gas, as 

discussed in Section 4.6.1 Mass Flow Controller Uncertainty. 

The only experiments that used reactive gas mixtures of this kind were carried out in 

the CATLAB, where the half-cycle time was 30 minutes.  This duration appeared to 

be sufficiently long to complete reactions with said gas mixtures.  Thus in order to 

subtract the mole fraction of product in the feed used throughout the experiment, the 

final mole fraction measured (i.e. after the 30 minutes) was used. 
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Chapter 5 

5. Model of Chemical Looping Process in a 

Packed Bed Reactor 

It is not always possible to practically study the behaviour of a whole reaction system 

and in such cases mathematical models become powerful design tools.  Studies in 

chemical looping for hydrogen production, in general, are restricted to the inlet 

behaviour of a material.  Although other chemical looping processes, i.e., chemical 

looping combustion, have been studied on the pilot plant scale, most studies 

regarding hydrogen production are lab scale.  Where the ultimate goal of lab scale 

work is to be able to scale up for industrial application, inlet information, although 

important, has limited use concerning reactor design.  It is often the outlet conditions 

that are crucial. 

Heidebrecht and Sundmacher (2009) investigated the thermodynamics of a cyclic 

water gas shift reactor (reactions 1.7 and 1.9) for hydrogen production using iron 

oxide [52]. 

𝐻2/𝐶𝑂 + 𝐹𝑒3𝑂4 ⇌ 𝐻2𝑂/𝐶𝑂2 + 3𝐹𝑒𝑂 5.1 

𝐻2/𝐶𝑂 + 𝐹𝑒𝑂 ⇌ 𝐻2𝑂/𝐶𝑂2 + 𝐹𝑒 5.2 

They constructed a model which used wave theory, relying heavily on the work of 

Helfferich (1989) on precipitation/dissolution waves [173], to show that the reactor 

behaved according to the movement of reaction fronts, known as shocks.  As a result 

their model provides an excellent starting basis for understanding the behaviour of a 

real fixed bed reactor with a non-catalytic gas-solid reaction. 

Work carried out by Murugan et al. (2001) showed that non-stoichiometric materials 

(specifically LSF731) could be used in chemical looping processes to replace iron 
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oxide, with increased stability over more than 100 cycles [51].  This work prompts 

the need to better understand the way LSF731 would behave in a real reactor bed.  

Thus a model for LSF731 was created to study the performance of this material in a 

packed bed reactor.  Unlike iron oxide which has distinct phase changes, non-

stoichiometric materials are able to continuously vary its chemical potential with 

oxygen content.  This means that LSF731 would effectively have an infinite number 

of reaction fronts moving through the solid bed during a reaction.  This situation is 

very different from iron oxide, which would have between one and three reaction 

fronts depending on the initial oxidation state. 

This chapter aims to: 

1. Outline, in detail, the model of Heidebrecht and Sundmacher [52] for a fixed 

bed of iron oxide and help provide a better understanding of the complexity 

of the problem. 

2. Describe an equilibrium limited model for a fixed bed of non-stoichiometric 

material, such as LFS731, and discuss the results based on arbitrarily selected 

reactor conditions. 

3. Discuss important considerations for creating models with kinetic data. 

5.1 Thermodynamic Model for Iron Oxide 

As previously stated, the Heidebrecht and Sundmacher model thermodynamically 

studies a cyclic water-gas shift reactor (CWGSR) for hydrogen production.  They 

consider a reverse flow system shown in Figure 5.1. 

 

Figure 5.1 – Principle of the CWGSR with reverse flow applied [52] 

They limited their model to investigate the basic behaviour of iron oxide only, 

although they acknowledge that iron oxide materials with various additives/support 
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structures are increasingly favoured in CWGSRs as they can offer increased 

resistance to degradation [127, 128, 174, 175]. 

Heidebrecht and Sundmacher highlight the need for realistic models of the CWGSRs 

when they perfectly summed up the complexities of such a reaction: 

“From the point of view of reactor design, the CWGSR is a complex system: It is 

spatially distributed and inherently dynamic, it is non-isothermal, it has several gas–

solid reactions with discrete equilibria and convective transport phenomena which 

are superimposed by diffusion processes.” 

5.1.1 Model Assumptions 

Heidebrecht and Sundmacher derived the equation for their model based on the 

following assumptions: 

 Isothermal conditions, T > 574°C 

 Isobaric conditions. 

 Ideal plug flow reactor: no radial gradients or axial dispersion. 

 Ideal gas. 

 Chemical equilibrium between gas and solid phases. 

 Occurrence of magnetite (Fe2O3) is negligible under normal operating 

conditions. 

 The possibility of carbonisation is not considered. 

 Reversed flow is applied (as shown in Figure 5.1). 

 The duration of each phase is significantly longer than the gas residence time, 

so gas phase balances are considered to be in quasi steady state. 

 The duration of each phase is significantly shorter than the time needed for 

complete conversion of the fixed bed. 

 The feed gas during the first phase is in equilibrium with iron, and the feed 

gas during the second phase is in equilibrium with haematite (Fe3O4). 

 Constant feed flow rates during each phase. 
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They refer to Figure 5.2 for the relationship between iron/iron oxide under different 

gas atmospheres of carbon monoxide/carbon dioxide and hydrogen/water at different 

temperatures. 

 

Figure 5.2 – Equilibrium lines for carbon monoxide/carbon dioxide and hydrogen/water over iron/iron 

oxide [52] 

5.1.2 CWGSR Front Model using Wave Theory 

As previously stated, this model was developed by applying wave theory to a fixed 

bed reactor.  This reactor is where the redox reactions (5.1 and 5.2) would take place, 

cyclically transferring oxygen from gas to solid phase and vice versa.  If a reduction 

feed mixture of carbon monoxide and carbon dioxide is considered, as this is 

thermodynamically well defined unlike pure carbon monoxide, then the oxygen 

content of both the gas and solid phases can be defined at any point in the reactor bed 

if equilibrium is reached.  In terms of the solid phase, theoretically all of the oxygen 

present can participate in the redox reactions, while only one oxygen atom in carbon 

dioxide can participate, and as the assumption of no carbonisation is applied, i.e. no 

deposition of carbon, then no oxygen from carbon monoxide participates.  Thus an 

oxygen balance can provide the molar density of oxygen, 𝐶𝑂 (mol/m
3
): 
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𝐶𝑂 = 𝜀 ∙ 𝑐𝐶𝑂2
+ 1 ∙ 𝐶𝐹𝑒𝑂 + 4 ∙ 𝐶𝐹𝑒3𝑂4

= 𝐶𝑂
𝐺 + 𝐶𝑂

𝑆 5.3 

Where ε is the gas volume fraction, and 𝑐𝐶𝑂2
 is the molar concentration of carbon 

dioxide in the gas phase. 𝐶𝐹𝑒𝑂 and 𝐶𝐹𝑒3𝑂4
 are the molar amounts of the iron oxide 

species related to the total reactor volume and 𝐶𝑂
𝐺  and 𝐶𝑂

𝑆 are the oxygen content in 

the gas and solid phases respectively. 

Using the equality constraint (5.4) for the solid composition which states that the 

total iron content, 𝐶𝐹𝑒
𝑡 , is constant, Heidebrecht and Sundmacher were able to 

develop a phase diagram which illustrates distinct regions in the CWGSR bed 

(Figure 5.3). 

𝐶𝐹𝑒 + 𝐶𝐹𝑒𝑂 + 3 ∙ 𝐶𝐹𝑒3𝑂4
= 𝐶𝐹𝑒

𝑡  5.4 

 

Figure 5.3 – Phase diagram of a CWGSR under carbon monoxide/carbon dioxide atmospheres [52] 

This diagram illustrates clearly how for most gas compositions, the gas phase is in 

equilibrium with only one solid phase of iron, wüstite or magnetite.  Only at distinct 

gas compositions can the gas phase be in equilibrium with more than one solid phase 

at a time.  Thus under equilibrium conditions there were only two regions where the 

solid composition actually changed. 

Wave theory developed by Helfferich (1989) [173] was applied to each of the 

regions identified in Figure 5.3.  Regions with a continuously changing solid and gas 

profile can use the gas velocity, 𝑢, to calculate the wave velocity, 𝑤: 
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𝑤 = 𝑢 ∙
𝜕𝐶𝑂

𝐺

𝜕𝐶𝑂
 5.5 

In the case of iron oxide there are no instances of continuously changing composition 

profiles, only two extremes.  In regions where the solid composition does not change 

with equilibrium gas composition, i.e. regions of only iron, wüstite or magnetite, 

𝜕𝐶𝑂 =  𝜕𝐶𝑂
𝐺 + 𝜕𝐶𝑂

𝑆 = 𝜕𝐶𝑂
𝐺 .  Thus, according to equation 5.5, in these regions the 

velocity of the wave (or reaction front) travels at the same velocity as the gas. 

Regions in which the gas composition does not change but the solid composition 

does, 𝜕𝐶𝑂
𝐺 = 0.  Instead of this meaning that these regions are static in the reactor 

bed (as 𝑤 = 0), they are in fact moved along the bed by force of the faster moving, 

constant solid composition waves following behind.  Heidebrecht and Sundmacher 

suggest that there are only three regions of finite length in the reactor bed now: the 

iron, the wüstite, and the magnetite.  They postulate that at the boundaries of these 

finite regions are step-like waves (known as shocks) which represent the changes in 

gas and solid composition. 

Thus the velocities of these shocks can be calculated by considering the bed before 

and after the shock using the integral form of equation 5.5: 

𝑤 = 𝑢 ∙
∆𝐶𝑂

𝐺

∆𝐶𝑂
= 𝑢 ∙

∆𝐶𝑂
𝐺

∆𝐶𝑂
𝐺 + ∆𝐶𝑂

𝑆 = 𝑢 ∙
𝜀 ∙ ∆𝑐𝐶𝑂2

𝜀 ∙ ∆𝑐𝐶𝑂2
+ ∆𝐶𝑂

𝑆 5.6 

However, as solid oxygen capacity is about four orders of magnitude higher than that 

of the change in gas composition, equation 5.6 can be simplified to: 

𝑤 ≈ 𝑢 ∙
𝜀 ∙ ∆𝑐𝐶𝑂2

∆𝐶𝑂
𝑆  5.7 

Thus the shock velocities were derived to be: 

Reduction  
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𝑤𝐹𝑒−𝐹𝑒𝑂 =
𝑢 ∙ 𝜀

∆𝐶𝐹𝑒−𝐹𝑒𝑂
∙ (𝑐𝐶𝑂2,𝐹𝑒−𝐹𝑒𝑂

𝑒𝑞 − 𝑐𝐶𝑂2,𝑓𝑒𝑒𝑑) 5.8 

𝑤𝐹𝑒𝑂−𝐹𝑒3𝑂4
=

𝑢 ∙ 𝜀

∆𝐶𝐹𝑒𝑂−𝐹𝑒3𝑂4

∙ (𝑐𝐶𝑂2,𝐹𝑒𝑂−𝐹𝑒3𝑂4

𝑒𝑞 − 𝑐𝐶𝑂2,𝐹𝑒−𝐹𝑒𝑂
𝑒𝑞 ) 5.9 

 

Oxidation  

𝑤𝐹𝑒𝑂−𝐹𝑒3𝑂4
=

−𝑢 ∙ 𝜀

∆𝐶𝐹𝑒𝑂−𝐹𝑒3𝑂4

∙ (𝑐𝐻2𝑂,𝑓𝑒𝑒𝑑 − 𝑐𝐻2𝑂,𝐹𝑒𝑂−𝐹𝑒3𝑂4

𝑒𝑞 ) 5.10 

𝑤𝐹𝑒−𝐹𝑒𝑂 =
−𝑢 ∙ 𝜀

∆𝐶𝐹𝑒−𝐹𝑒𝑂
∙ (𝑐𝐻2𝑂,𝐹𝑒𝑂−𝐹𝑒3𝑂4

𝑒𝑞 − 𝑐𝐻2𝑂,𝐹𝑒−𝐹𝑒𝑂
𝑒𝑞 ) 5.11 

5.1.2.1 Iron Oxide Model Results 

The shock velocities for iron oxide were calculated using the expressions derived and 

a set of test conditions, shown in Table 5.1. 

Table 5.1 – Test conditions for iron oxide shock velocity calculations. 

Density of solid (as analysed and reported by Alfa Aesar): 𝜌𝑠 = 5.24 × 103  
𝑘𝑔

𝑚3
 

Mass of iron oxide (Fe2O3 initially): 𝑚𝑠 = 1 𝑘𝑔 

Temperature: 𝑇 = 850°𝐶 

Pressure: 𝑃 = 1 𝑎𝑡𝑚 

Equilibrium constant for 𝐹𝑒3𝑂4 + 𝐶𝑂 ⇌ 3𝐹𝑒𝑂 + 𝐶𝑂2: 𝐾𝑐𝑎𝑟.𝐹𝑒3𝑂4.𝐹𝑒𝑂 = 3.82 

Equilibrium constant for 𝐹𝑒𝑂 + 𝐶𝑂 ⇌ 𝐹𝑒 + 𝐶𝑂2: 𝐾𝑐𝑎𝑟.𝐹𝑒3𝑂4.𝐹𝑒𝑂 = 0.43 

Equilibrium constant for 𝐹𝑒 + 𝐻2𝑂 ⇌ 𝐹𝑒𝑂 + 𝐻2: 𝐾𝑤𝑎𝑡.𝐹𝑒.𝐹𝑒𝑂 = 2.06 
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Equilibrium constant for 3𝐹𝑒𝑂 + 𝐻2𝑂 ⇌ 𝐹𝑒3𝑂4 + 𝐻2: 𝐾𝑤𝑎𝑡.𝐹𝑒𝑂.𝐹𝑒3𝑂4 = 0.23 

Reactor bed length 𝐿 = 1 𝑚 

Gas volume fraction: 𝜀 = 0.5 

Gas velocity: 𝑢 = 1
𝑚

𝑠
 

 

Figure 5.4 – Shock velocities for the magnetite to wüstite and wüstite to iron phase transitions when 

oxidised or reduced with mixtures of water and hydrogen or carbon dioxide and carbon monoxide at 

850°C and 1 atm.  This work is generated from the velocity expressions created by Heidebrecht and 

Sundmacher [52]. 

Figure 5.4 shows the results for the shock velocities over the full range of water or 

carbon dioxide mole fractions.  From the equilibria plot in Figure 5.2, which was 

used by Heidebrecht and Sundmacher, the mole fractions where the iron-wüstite and 

wüstite-magnetite transitions occur are ≈ 0.3 and ≈ 0.7 respectively, for a reaction at 

850°C.  At all other mole fractions the reaction fronts should travel at the same 

velocity of as the gas, according to Heidebrecht and Sundmacher’s model.  At the 

transition mole fractions the shock velocities depend on the type of gas mixture.  
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Thus at the iron-wüstite transition (i.e. 𝑦 ≈ 0.3) a water and hydrogen mixture has a 

shock velocity of ≈ 0.55 m/s while a carbon monoxide and carbon dioxide mixture 

has a shock velocity of ≈ −1.66 × 10−3 m/s.  Both of these velocities are below the 

arbitrarily set gas velocity (1 m/s), though a negative shock velocity suggests that the 

gas flow direction has reversed.  As these results are the numerical solution of a 

model based on a simple oxygen balance across the reaction front, it is not 

unexpected that a negative value be produced since not all of the physics (i.e. 

kinetics) has been accounted for. 

At the wüstite-magnetite transition (i.e. 𝑦 ≈ 0.7), however, a carbon monoxide and 

carbon dioxide mixture appears to travel faster than the gas velocity, ≈ 3 m/s which 

is also not possible, though this is again explained by this being solely a numerical 

solution.  The shock velocity for a hydrogen and water mixture performs as expected 

with a lower velocity of ≈ 0.42 m/s. 

5.2 Thermodynamic Model for LSF731 

Heidebrecht and Sundmacher’s model only looked at iron oxide as the oxygen carrier 

in the water-gas shift reaction as this is the classic material used.  From the work 

Murugan et al. it is known that non-stoichiometric materials can be used in chemical 

looping processes in place of iron oxide [51].  Thus a model for LSF731 was created 

to study the performance of this material in a packed bed reactor.  Unlike iron oxide 

which has distinct phase changes, non-stoichiometric materials are able to 

continuously vary their chemical potential with oxygen content.  This means that 

LSF731 would effectively have an infinite number of reaction fronts moving through 

the solid bed during a reaction.  This situation is very different from iron oxide, 

which would have between one to three reaction fronts depending on the initial 

oxidation state. 

The model for LSF731 uses the same assumptions as the iron oxide model, which are 

outlined in Section 5.1.1 Model Assumptions.  In this model, the reduction reaction 

(5.12) overall is pure carbon monoxide forming carbon dioxide, but after the inlet the 

feed gas becomes a mixture of these two.  The same is true of the oxidation reaction 

(5.13): 
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𝐶𝑂 + 𝐿𝑎0.7𝑆𝑟0.3𝐹𝑒𝑂3−𝛿1
⇌ 𝐶𝑂2 + 𝐿𝑎0.7𝑆𝑟0.3𝐹𝑒𝑂3−𝛿2

 5.12 

𝐻2𝑂 + 𝐿𝑎0.7𝑆𝑟0.3𝐹𝑒𝑂3−𝛿2
⇌ 𝐻2 + 𝐿𝑎0.7𝑆𝑟0.3𝐹𝑒𝑂3−𝛿3

 5.13 

5.2.1 Model Method 

Perovskite-type material LSF731 is a non-stoichiometric material.  The non-

stoichiometry of La1-xSrxFeO3-δ has been well studied by many, but the works that 

were primarily referred to in the development of this model were Søgaard et al. 

(2007) [167] and Mizusaki et al. (1985) [168]. 

Mizusaki et al. developed a defect equilibrium model which generated the 

relationship between gas phase oxygen, 𝑝𝑂2, and lattice oxygen vacancy (or degree 

of non-stoichiometry), δ, shown by equation 5.14. 

𝛿
1
2 ∙ (2𝛿 − 𝑥 + 1)

(3 − 𝛿)
1
2 ∙ (2𝛿 − 𝑥)

∙ 𝑝𝑂2

1
4 =

𝐾𝐹𝑒

𝐾𝑜𝑥
∙

(1 + 𝑥 − 2𝛿) ∙ (3 − 𝛿)
1
2

𝛿
1
2 ∙ (2𝛿 − 𝑥) ∙ 𝑝𝑂2

1
4

− 𝐾𝑜𝑥

−
1
2 5.14 

Where x is the strontium content, 𝐾𝐹𝑒  is the equilibrium constant for the 

disproportionation process of 𝐹𝑒3+  into 𝐹𝑒2+  and 𝐹𝑒4+ , shown by Kröger-Vink 

notation in equation 5.15. 

2𝐹𝑒𝐹𝑒
𝑥 = 𝐹𝑒𝐹𝑒

 ′ + 𝐹𝑒𝐹𝑒
 ⋅  5.15 

𝐾𝑜𝑥  is the equilibrium constant for the reaction between gaseous oxygen and the 

defects in La1-xSrxFeO3-δ shown by equation 5.16. 

1

2
𝑂2(𝑔) + 𝑉𝑂

⋅⋅ + 2𝐹𝑒𝐹𝑒
𝑥 = 𝑂𝑂

𝑥 + 2𝐹𝑒𝐹𝑒
 ⋅  5.16 

It was possible to determine the effect of the reducing or oxidising atmospheres (i.e. 

those found in the cyclic WGS reaction) on the solid by determining the virtual 𝑝𝑂2 

of that gas, i.e., by determining the equilibrium relationship for water dissociation 

(3.32) or carbon monoxide oxidation (5.20) at the desire temperature.  These 
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expressions could then be substituted into equation 5.14 to develop the appropriate 

relationship for the oxidation or reduction reaction. 

𝐻2𝑂 → 𝐻2 +
1

2
𝑂2  

𝑝𝑂2

1
2 = 𝐾𝑤𝑎𝑡 (

𝑝𝐻2𝑂

𝑝𝐻2
) 5.17 

𝛿
1
2 ∙ (2𝛿 − 𝑥 + 1)

(3 − 𝛿)
1
2 ∙ (2𝛿 − 𝑥)

∙ 𝐾𝑤𝑎𝑡

1
2 (

𝑝𝐻2𝑂

𝑝𝐻2
)

1
2

=
𝐾𝐹𝑒

𝐾𝑜𝑥
∙

(1 + 𝑥 − 2𝛿) ∙ (3 − 𝛿)
1
2

𝛿
1
2 ∙ (2𝛿 − 𝑥) ∙ 𝐾𝑤𝑎𝑡

1
2

∙ (
𝑝𝐻2

𝑝𝐻2𝑂
)

1
2

− 𝐾𝑜𝑥

−
1
2 

5.18 

𝐶𝑂 +
1

2
𝑂2 → 𝐶𝑂2  

𝑝𝑂2

1
2 =

1

𝐾𝑐𝑎𝑟
(

𝑝𝐶𝑂2

𝑝𝐶𝑂
) 5.19 

𝛿
1
2 ∙ (2𝛿 − 𝑥 + 1)

(3 − 𝛿)
1
2 ∙ (2𝛿 − 𝑥)

∙
1

𝐾𝑐𝑎𝑟

1
2

(
𝑝𝐶𝑂2

𝑝𝐶𝑂
)

1
2

=
𝐾𝐹𝑒

𝐾𝑜𝑥
∙

(1 + 𝑥 − 2𝛿) ∙ (3 − 𝛿)
1
2

𝛿
1
2 ∙ (2𝛿 − 𝑥)

∙ 𝐾𝑐𝑎𝑟

1
2 (

𝑝𝐶𝑂

𝑝𝐶𝑂2
)

1
2

− 𝐾𝑜𝑥

−
1
2 

5.20 

Again, like with iron oxide, the wave equation is used to form expressions for the 

reaction front velocities for LSF731.  Figure 5.5 shows a schematic material balance 

over an arbitrary element of the LSF731 bed.  As LSF731 has a continually varying 

oxygen content verses chemical potential, this one element is enough to form a 

general expression that can be applied to any axial position in the bed. 
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Figure 5.5 – Schematic of an element of LSF731 over which a material balance was performed. 

In this example the element is being reduced, since 𝑦 is the mole fraction of carbon 

dioxide in the gas feed to the element, as the reaction proceeds, mole fraction 𝑦 will 

increase across the element.  It was assumed that the feed mixture was a mixture of 

carbon monoxide and carbon dioxide as this is well-defined and allows the partial 

pressures of the gases to be related to mole fraction 𝑦 as follows: 

𝑝𝐶𝑂2

𝑝𝐶𝑂
=

𝑦𝐶𝑂2

(1 − 𝑦𝐶𝑂2
)
 5.21 

By applying the wave equation (equation 5.6) to the element shown in Figure 5.5 the 

reaction front velocity, 𝑤, can be expressed: 

𝑤 = 𝑢 ∙
𝜀 ∙ 𝜌𝑔 ∙ 𝑑𝑦𝐶𝑂2

𝜀 ∙ 𝜌𝑔 ∙ 𝑑𝑦𝐶𝑂2
+ (1 − 𝜀) ∙ 𝜌𝑠 ∙ (𝛿2 − 𝛿1)

 5.22 

If 𝑑𝛿 = 𝛿1 − 𝛿2  then, rearranging equation 5.22 results in equation 5.23.  This 

assumes that reduction results in a velocity traveling in the positive direction.  This 

means that in a reverse-flow system oxidation would result in a velocity travelling in 
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a negative direction, i.e. the opposite direction.  These expressions can also be used 

in a co-current reactor, except both velocities would have a positive direction. 

𝑑𝑦

𝑑𝛿
=

(1 − 𝜀) ∙ 𝜌𝑠 ∙ 𝑤

𝜀 ∙ 𝜌𝑔(𝑤 − 𝑢𝑔)
 5.23 

𝑑𝛿

𝑑𝑦
 is the implicit differential of the relationship between δ and 𝑝𝑂2 (equation 5.14) or 

δ and a virtual 𝑝𝑂2 (equations 5.18 and 5.20).  As the virtual 𝑝𝑂2 can now be defined 

by mole fraction 𝑦, equation 5.23 can be solved to find the reaction front velocity at 

any value of δ. 

It was assumed that the solid density change with respect to changing oxygen content 

was negligible and therefore the solid density was kept constant.  The gas density 

was expected to change based on the varying gas mole fractions or components 𝑖 and 

𝑗, (equation 5.24): 

𝜌𝑔 = 𝜌𝑖(𝑦𝑖) + 𝜌𝑗(1 − 𝑦𝑖) 5.24 

5.2.2 Model Results and Discussion 

To discuss the results obtained from the thermodynamic behaviour model of LSF731, 

a set of test conditions were established.  The data used is shown in Table 5.2.  This 

table shows additional gas and solid properties and equilibrium conditions both 

calculated and taken from the work of Søgaard et al. (2007) [167].  The simplest 

model conditions (gas velocity and gas volume fraction) were selected for 

demonstration.
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Table 5.2 – Test conditions for thermodynamic model with LSF731 was the OCM. 

Density of water: 𝜌𝐻2𝑂 = 0.804 
𝑘𝑔

𝑚3
 

Density of hydrogen: 𝜌𝐻2
= 0.0899 

𝑘𝑔

𝑚3
 

Density of carbon monoxide: 𝜌𝐶𝑂 = 1.25 
𝑘𝑔

𝑚3
 

Density of carbon dioxide: 𝜌𝐶𝑂2
= 1.98 

𝑘𝑔

𝑚3
 

Density of solid (as analysed and reported by Praxair 

Specialty Ceramics): 
𝜌𝑠 = 1.26 × 103  

𝑘𝑔

𝑚3
 

Strontium content: 𝑥 = 0.3 

Temperature: 𝑇 = 850°𝐶 

Pressure: 𝑃 = 1 𝑎𝑡𝑚 

Equilibrium constant for water dissociation at 850
o
C: 𝐾𝑤𝑎𝑡 = 2.04 × 10−9 

Equilibrium constant for carbon monoxide oxidation at 

850
o
C: 

𝐾𝑐𝑎𝑟 = 4.30 × 108 

Equilibrium constant for iron species [167]: 𝐾𝐹𝑒 = 1.47 × 10−6 

Equilibrium constant for oxygen species [167]: 𝐾𝑜𝑥 = 0.0785 

Gas volume fraction: 𝜀 = 0.5 

Gas velocity: 𝑢 = 1
𝑚

𝑠
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Figure 5.6 – Reaction front velocity (for reduction i.e. positive velocities) and oxygen non-stoichiometry (δ) 

against water/hydrogen or carbon dioxide/carbon monoxide atmospheres at 850°C and 1 atm. 

Figure 5.6 shows the results obtained specifically from the set of data in Table 5.2.  

In this figure the reaction front velocity (𝑤) and the oxygen non-stoichiometry (𝛿) 

have been plotted against the partial pressure gas mixtures of either water/hydrogen 

or carbon monoxide/carbon dioxide.  If a line is drawn from any velocity data point 

to the 𝛿 curve, the delta at which that velocity exists can be determined.  Each value 

of 𝛿 will have its own specific reaction front velocity, which itself is dependent on 

the gas velocity. 

Figure 5.6 also shows that the front velocities in LSF371 are faster for carbon 

monoxide/carbon dioxide mixtures than for water/hydrogen.  This is predominantly 

due to the difference in gas densities of these mixtures, i.e. any gas mixture of carbon 

monoxide and carbon dioxide will have a bulk density of between 1.25 and 1.98 

kg/m
3
; while any gas mixture of water and hydrogen will have a lower bulk density 

of between 0.09 to 0.80 kg/m
3
.  At 850°C the thermodynamic behaviour of both gas 

mixtures is very similar (as this is close to the 817°C, which is the temperature at 

which the water gas shift reaction has an equilibrium constant of 1) and so there are 

only slight differences between 
𝑑𝛿

𝑑𝑦
 for a carbon dioxide/carbon monoxide mixture 
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and for a water/hydrogen mixture (from equation 5.23).  The fastest reaction front 

velocity occurs at 𝛿 ≈ 0.25 for both water/hydrogen and carbon monoxide/dioxide.  

(It should be noted that the reaction front velocity is directly proportional to the gas 

velocity.  The absolute values for front velocity change with gas velocity but the 

features of Figure 5.6 are independent of gas velocity, e.g. the fastest reaction front 

velocity always occurs at 𝛿 ≈ 0.25.)  The 
𝑑𝛿

𝑑𝑦
 term in equation 5.23 dictates the shape 

of the velocity distributions.  To put the x-axis into more perspective, air has the 

equivalent oxygen partial pressure of 𝑝𝐶𝑂2 𝑝𝐶𝑂⁄  of approximately 2x10
8
.  For 

𝑝𝐶𝑂2 𝑝𝐶𝑂⁄  values between 10
5
 and 10

14
, the reaction velocities are all effectively 

zero, decreasing slightly from approximately 10
-5

 m/s and 10
-15

 m/s respectively.  For 

𝑝𝐶𝑂2 𝑝𝐶𝑂⁄  values between 10
0
 and 10

5
 both sets of reaction velocities increase 

slowly to a maximum before decreasing more sharply between 10
-2

 and 10
0
 to then 

reduce to near zero values once more when <10
-2

. 

Although each 𝛿 has its own front velocity, it is unknown how long a reaction front 

will travel at that velocity.  As a reduction or oxidation reaction occurs, the solid 

oxygen content of the LSF731 changes continuously, thus meaning 𝛿  changes 

continuously.  How fast the solid changes in 𝛿 is dependent on the kinetics of the 

reaction.  There are two obvious cases that can be considered: the case of infinitely 

fast kinetics and the case of infinitely slow kinetics.  As the wave front model is only 

valid for instances of fast kinetics however, the case of slow kinetics is not discussed. 

It follows that an initial solid composition of 𝛿1  would have an associated front 

velocity, 𝑤1.  Any gas mixture applied to the LSF731 must be in equilibrium with a 

different solid composition, 𝛿2, in order for a reaction to occur.  Thus there could be 

an infinite number of deltas between 𝛿1 and 𝛿2, implying that there are an infinite 

number of reaction front velocities, between 𝑤1 and 𝑤2, at which the reaction could 

propagate through the bed.  In the case of infinitely fast kinetics, under equilibrium 

constraints this means that the chemical equilibrium between the solid and the gas 

would be reached almost immediately.  Thus it can be said that the reaction fronts 

would collapse to a single front.  This single front would travel through the bed at the 

reaction velocity, i.e. w2, associated with 𝛿2 (and thus the composition to the feed gas 

mixture). 
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Both of the cases outlined above are extreme.  There is little evidence that the case of 

infinitely slow kinetics is feasible as experimental works here and by Murugan et al. 

(2011) suggest that reaction rates for LSF731 are relatively fast.  It is thus more 

likely that a small number of reaction fronts can be present at any one moment in the 

reactor bed.  This being the case, and without kinetic information available, it is 

possible to use this model to calculate the maximum and minimum reaction front 

velocities based on defined conditions so that and average velocity can be 

determined. 

5.3 Kinetic Model of Chemical Looping Process in a 

Packed Bed Reactor 

5.3.1 Kinetic Experiments 

A major outcome of the thermodynamic model was that kinetic information is 

necessary to align the model more closely with real life behaviour, for both iron 

oxide and LSF731.  In order to acquire the appropriate kinetic information, a matrix 

of experiments was performed.  These experiments selected four gas mixture ratios 

(i.e. 4:1, 1:1, 1:4 and 1:0) of either carbon monoxide and carbon dioxide or water and 

hydrogen which reacted with either the iron oxide or LSF731 with differing initial 

oxygen contents.  This would effectively select four different approximate axial 

positions in the bed to study but the exact location of these points would be unknown 

(with exception of inlet conditions).  How the four positions would interact would 

also be unknown, as they may be a considerable distance apart. 

One experiment consisted of 20 cycles.  Each experiment used one sample of either 

LSF731 or Fe60 and all of the cycles in a particular experiment used the same ratio 

of water and hydrogen during oxidation.  The ratio of carbon monoxide and carbon 

dioxide used during reduction varied throughout the experiment.  Cycles 1-5 used a 

4:1 ratio of carbon monoxide and carbon dioxide; cycles 6-10 used a 1:1 ratio; cycles 

11-15 used a 1:4 ratio and cycles 16-20 used a 1:0 ratio, respectively.  The 1:0 

mixture of carbon monoxide and carbon dioxide (which is actually a pure feed of 

carbon monoxide) was used last to try and limit deactivation of the sample before the 
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kinetic data could be collected.  A separate experiment, with a new sample, was 

carried out for each of the water and hydrogen ratios until a full set of experiments 

was completed for both Fe60 and LSF731.  This resulted in 8 experiments and a total 

of 160 cycles. 

Unfortunately the results obtained from the kinetic experiments (which were carried 

out in the CATLAB) were too uncertain to use.  The main issue with the data 

collected was that the design of the reactor flow system created large peaks in the 

mass spectrometer data which could not be distinguished from the real kinetic 

information of the reaction.  The only clear conclusion that can be drawn from these 

experiments is that carbon monoxide reduction is significantly slower that water 

oxidation.  This is shown in Figure 5.7 where the initial rate of carbon dioxide 

production was ≈ 0.75 µmol/s but this quickly decreased to ≈ 0.1 µmol/s in the first 2 

minutes of the reduction half-cycle.  Over the remaining 28 minutes the rate of 

carbon dioxide production continued to drop steadily to a final value of ≈ 0.05 

µmol/s.  Hydrogen production, on the other hand, had an initial rate of ≈ 2.5 µmol/s.  

This rate was maintained for about 100 s.  After this initial high rate of hydrogen 

production, the rate drops to a level that is not measurable.  Thus it is clear that 

hydrogen oxidation proceeds much more readily than carbon monoxide reduction. 

This is the opposite of what the thermodynamic model would suggest.  The reaction 

front velocities generated by the model are higher for carbon monoxide and carbon 

dioxide mixtures than for water and hydrogen mixtures.  This tells us that mixtures of 

carbon monoxide and carbon dioxide are significantly limited by reaction kinetics. 
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Figure 5.7 – Mole fractions versus time for LSF731.  Reduction uses 5 mol% carbon monoxide in helium 

for a duration of 30 minutes.  Oxidation uses 5 mol % water in helium for a duration of 30 minutes.  

Between oxidation and reduction the reactor was purged with helium.  A temperature of 850°C was used. 

The flow rate was constant throughout at 100 ml (STP)/min.  The LSF731 sample mass was approximately 

50 mg.  OCM was pretreated with 30 minutes of 5 mol% water in helium prior to reduction. 

 

Figure 5.8 – Flow diagram for the CATLAB microreactor used in the kinetic experiments with LSF731 

and Fe60. 

A single cycle consisted of a helium purge, a carbon monoxide and carbon dioxide 

mixture, a helium purge, a water and hydrogen mixture and a final helium purge, 

with each gas using a separate mass flow controller.  As can be seen in the simple 
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flow diagram of the CATLAB reactor, Figure 5.8, there is only one inlet into the 

reactor, thus each flow controller must shut off when that particular gas in not needed 

(with the exception of water which flows continuously).  It is the control loop of the 

mass flow controllers going from a closed position to a desired set point which 

creates back pressures and thus the peaks in the mass spectrometer data. 

To illustrate this problem the blank experiment data is shown in Figure 5.9 and 

Figure 5.10.  It can be immediately seen that large peaks of carbon monoxide and 

carbon dioxide, over the expected mole fraction, are observed at the beginning of the 

cycle.  A general trend that can be observed is that the larger the proportion of the 

gas, the higher and narrower the peak, while the lesser proportion generally has 

shorter broader peak.  Water is only gas to be delivered continuously and directed 

into the reactor by a 6 port valve when needed.  As a result there is generally not a 

peak of water at the beginning of the oxidation half-cycle but as hydrogen is 

introduced this can have an effect on the mole fraction of water. 

The blank experiment was repeated three times and as can be seen in the data, the 

peaks were different for nearly all of the ratios.  This made removing this effect of 

the flow controllers particularly difficult.  As a result the data from the kinetic 

experiments has not been included in the main text of this thesis, but a full set of data 

and a discussion of the general trends can be found in the Appendices.  
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Figure 5.9 – Blank cycles at 850°C. a) 5 mol% carbon monoxide reduction feed, b) 4 mol% carbon 

monoxide and 1 mol% carbon dioxide reduction feed, c) 2.5 mol% carbon monoxide and 2.5 mol% carbon 

dioxide reduction feed, d) 1 mol% carbon monoxide and 4 mol% carbon dioxide reduction feed all in a 

balance of helium.  Total flowrate was 100 ml (STP)/min. 
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Figure 5.10 – Blank cycles at 850°C. a) 5 mol% water oxidation feed, b) 4 mol% water and 1 mol% 

hydrogen oxidation feed, c) 2.5 mol% water and 2.5 mol% hydrogen oxidation feed, d) 1 mol% water and 

4 mol% hydrogen oxidation feed all in a balance of helium.  Total flowrate was 100 ml (STP)/min. 
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5.3.2 Considerations for Incorporating Kinetic Data into a 

Model 

As the kinetic experiment did not yield usable data, a kinetic model was not created.  

When developing a kinetic model there are many things to consider, including: 

1. The system being modelled varies with both time and axial position.  This 

means that the behaviour of one element of bed is highly dependent on the 

behaviour of the element preceding it. 

2. It is possible that two different approaches will be needed to deal with 

LSF731 and Fe60.  Thermodynamically these two OCMs behave very 

differently.  The iron oxide in Fe60 has distinct phase transitions at specific 

oxygen chemical potentials, while LSF731 has a continually changing 

oxygen content with oxygen chemical potential.  As such kinetic information 

in the case of iron oxide could be highly influenced by the initial composition 

of the solid, i.e. the oxygen content, whereas the LSF731 may behave 

independently of the initial oxygen content. 

3. Modelling a continuous profile along the length of the bed would require an 

infinite number of conditions (both gas and solid compositions) to be tested.  

The experimental matrix used for this study was limited to four different gas 

compositions, and due to the experimental set-up an array of initial solid 

compositions.  This limited the kinetic information to four distinct regions 

within the reactor bed.  Due to the fragmented nature of the kinetic 

information, the inlet behaviour was known as was the behaviour of the three 

more points down the bed at unknown intervals, Figure 5.11. 
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Figure 5.11 – Regions of known and unknown kinetic information along the modelled reactor bed, 

highlighting fragmented experimental data 

4. The kinetic information relies on an assumption that there is no restriction on 

the oxygen content of the solid that participates in the reaction, i.e. all the 

material in a specific section of bed is accessible by the redox gases and thus 

all solid particles respond identically.  In reality this may not be the case as in 

a packed bed there may be diffusion limitations and there is the risk of OCM 

deactivation due to thermal sintering and agglomeration. 

5.4 Summary 

This chapter outlined the thermodynamic model proposed by Heidebrecht and 

Sundmacher for iron oxide in the cyclic water-gas shift reactor.  They created a 

model limited by equilibrium that would generate expressions for solid reaction front 

velocities, i.e. the velocity of the solid change when the iron oxide changed phase.  

They did this by employing wave theory to define the regions where iron oxide 

changed phase.  Using their model as a basis, a similar model was created to describe 

the thermodynamic behaviour of LSF731 in a chemical looping packed bed reactor.  

These two materials (i.e. iron oxide and LSF731) behave differently in atmospheres 

of varying virtual oxygen partial pressure, i.e. iron oxide has distinct oxidation states 

that are only achieved at fixed oxygen partial pressures; while LSF731 has a 

continually changing oxygen content versus chemical potential.  This results in 

LSF731 theoretically having an infinite number of reaction fronts moving through 

the bed under reactive conditions, unlike iron oxide which will only have at most 

three fronts under constant conditions. 
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Reaction front velocities for LSF731 were calculated for a range of δ values which 

themselves corresponded to specific virtual oxygen partial pressures, i.e. the partial 

pressure ratio of water and hydrogen or carbon monoxide and carbon dioxide.  It was 

found that both mixtures of water and hydrogen and mixture of carbon monoxide and 

carbon dioxide experienced a maximum front velocity at δ ≈ 0.25.  Additionally 

mixtures of carbon monoxide and carbon dioxide achieved consistently higher front 

velocities than mixture of water and hydrogen. 

This is the opposite of what was observed during kinetic experiments with LSF731.  

Water oxidation was significantly faster than carbon monoxide reduction, therefore 

suggesting that carbon monoxide and mixtures of carbon monoxide and carbon 

dioxide are significantly limited by kinetics. 
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Chapter 6 

6. Performance of OCM in Isothermal 

Chemical Looping Water-Gas Shift in a 

Reverse Flow Integral Reactor at 820°C 

The work carried out in the integral reactors was designed to test the performance of 

LSF731 in a more practical manner.  All the tests with LSF731 thus far have taken 

place in a differential microreactor, i.e. where the conversion is low specifically to 

determine kinetics, with samples in the range of 50 mg.  If a packed bed reactor were 

used in industry, an integral reactor, i.e. where the conversion is high, would most 

likely be used.  To ensure high conversion a counter-current flow system would be 

employed [69].  Additionally the sample mass would be in the range of kilograms or 

metric tons rather than micrograms.  These observations inspired the experiments 

discussed in this chapter.  Although it was not possible the use sample masses in the 

kilogram range due to laboratory constraints, it was possible to increase the sample 

mass by two orders of magnitude, to approximately 6 g. 

Thus the aims of this chapter are to demonstrate the performance of LSF731 in a 

more practical reactor and compare its performance to that of iron oxide.  This work 

is a novel concept that has not been tested before now.  All of the experiments 

discussed in this chapter were performed at 820°C, as this temperature is sufficiently 

close to 817°C; the temperature at which the equilibrium constant for the WGS 

reaction is unity. 

Several different bed lengths were tested for the integral reactor system, including 

vertical 1, 2 or 3 cm beds and a 6 cm horizontal bed, though it should be noted that 

the use of vertical versus horizontal beds was due to furnace availability, rather than 

to study the effect of orientation.  Results from the vertical beds will not be discussed 

in this thesis, as it was found that the water mole fraction delivered to those beds was 
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lower than desired due to an unidentified pressure drop (which is discussed in 

relation to the longer horizontal beds). 

6.1 Thermodynamic Limitations 

Most chemical reactions are limited by equilibrium, reducing the purity of products, 

necessitating the need for separation processes such as distillation.  Thus having a 

reactor design or reaction method with inherent product separation has significant 

advantages, and chemical looping is one such method.  Chemical looping utilises an 

OCM and cyclically reduces and oxidises it in different cycles in a fixed bed reactor 

(or fluidised bed reactor) to produce a desired product.  Generally in the WGS 

reaction (𝐶𝑂 + 𝐻2𝑂 ⇌ 𝐶𝑂2 + 𝐻2) carbon monoxide and water are reacted with an 

OCM in one reactor to produce carbon dioxide and hydrogen, which require 

separation before they can be sold or used.  The relationship between equilibrium 

constant and gas partial pressure for the WGS reaction is shown in Equation 6.1.  

This relationship is true for co-current operation in a fixed bed reactor: 

1

𝐾
(

𝑝𝐶𝑂2

𝑝𝐶𝑂
)

𝑜𝑢𝑡𝑙𝑒𝑡

= (
𝑝𝐻2𝑂

𝑝𝐻2
)

𝑜𝑢𝑡𝑙𝑒𝑡

 6.1 

In chemical looping, however, the WGS reaction is performed in two stages.  In the 

first the OCM is reduced with carbon monoxide to produce carbon dioxide and an 

oxygen deficient OCM, then reoxidised with water to produce hydrogen and 

returning the OCM to its original condition.  With this inherent separation of the two 

feed gases we can capitalise on one other important advantage of chemical looping; 

equilibrium limitations can be overcome with certain OCM.  This is possible by 

choosing to deliver the feed gases in reverse-flow operation.  Assuming that the 

oxygen in the bed is not exhausted, the most reduced material will appear at the inlet 

of the reducing gas and thus the outlet stream of the oxidation will be in equilibrium 

with this reduced section of bed.  In effect the equilibrium constant and gas partial 

pressure relationship becomes: 
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1

𝐾
(

𝑝𝐶𝑂2

𝑝𝐶𝑂
)

𝑖𝑛𝑙𝑒𝑡

= (
𝑝𝐻2𝑂

𝑝𝐻2
)

𝑜𝑢𝑡𝑙𝑒𝑡

 6.2 

Traditionally, however, chemical looping OCMs are metal oxides, which are limited 

by bulk phase transitions and are therefore unable to overcome equilibrium.  In the 

case of the WGS reaction, the oxide of choice is iron oxide.  This material requires 

specific oxygen partial pressures to be achieved before the discrete phase transitions 

will occur (Figure 6.1). 

 

Figure 6.1 – Bauer–Glaessner diagram: equilibrium compositions of the gases involved in the redox 

reactions of H2/H2O and CO/CO2 with Fe3O4 (magnetite), Fe0.945O (wüstite) and Fe (iron) [4]. 

As can be seen, in order to reduce the oxide at 817°C (the temperature at which the 

equilibrium constant for WGS reaction is unity) from, for example, magnetite (Fe3O4) 

to wüstite (Fe0.945O) a hydrogen to water-and-hydrogen ratio of more than 

approximately 0.35 is required (see Figure 6.1).  To effect any further reduction in 

the iron oxide, i.e. wüstite (Fe0.945O) to iron (Fe), a higher hydrogen to hydrogen-

and-water ratio is required, in this case 0.65 must be used.  This implies that a 

hydrogen to hydrogen-and-water ratio of significantly greater than 0.35 yet below 

0.65 can still only reduce the magnetite to wüstite so any extra reducing potential is 

wasted.  On re-oxidation in pure water, this extra hydrogen would never be recovered 
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as the product gas mixture would be in equilibrium with the solid oxygen content of 

the magnetite to wüstite phase transition.  This means that equation 6.1 is still valid. 

There are materials that have continuously varying oxygen chemical potentials with 

oxygen content that could be used to overcome this problem.  These OCMs are 

known as non-stoichiometric materials.  Perovskite-type mixed ionic and electronic 

conductor La0.7Sr0.3FeO3-δ (LSF731) is one such material.  These materials utilise 

oxygen vacancies formed in the lattice structure to store and transport oxygen.  

Figure 6.2 shows the value of δ (the degree of non-stoichiometry) as a function of 

hydrogen to water-and-hydrogen partial pressure ratio at 817°C.  As can be seen δ 

varies continuously as the oxidation state of iron in the perovskite lattice changes 

(from +4 under very oxidising conditions to +3 to +2 under very reducing 

conditions).  This means that if a reducing gas is used with a particular hydrogen to 

hydrogen-and-water ratio we can always recover the same hydrogen to hydrogen-

and-water ratio in the product stream. 

 

Figure 6.2 – Equilibrium value of δ at 817°C for La0.7Sr0.3FeO3-δ as a function of hydrogen to hydrogen-

and-water partial pressure ratio (%).  Note that at 817°C the equilibrium constant of the WGS reaction is 

unity and thermodynamically a hydrogen-and-water ratio is equivalent to the same carbon monoxide to 

carbon monoxide-and-carbon dioxide ratio. 
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Consider again the WGS reaction in a fixed bed reverse-flow reactor, but this time 

with a non-stoichiometric material.  The OCM is first reduced with a particular 

carbon monoxide to carbon oxides ratio fed in at one end of the bed.  On oxidation, 

water is fed in from the opposite end of the bed.  The outlet oxidation stream is then 

in contact with the most reduced material and we therefore achieve the highest 

possible outlet hydrogen to hydrogen-and-water ratio.  As the non-stoichiometric 

material is able to exploit the advantages of a reverse-flow system, equation 6.2 is 

finally valid. 

6.2 Horizontal 6 cm Bed 

6.2.1 Bed Characterisation 

6.2.1.1 Pressure 

As unusual results were observed during initial experiments in the 6 cm bed, a study 

of the systems pressures was made.  Pressure gauges was placed at the inlet and 

outlet of the reactor bed, to measure the pressure drop across the bed, and at the 

outlet from the water bath, as shown by P1, P2 and P3 in Figure 6.3. 

 

Figure 6.3 – Flow diagram of the integral reactor indicating the position of pressure gauges, P1, P2 and P3. 
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The pressures obtained are shown in Table 6.1, and clearly show that the pressure 

across a 6 cm bed of LSF731-80-160 drops by ≈ 0.56-0.58 bar-g when carbon 

monoxide and helium are flowing.  Water on the other hand shows a smaller pressure 

drop of 0.135 bar-g, and a higher outlet pressure, which could raise questions of the 

accuracy of the mass spectrometer during cycling, as the mass spectrometer is 

calibrated at atmospheric pressure. 

Table 6.1 – Inlet and outlet pressures across a 6 cm bed of LSF731-80-160 during two minute cycles of 

carbon monoxide and water.  Pressure drop calculated with the Ergun equation assuming flowrate was 100 

ml (STP)/min and gas volume fraction (ε) was selected as 0.4. 

 
Inlet Pressure 

(bar-g) 

Outlet Pressure 

(bar-g) 

∆𝑃𝑖𝑛𝑙𝑒𝑡−𝑜𝑢𝑡𝑙𝑒𝑡 

(bar) 

Ergun 

Equation 

∆𝑃𝑒𝑟𝑔𝑢𝑛 (bar) 

Carbon 

Monoxide 
0.569 0.006 0.563 0.065 

Helium 0.589 0.008 0.581 0.063 

Water 0.156 0.021 0.135 0.069 

The Ergun equation (equation 6.3), was used to calculate the expected pressure drop, 

∆𝑃𝑒𝑟𝑔𝑢𝑛, across the reactor bed: 

∆𝑃𝑒𝑟𝑔𝑢𝑛 =
150𝜇(1 − 𝜀)2𝑣𝑠𝐿

𝜀3𝐷𝑝
2 +

1.75(1 − 𝜀)2𝜌𝐺𝑣𝑠
2𝐿

𝜀3𝐷𝑝
 6.3 

Where 𝜇  is the gas viscosity, 𝜀  is the gas volume fraction,  𝑣𝑠  is the superficial 

velocity of the gas, 𝐿 is the length of the bed, 𝜌𝐺  is the density of the gas and 𝐷𝑝 is 

the equivalent spherical diameter of the particles.  As can be seen in Table 6.1 the 

pressure drops across the bed should be much lower for a flow system of 100 ml 

(STP)/min and a gas volume fraction of 0.4.  If the pressure drops for carbon 

monoxide and helium are assumed to be correct, then an actual gas volume fraction 

of ≈ 0.23 is required.  For the actual water pressure drop (∆𝑃𝑖𝑛𝑙𝑒𝑡−𝑜𝑢𝑡𝑙𝑒𝑡 ) to be 

achieved using the Ergun equation, then a gas volume fraction of ≈ 0.33 is required.  
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For this to occur in the fixed volume bed, the particles must change size during the 

water cycles, which is unlikely. 

Therefore the bed is likely to remain at a gas volume fraction of ≈ 0.23 and the 

superficial gas velocity (𝑣𝑠) has changed, due to changing flowrates.  This would 

suggest that there is no loss of water in the system, i.e. that the outlet flowrates for 

water are equal to the inlet flowrates, but that the inlet flow is less than expected.  

This was confirmed by the Ergun equation when a gas volume fraction of 0.23 was 

used to calculate the superficial gas velocity required to achieve the actual pressure 

drop observed during the water cycles.  A superficial gas velocity of ≈ 0.011 m/s was 

calculated which equates to ≈ 25 ml (STP)/min of water flow, which was consistent 

with the measured flowrates. 

Thus it was found that the bed created a pressure across the water bath, limiting the 

total flow delivered to the bed when water was delivered.  To overcome this problem 

a needle valve was used to supply the water bath with helium and the desired 

flowrate was calibrated through the bed.  Additionally to balance the pressure drop 

across the water bath when flow was directed to either the bed or the vent, a 

rotameter was fitted to the vent line to restrict flow. 

6.2.1.2 Cumulative Residence Time Distributions 

The shape of the cumulative residence time distributions, shown in Figure 6.4, 

confirmed the integral reactor to be plug flow with both Fe-80-160 and LSF731-80-

160 beds.  The mean residence times for all reactive gases were calculated and are 

shown in Figure 6.5.  When the two OCMs are compared, Fe-80-160 consistently has 

longer residence times than LSF731-80-160, especially for reduction gases, i.e. 

carbon monoxide and hydrogen.  For both OCMs hydrogen has the longest residence 

time, followed by carbon monoxide, carbon dioxide and water.  It is possible that by 

fully reducing the beds before the hydrogen and carbon monoxide residence time 

experiments (to ensure no reaction occurred) that the macro-structure of the OCM 

was changed (possibly through agglomeration), slightly restricting gas flow. 
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Figure 6.4 – Cumulative residence time distributions for a) 5 mol% carbon monoxide in helium, b) 5 mol% 

hydrogen in helium, c) 5 mol% carbon dioxide in helium, and d) 5 mol% water in helium.  All flowrates 

were 50 ml (STP)/min.  Temperature was 820°C.  All cumulative residence time distributions were 

performed through a 6 cm beds of LSF731-80-160 and of Fe-80-160.  Note that only one of three 

cumulative residence time distributions for each gas is shown. 
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Figure 6.5 – Mean residence times for carbon monoxide, hydrogen, carbon dioxide and water (all 5 mol% 

in helium) through 6 cm beds of LSF731-80-160 and of Fe-80-160.  Flowrate was 50 ml (STP)/min.  

Temperature was 820°C.  Step length was 1 minute. 

6.2.2 Carbon Monoxide & Water Cycles with Fresh OCMs 

100 cycles for both LSF731-80-160 and Fe-80-160 were performed.  Each cycle 

consisted of one minute half cycles of 5 mol% carbon monoxide in helium and 5 mol% 

water in helium with a sufficiently long purge with helium to remove reactive gases.  

Each step used 50 ml (STP)/min. 

The conversion of both carbon monoxide and water was calculated during each cycle 

and plotted to observe the behaviour of the OCMs over a large number of cycles.  

There were two methods of conversion that could have been used.  The first based on 

the inlet mole fractions (equation 6.4) and the second based on outlet mole fractions 

(equation 6.5). 

𝑐𝑜𝑛𝑣𝑒𝑟𝑠𝑖𝑜𝑛𝑖 =
𝑥𝑗 𝑜𝑢𝑡𝑙𝑒𝑡

𝑥𝑖 𝑖𝑛𝑙𝑒𝑡
 6.4 
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𝑐𝑜𝑛𝑣𝑒𝑟𝑠𝑖𝑜𝑛𝑖 =
𝑥𝑗 𝑜𝑢𝑡𝑙𝑒𝑡

𝑥𝑖 𝑜𝑢𝑡𝑙𝑒𝑡 + 𝑥𝑗 𝑜𝑢𝑡𝑙𝑒𝑡
 6.5 

Where component 𝑗 is the product form of component 𝑖 after oxidation or reduction, 

i.e. if 𝑖 is carbon monoxide then 𝑗 is carbon dioxide.  𝑥 is the integrated mole fraction 

of either component over time.  In the case of the inlet mole fractions the integration 

time is set at one minute (the half-cycle time) while for the outlet mole fractions it is 

the length of time components 𝑖 and 𝑗 are measurable with the mass spectrometer. 

Due to small difference in the actual half-cycle length (due to manual valve 

switching) and the mean residence times of each gas, conversion has been calculated 

using the outlet mole fraction method shown in equation 6.5.  Figure 6.6 shows the 

conversions calculated via this method against cycle number for the 100 cycles 

carried out with fresh OCMs.  It can be seen that Fe-80-160 requires approximately 

ten cycles to achieve a relatively stable water conversion of ≈ 0.2 in cycle 11 and 

increasing steadily to ≈ 0.3 in cycle 100.  During this period the carbon monoxide 

conversion decreases from ≈ 0.9 to ≈ 0.8.  LSF731-80-160 on the other hand 

achieves almost complete conversion of carbon monoxide in the first 70 cycles 

before decreasing to ≈ 0.9.  The water conversion continually increases until 

approximately cycle 50 where a conversion of ≈ 0.75 was achieved.  In the final 50 

cycles the water conversion generally fluctuated between ≈ 0.75 and ≈ 0.8.  It should 

be noted that as long as the conversions are unequal in the reduction and the 

oxidising half-cycles (provided that the half-cycles last for the same duration, i.e., 

they are symmetrical) the oxidation state of the bed must be changing. 
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Figure 6.6 – Conversion for carbon monoxide and water over 100 cycles with fresh OCMs, where 

conversion is defined as the ratio of integrated outlet mole fraction of the product and the integrated outlet 

mole fraction of the product and reactant combined.  One cycle consists of one minute half-cycles for 5 mol% 

carbon monoxide in helium and 5 mol% water in helium feeds, separated by helium purges.  Plots show 6 

cm bed lengths for a) Fe-80-160 and b) LSF731-80-160 at 820oC.  Error bars calculated using mass 

spectrometer accuracy of ± 100 ppm of measured gas. 

In order for LSF731-80-160 to overcome the thermodynamic restrictions which Fe-

80-160 experiences, it must achieve water conversions better than the best achievable 

for Fe-80-160, which is approximately 0.65 according to the Bauer Glaessner 

diagram.  As can be seen, LSF731-80-160 can achieve ≈ 0.8 water conversion while 

the best Fe-80-160 can practically achieve is ≈ 0.3. 

It can also be noted (Figure 6.6) that the water conversion periodically varies for both 

Fe-80-160 and LSF731-80-160.  For example LSF731-80-160 cycle 74, shows as 

significantly lower conversion than the trends would predict.  This, and the other 

incidences, is due to a malfunction of the water bath, where significantly more water 

was delivered during the oxidation half-cycle.  The water bath began to exhibit this 

behaviour more frequently the longer it was used, as is evident by the increased 

number of off trend data points as the cycles progressed (especially with Fe-80-160).  

Figure 6.7 shows an example for both OCMs where the water bath malfunctioned.  
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Cycle 35 is shown for Fe-80-160 and cycle 74 is shown for LSF731-80-160.  

Although both cycles show an excessive amount of water, it is interesting to note that 

the LSF731-80-160 shows a higher mole fraction of water (≈ 7%), which takes 

approximately 30 seconds longer to leave the bed, while Fe-80-160 appears to 

achieve the expected water:hydrogen ratio in the first minute. 

0 1 2 3 4 5 6

0

1

2

3

4

5

6

7

0 1 2 3 4 5 6

0

1

2

3

4

5

6

7

M
o

le
 F

ra
c
ti
o

n
 (

%
)

  CO

  CO
2

  H
2
O

  H
2

b)

a)

M
o

le
 F

ra
c
ti
o

n
 (

%
)

Time (minutes)

 

Figure 6.7 – Mole fraction versus time for 6 cm bed lengths of a) Fe-80-160 (cycle 35) and b) LSF731-80-

160 (cycle 74).  Each cycle should consist of one minute half-cycles for carbon monoxide and water feeds, 5 

mol% in helium, separated by helium purges.  All flows were believed to be 50 ml (STP)/min.  

Temperature was 820oC. 

Instead of both mole fractions dropping, they continue for a further minute.  It is 

possible that both the LSF731-80-160 and Fe-80-160 cycle should appear similar and 

the Fe-80-160 peaks have been broadened, though it is difficult to know that true 

reason for the behaviour observed. 

However cycles such as those shown in Figure 6.7 are in the minority.  The evolution 

of typical cycles for both OCMs is shown in Figure 6.8, where cycle 100 is displayed.  

As can be seen in this plot each half-cycle lasted one minute and the combined mole 

fractions of carbon monoxide and carbon dioxide or hydrogen and water was 5 mol% 

at any time during the respective half-cycles. 
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Figure 6.8 – Evolution of mole fraction versus time for 6 cm bed lengths using fresh OCMs.  a) shows cycle 

1 for Fe-80-160; b) shows cycle 50 for Fe-80-160; c) shows cycle 100 for Fe-80-160; d) shows cycle 1 for 

LSF731-80-160; e) shows cycle 50 for LSF731-80-160; and f) shows cycle 100 for LSF731-80-160.  Each 

cycle consisted of one minute half-cycles for carbon monoxide and water feeds, 5 mol% in helium, 

separated by helium purges.  All flows were 50 ml (STP)/min.  Temperature was 820oC. 
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6.2.3 Carbon Monoxide & Water Cycles with Prereduced 

OCMs 

It is clear for the 100 cycles with fresh LSF731-80-160 that repeatable cycles are 

reached by cycle 80, but as the carbon monoxide and water conversions are not equal, 

the state of the bed is changing.  As the conversion of carbon monoxide is higher this 

means that the bed is predominantly oxidised, this is because the oxidation with 

water is much faster than reduction with carbon monoxide (as shown in Chapter 5, 

Section 5.3.1 Kinetic Experiments), so in order to reach steady state more quickly, 

the experiment was repeated where the LSF731-80-160 was prereduced in 5 mol% 

carbon monoxide in helium for 12 hours at a flow rate of 50 ml (STP)/min prior to 

the 100 redox cycles. 

Figure 6.9 shows the evolution of cycles throughout the experiment.  Plot a) shows 

the first cycle, where very little carbon dioxide is produced due to the prereduction, 

and almost full conversion of water occurs.  Plot b) shows cycle 50 where carbon 

dioxide production is increasing and water is dropping in conversion to hydrogen.  

Plots c) and d) show cycles 90 and 99, which are indistinguishable as this is when 

repeatable cycling is achieved.  Figure 6.10 shows the water and carbon monoxide 

conversions against cycle number.  Carbon monoxide conversion increases rapidly 

over the first 20 cycles, from almost zero to approximately 0.83.  Over the remaining 

70 cycles the carbon monoxide conversion continues to increase, then stabilises to a 

final value of approximately 0.89 in cycles 90-100.  Water conversion, on the other 

hand, decreases steadily from almost complete conversion to approximately 0.83 in 

cycle 90, where the conversion stabilises. 
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Figure 6.9 – Evolution of mole fraction versus time for a 6 cm bed length using prereduced (5 mol% 

carbon monoxide in helium for 12 hours) LSF731-80-160.  a) shows the outlet mole fractions for Cycle 1; b) 

for Cycle 50; c) for Cycle90; and d) for Cycle 99.  Cycles 90 and 99 are indistinguishable and cycles are 

repeatable.  Reduction half-cycles use 5 mol% carbon monoxide in helium for a duration of 60 seconds.  

Oxidation half-cycles use 5 mol % water in helium for a duration of 60 seconds.  Between half cycles the 

reactor was purged with helium to ensure that the effects of the half cycles did not overlap.  A temperature 

of 820°C was used.  The flow rate was constant throughout at 50 ml (STP)/min. 
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Figure 6.10 – Conversion for carbon monoxide and water over 100 cycles with prereduced LSF731-80-160.  

Conversion is defined as the ratio of integrated outlet mole fraction of the product and the integrated 

outlet mole fraction of the product and reactant combined.  One cycle consists of one minute half-cycles for 

carbon monoxide and water feeds, separated by helium purges.  Temperature was 820oC.  Bed length was 

6 cm.  Error bars calculated using mass spectrometer accuracy of ± 100 ppm of measured gas. 

As can be seen in the figure, the final carbon monoxide and water conversions differ 

by only 0.06 when the prereduced LSF731-80-160 is used, while there was a 

difference of 0.18 when fresh LSF731-80-160 was used. 

An alternative method for evaluating whether equilibrium has been overcome in 

these cycles is to calculate a variable, 𝐾∗ , which is the minimum equilibrium 

constant required to reach the integrated outlet partial pressures, 𝑝, or mole fractions, 

𝑥, during cycles. 

𝐾∗ = ∫ (
𝑝𝐶𝑂2 ∙ 𝑝𝐻2

𝑝𝐶𝑂 ∙ 𝑝𝐻2𝑂
)

𝑜𝑢𝑡𝑙𝑒𝑡

𝑑𝑡 = ∫ (
𝑥𝐶𝑂2

∙ 𝑥𝐻2

𝑥𝐶𝑂 ∙ 𝑥𝐻2𝑂
)

𝑜𝑢𝑡𝑙𝑒𝑡

𝑑𝑡 6.6 

For a conventional WGS reactor where the gases are mixed 𝐾∗ would not be able to 

exceed the WGS equilibrium constant (approximately unity at 820°C).  This would 

be true even if the OCM had been prereduced and had not yet reached a dynamic 
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equilibrium with the gas phase.  It is possible, however, to achieve a 𝐾∗ greater than 

unity with a reverse-flow integral reactor using a non-stoichiometric material such as 

LSF731-80-160.  Figure 6.11 shows the evolution of 𝐾∗ with cycle number. 
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Figure 6.11 – Evolution of K* versus cycle number for the prereduced (5 mol% carbon monoxide in 

helium for 12 hours) LSF731-80-160.  One cycle consists of one minute half-cycles for 5 mol% carbon 

monoxide in helium and 5 mol% water in helium feeds, separated by helium purges.  A temperature of 

820ºC was used.  The total flow rate was constant throughout at 50 ml (STP)/min. 

As can be seen, by the time repeatable cycles are achieved in cycles 90-100 𝐾∗ is 

approximately 40.  The error bars in this figure were evaluated knowing that the 

mass spectrometer had an accuracy of ± 100 ppm.  This means that any mole fraction, 

𝑥, measured at any instant has an absolute error of ± 0.01%, which can be integrated 

over the half-cycle time (60 s).  Hence in earlier cycles, where the water mole 

fraction is low for instance, the mass spectrometer error has a greater effect than 

during cycles 90-100 where all mole fractions are significantly greater than 0.01%. 
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Figure 6.12 – Mole fraction versus time for the prereduction of the LSF731-80-160 sample used in the 100 

cycles.  The reduction used 5 mol% carbon monoxide in helium for 12 hours.  A temperature of 820°C was 

used.  The total flow rate was constant throughout at 50 ml (STP)/min.  OCM mass was approximately 6 g. 

Figure 6.12 shows that carbon dioxide was only produced in measurable amounts for 

approximately the first 30 minutes.  An oxygen balance over this 12 hour period 

showed that only 2396 µmol of oxygen (O) was removed from the LSF731-80-160 

sample.  Assuming that the entire sample was active in the reduction, i.e. all the 

oxygen was accessible by the carbon monoxide, this results in a change in the degree 

of non-stoichiometry, Δδ, of only 0.09. 

As the LSF731-80-160 was calcined in air at 1250°C, then allowed to cool to room 

temperature in air, prior to prereduction with 5 mol% carbon monoxide in helium, it 

is most likely in equilibrium with air at some temperature between 1250°C and 20°C.  

This means an initial δ before prereduction of between 0.09 and 0.15 for these 

temperatures respectively, and consequently the δ after prereduction would be 

between 0.18-0.24.  In the first cycle (Figure 6.9 a)), however, an outlet 𝑝𝐻2𝑂/𝑝𝐻2 

ratio of close 0.01 is achieved which corresponds to a δ of 0.5 or higher, meaning δ 

after prereduction must be 0.5 or higher.  This indicates that not all of the LSF731-

80-160 is involved in the redox reactions but is kinetically excluded. 
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6.3 Summary 

In summary LSF731-80-160 can produce very high mole fractions of hydrogen 

unlike traditional metal oxides, such as Fe-80-160, when used in a chemical looping 

reverse flow integral reactor.  LSF731-80-160 can do this as it can overcome the 

limitations of equilibrium that restrict metal oxides like iron oxide that have discrete 

phase transitions.  Perovskite type materials like LSF731-80-160 are OCMs with 

continuously varying stoichiometry versus oxygen chemical potential.  This benefit 

allows an oxidation step (i.e. hydrogen production step) that can achieve a higher 

product mole fraction than that determined by the equilibrium mole fraction during 

reduction.  During 1 minute cycles in 6 cm beds, both OCMs achieve high carbon 

monoxide conversions, typically ≈ 0.85-0.9 for Fe-80-160 and ≈ 1 for LSF731-80-

160 in the first 80 cycles, before showing signs of dropping to ≈ 0.9 in the last 20 

cycles.  After some initial cycles both OCM conversions appear to stabilise, after 

which Fe-80-160 is only able to achieve a maximum of ≈ 0.3 water conversion, 

while LSF731-80-160 can achieve ≈ 0.7 water conversion.  The maximum 

conversion which Fe-80-160 can ever reach thermodynamically is 0.65 water 

conversion.  Thus LSF731-80-160 can overcome the limitations which restrict the 

performance of Fe-80-160. 

As it was found that after 100 cycles the oxidation and reduction half cycles for 

LSF731-80-160 were not even, i.e. the OCM was predominantly more oxidised then 

reduced.  This is because the kinetics for reduction with carbon monoxide are 

significantly slower than for water oxidation.  Thus to try and reach stable cycling 

more quickly another 100 cycles were performed with a prereduced sample of 

LSF731-80-160.  Results confirmed that equilibrium limitations were overcome and 

equal oxidation and reduction was achieved by cycle 70.  During the prereduction it 

was found that much of the LSF731-80-160 used was not participating in the 

reaction. 
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Chapter 7 

7. Conclusions 

The main objective of this thesis was to learn more about the thermodynamic and 

kinetic behaviour of iron oxide based OCMs, such as iron oxide and 60% iron oxide 

on alumina (Fe60), and iron-containing perovskite-type OCMs, such as 

La0.7Sr0.3FeO3-δ (LSF731).  There is a wealth of information relating to the 

thermodynamics and kinetics of various iron oxide based OCMs in the literature, 

which have been reviewed in Chapter 3 Oxygen Carrier Materials.  Perhaps the most 

pertinent to this work, however, was the work of Heidebrecht and Sundmacher [52] 

who developed an equilibrium limited thermodynamic model for iron oxide.  They 

used wave theory to describe the behaviour of reaction front velocities in a cyclic 

water-gas shift reactor.  It was by adopting this approach that the equilibrium limited 

model for LSF731 presented in this thesis was developed.  The LSF731 model’s 

main objective was to provide reaction front velocities for each value of oxygen non-

stoichiometry (δ) for the perovskite.  An unmixed WGS reaction in a packed bed 

reactor was selected for study, where carbon monoxide (or a carbon monoxide and 

carbon dioxide mixture) is used to reduce an OCM in one half-cycle and then water 

(or a water and hydrogen mixture) is used to reoxidise the OCM and complete the 

cycle in a second half-cycle.  It was found that mixtures of carbon monoxide and 

carbon dioxide achieved faster reaction front velocities than mixtures of water and 

hydrogen, relative to an arbitrary gas velocity.  Both mixtures achieved a maximum 

reaction front velocity at δ ≈ 0.25.  The reaction front velocity distributions were 

found to follow the same pattern regardless of the gas velocity chosen. 

Experimental studies were also performed with the aim to incorporate kinetic rates 

into the thermodynamic models.  The OCMs selected for this study were LSF731 

and Fe60.  Each OCM was exposed to a set of carbon monoxide and carbon dioxide 

reducing mixtures and water and hydrogen oxidising mixtures in a microreactor, 

operated differentially to determine the effect of gas composition on kinetics.  In 
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order to study the effect of the initial oxidation state of the OCM (i.e. the initial 

oxygen content) the OCMs were pretreated with carbon monoxide and carbon 

dioxide mixtures and water and hydrogen mixtures to anneal the samples to a 

particular solid oxygen content prior to reaction.  Unfortunately only limited reliable 

information could be obtained.  This was due to fundamental flaws in the 

experimental set-up that became apparent when analysing the outlet mole fraction 

data from the mass spectrometers.  The main issue was peaks in the early stages of a 

half-cycle that were specifically due to pressure changes in the reactor system caused 

by the opening and closing of mass flow controllers (MFCs).  Blank experiments 

were unable to eliminate this phenomenon from the data as the MFC operation was 

slightly different in each experiment.  This problem was particularly problematic 

when analysing data where a reducing gas mixture was used (oxidising gas mixture 

was less problematic as water was continuously delivered and directed to the reactor 

when necessary).  Thus the only solid conclusion that could be drawn from this work 

came from the experiments where ‘pure’ gases (i.e. 5 mol% carbon monoxide in 

helium and 5 mol% water in helium) were used.  From these experiments it was 

found that the reaction rate of carbon monoxide reduction was significantly lower 

than that of water oxidation for LSF731.  This is the opposite of the findings from the 

thermodynamic model, which found carbon monoxide and carbon dioxide mixtures 

had faster reaction front velocities.  This would suggest that carbon monoxide 

reduction is strongly kinetically limited. 

Further experimental work was carried out to investigate a more practical mode of 

operation for LSF731.  This included increasing the size of the packed bed reactor 

(thereby increasing the sample mass) and using reverse-flow to ensure the reactor 

was operated integrally.  Iron oxide was also studied as a reference.  As the 

thermodynamics for iron oxide and LSF731, previously highlighted in the 

thermodynamic models, are so different it was expected that the behaviour of these 

two OCMs in an integral reactor would be different.  Each fresh OCM was tested for 

a hundred cycles with half-cycle durations of one minute.  Reduction was performed 

with 5 mol% carbon monoxide in helium and oxidation was performed with 5 mol% 

water in helium, while helium was used to purge the reactor system between half-

cycles. 
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It was found that LSF731 was able to achieve water conversions far superior to that 

possible with iron oxide.  Thermodynamically iron oxide is limited by discrete phase 

transitions which mean the maximum possible hydrogen to hydrogen-and-water ratio 

is 0.65, while in reality this is never achieved and ratios are closer to 0.3.  LSF731 on 

the other hand can achieve a hydrogen to hydrogen-and-water ratio of 0.8.  

Additionally LSF731 is able to produce pure hydrogen before water breakthrough 

occurs while iron oxide can only ever produce a mixture of hydrogen and water, 

which would require further separation.  It was found that by the end of the 

experiment for LSF731 that although the cycles were repeatable, the reduction and 

oxidation half-cycles were not equal.  This meant the oxidation state of the LSF731 

was still changing and the bed was still predominantly oxidised.  This agrees with the 

kinetic findings that showed LSF731 oxidised with water much more readily then it 

reduced with carbon monoxide.  As a result of this a further one hundred cycles was 

performed with LSF731 after it had been prereduced with 5 mol% carbon monoxide 

for 12 hours.  By doing this stable, repeatable cycling was achieved more quickly. 
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Chapter 8 

8. Future Work 

With any lab-based process with potential benefits, future work should always lead 

towards industrialisation.  There are several opportunities for furthering the work 

presented in this thesis.  One of the main objectives of this work was to provide 

useful kinetic information for packed bed reactors using iron oxide OCMs and 

perovskite-type materials like LSF731.  As the experimental apparatus and method 

prevented accurate data from being collected for the different conditions tested, it is 

first and foremost recommended that the kinetics experiments be repeated.  As the 

main problem was data peaks due to back pressures created by the mass flow 

controllers opening and closing, it is strongly advised that a series of two-position, 

four-port valves is used to allow flow to stabilise before delivery into the reactor.  

Figure 8.1 shows one possible improvement to allow continuous gas flow of all gases 

independently or in mixtures, i.e. water and hydrogen or carbon monoxide and 

carbon dioxide. 

 

Figure 8.1 – Proposed new valve set-up to allow continuous flow of gas mixtures (water and hydrogen or 

carbon monoxide and carbon dioxide).  Valves V1 and V2 are two-position, four-port valves.  Example 

shows valves arranged to flow a water and hydrogen mixture to the reactor. 

The valve protocol would be relatively simple depending on the desired experimental 

conditions.  In a typical redox cycle valve V2 would begin in the position to flow 

helium to the reactor.  Valve V1 would be in the position to flow a mixture of carbon 
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monoxide and carbon dioxide into V2 (and subsequently to vent).  When the gas 

mixture is stable, valve V2 would be turned to direct the carbon monoxide and 

carbon dioxide mixture into the reactor.  After a set amount of time V2 would turn to 

flow helium into the reactor to remove the reactive gases.  In the meantime V1 would 

be turned to direct a mixture of water and hydrogen into V2 (and subsequently to 

vent).  Valve V2 would then be turned to deliver the water and hydrogen mixture 

into the reactor.  After a set amount of time V2 would be turned back to flow helium 

into the reactor again. 

Further improvements would be to anneal the OCMs for longer.  This would help 

determine if there is greater agreement between material balances and 

thermodynamics with respect to the solid composition of the OCM.  Using a higher 

mass spectrometer (or another appropriate analytical device) data sampling rate will 

also increase the accuracy of the material balances.  A mass spectrometer can only 

directly measure the gas phase, however, resulting in information about the solid 

phase being inferred.  Use of a TGA would allow additional information about the 

solid weight change during reaction to also be used. 

The model developed for LSF731 in this thesis relies on thermodynamic equilibrium 

and thus has a limited use.  By repeating the kinetic experiments, as suggested above, 

kinetic expressions for LSF731 can be included in this model.  Additionally the 

model of Heidebrecht and Sundmacher [52] could be improved by including kinetic 

expressions relating to iron oxide. 

All the work in this thesis has used carbon monoxide (or mixtures of carbon 

monoxide and carbon dioxide) as a reducing gas.  Carbon monoxide is one of the 

simplest reducing gas to use in a lab-scale experiment as its only product on 

oxidation is carbon dioxide, thus avoiding complications due to selectivity.  Using 

carbon monoxide in an industrial-scale chemical looping process to produce 

hydrogen (e.g. the Steam-Iron process) is unrealistic.  Carbon monoxide is only 

naturally occurring in low concentrations and the main method of production is the 

reverse Boudouard reaction (equation 2.3).  It is much more likely that methane (or a 

higher hydrocarbon) would be used.  The main issue with using methane as a 

reducing gas in the Steam-Iron process is that a reduction of iron oxide with methane 

is highly endothermic.  This means that efforts must be made to overcome the energy 
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deficit without the addition of extra fuel, i.e. to make the process autothermal.  Once 

the feasibility of an autothermal process has been determined, experimental studies 

to confirm this should be carried out. 

What follows is a preliminary thermodynamic study into making the Steam-Iron 

process, using methane as a reducing gas, autothermal. 

8.1 Autothermal Three Step Steam-Iron Process 

The modified Steam-Iron Process (discussed fully in Chapter 2) comprises of three 

reaction steps with iron oxide (or iron oxide with various additives or support 

materials).  The first reaction is the reduction of haematite (Fe2O3) to wüstite (FeO) 

or iron (Fe) by a carbonaceous fuel.  Water is then used to re-oxidise the wüstite or 

iron to magnetite (Fe3O4) producing hydrogen.  The final transition from magnetite 

to haematite is achieved by an additional air oxidation, as water is 

thermodynamically incapable of doing this.  This is illustrated in Figure 8.2 using 

methane as the reducing gas. 

 

Figure 8.2 – Three step modified Steam-Iron Process 

Typically this process is performed at ≈ 850°C.  At this temperature the fuel reaction 

has the potential to be highly endothermic.  For example, if the process was operated 

to reduce the haematite to wüstite with methane, the endotherms shown by equations 

8.1 (full oxidation of methane), 8.2 (partial oxidation of methane), 8.3 and 8.4 could 

be produced (using data from Perry’s Chemical Engineers’ Handbook [176]). 
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𝐶𝐻4 + 𝐹𝑒2𝑂3 → 𝐶𝑂 + 2𝐻2 + 2𝐹𝑒𝑂 

∆𝐻𝑅 850°𝐶

= 255 
𝑘𝐽

𝑚𝑜𝑙 𝑜𝑓 𝐹𝑒2𝑂3
 

8.1 

1

4
𝐶𝐻4 + 𝐹𝑒2𝑂3 →

1

4
𝐶𝑂2 +

1

2
𝐻2𝑂 + 2𝐹𝑒𝑂 

∆𝐻𝑅 850°𝐶

= 75.7 
𝑘𝐽

𝑚𝑜𝑙 𝑜𝑓 𝐹𝑒2𝑂3
 

8.2 

2

3
𝐻2𝑂 + 2𝐹𝑒𝑂 →

2

3
𝐻2 +

2

3
𝐹𝑒3𝑂4 

∆𝐻𝑅 850°𝐶

= −20.9 
𝑘𝐽

𝑚𝑜𝑙 𝑜𝑓 𝐹𝑒2𝑂3
 

8.3 

1

6
𝑂2 +

2

3
𝐹𝑒3𝑂4 → 𝐹𝑒2𝑂3 

∆𝐻𝑅 850°𝐶

= −89.0 
𝑘𝐽

𝑚𝑜𝑙 𝑜𝑓 𝐹𝑒2𝑂3
 

8.4 

Preliminary tests (not included here) have shown that haematite reduces to magnetite 

via full oxidation of methane while magnetite reduces to wüstite (or iron) via partial 

oxidation of methane.  Thus a modified Steam-Iron process using methane as a 

reducing gas will have an endothermic overall enthalpy of reaction.  This raises the 

question: could this process be made autothermal? 

Many works have been done that claim to create an autothermal process, when in 

fact all that has been achieved is some heat recovery.  This repetitive use of the word 

autothermal has led to confusion of what autothermal actually means.  In this work, 

autothermal is defined as a process or reaction which requires no additional fuel/heat 

after the initial start-up stage. 

The air step has a two-fold benefit.  Firstly it allows full reoxidation to haematite and 

secondly it can supply heat to the chemical looping system.  Unfortunately, although 

the air step is endothermic, it does not produce enough energy to maintain the 

chemical looping process in isothermal operation. 
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Although the air step is usually used for the magnetite to haematite phase transition, 

it does not need to be limited to this phase transition alone.  By limiting the extent of 

oxidation able to be performed by water, more oxygen deficient iron oxide would be 

available for reoxidation by air, thus creating more heat for the whole chemical 

looping system.  With this approach finding the autothermal point of operation would 

simply be a case of determining the correct water to extra air ratio.  Thus a 

mathematical model was created, to investigate the feasibility of such an approach, 

using Mathcad 15.0 software. 

8.1.1 Defining Model Boundaries 

As there are several reaction combinations possible with the modified Steam-Iron 

Process it was important that the limits of this model were clearly outlined. 

Pure iron oxide is used in this model.  This is the traditional oxygen carrier used in 

the steam iron process.  Although a lot of work has been done in recent years to 

develop the oxygen carrier, the iron oxide is the main oxygen source and thus should 

theoretically affect the energy balance the most.  Also by only considering the lone 

metal oxide it eliminates the issue of selectivity between oxygen available in the 

oxide and the support material or additive. 

Methane was selected as the reducing gas as it is a common reducing agent used in 

chemical looping processes (chemical looping reforming and chemical looping 

combustion).  Additionally methane can either be fully or partially reduced, so using 

methane instead of a simpler fuel, i.e. carbon monoxide, adds an extra level of 

complication.  Methane is the main component of natural gas, and thus this model 

could be easily modified to take into account the other components which would also 

reduce the iron oxide. 

Only the haematite to magnetite to wüstite phase transitions were considered for the 

reduction step.  Although this will significantly decrease the producible hydrogen it 

is believed that for true longevity of the oxygen carrier reduction to metallic iron 

should be avoided.  This was confirmed by experiments (not shown here), that 

reduction of iron oxide to metallic iron by methane causes the pyrolysis of methane 

at 850°C.  Additionally it was found that the haematite to magnetite phase transition 
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fully oxidised the methane, producing carbon dioxide and water, while the magnetite 

to wüstite phase transition partially oxidised the methane, forming syngas.  Thus, this 

was the selectivity to full or partial oxidation of methane selected for the model. 

Although the reactor arrangement was not explicitly defined in the mathematical 

model, it was assumed that the solid (iron oxide) transported heat ideally around the 

chemical looping system.  Therefore, it would not matter if the reactor arrangement 

were fluidised and the solid moved between the three different reactor stages; or a 

single reactor bed was fluidised or packed with a periodically changing gas feed, as 

the solid would not loss heat to the surroundings. 

It was also decided that two extremes would be studied: isothermal operation and 

adiabatic operation.  Any isothermal temperature could be selected, though this study 

was limited to 550°C-950°C.  As 850°C was the temperature at which experimental 

studies were carried out, this temperature was selected for discussion.  In reality it is 

not essential that all reactors/reactions are performed at the same temperatures, in 

fact there have been studies where the authors claim that three reactors have different 

optimum working temperatures [50].  For the purposes of simplicity the optimal 

temperatures for reaction were not investigated, but rather the extreme case of 

adiabatic operation.  It this case it was assumed that the solid and gas were in thermal 

equilibrium with each other and this was the mechanism for heat transport between 

reactors/reactions. 

The effect of pressure was also studied.  Two pressure conditions were chosen: 1 atm 

and 10 atm.  Atmospheric pressure was chosen as it is most often how lab-scale 

chemical looping systems are operated.  10 atm was chosen as this is approximately 

the pressure that regular equipment can operate at before incurring a cost from 

reinforcements.  Pressure was considered to be an important factor to investigate as it 

significantly affects the yield in gaseous reactions. 

It was assumed that all of the reactions in this chemical looping system were limited 

by equilibrium.  Though a reactor can be operated to overcome equilibrium, the 

equilibrium limit is a well-defined boundary that is easily recognisable.  Also by 

assuming equilibrium is the limit, mole flows between each reaction step could be 
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estimated and the model could be partially iterated to find a stable water:extra air 

ratio after several cycles. 

The final aspect of the model was to investigate the addition of energy to the 

chemical looping system from another separate reaction, ideally one which utilised 

the methane oxidation products.  For this reason methanol synthesis was selected as 

the energy donor reaction, as methanol uses hydrogen and carbon monoxide in a 2:1 

ratio as a feed stock.  Arbitrarily the operating conditions for the methanol synthesis 

reactor were selected as a single pass reaction at 250°C and 75 atm (as this is in the 

middle of the accepted range for this reaction).  It was also assumed that only the 

energy/heat produced by converting the exact molar flow of syngas produced during 

the chemical looping reduction step would be permissible to use as donated heat. 

8.1.2 Model Method 

8.1.2.1 Isothermal Model 

As the solid (iron oxide) is defined as the mechanism for heat transport/retention 

between the “reactors”, the reactions were balanced based on one mole of haematite 

initially reacting with methane.  The ratio of water:extra air is defined as 𝑦𝑤: (1 −

𝑦𝑤). 

Fuel 1 
1

12
𝐶𝐻4 + 𝐹𝑒2𝑂3 →

1

12
𝐶𝑂2 +

1

6
𝐻2 +

2

3
𝐹𝑒3𝑂4 8.5 
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2

3
𝐶𝐻4 +

2

3
𝐹𝑒3𝑂4 →

2

3
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4

3
𝐻2 + 2𝐹𝑒𝑂 8.6 

Steam 
2

3
(𝑦𝑤)𝐻2𝑂 + 2(𝑦𝑤)𝐹𝑒𝑂 →

2

3
(𝑦𝑤)𝐻2 +

2

3
(𝑦𝑤)𝐹𝑒3𝑂4 8.7 

Air 1 
1

3
(1 − 𝑦𝑤)𝑂2 +

2

3
(1 − 𝑦𝑤)𝐹𝑒𝑂 →

2

3
(1 − 𝑦𝑤)𝐹𝑒3𝑂4 8.8 

Air 2 
1

6
𝑂2 +

2

3
𝐹𝑒3𝑂4 → 𝐹𝑒2𝑂3 8.9 
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Peng-Robinson equations of state were used as they easily take into account both 

pressure and temperature with departure functions, making the enthalpies and 

entropies of the gases in the system possible to calculate.  Equations 1.7 and 1.9 

show the departure functions needed to calculate the enthalpy and entropy of one 

component at a desired temperature and pressure. 

𝐻𝑇,𝑃 − 𝐻𝑆𝑇𝑃 = 𝑅𝑇𝑐 [𝑇𝑟(𝑍 − 1) − 2.078(1 + 𝑘)√𝛼 ln (
𝑍 + 2.414𝛽

𝑍 − 0.414𝛽
)] 8.10 

𝑆𝑇,𝑃 − 𝑆𝑆𝑇𝑃 = 𝑅 [ln(𝑍 − 𝛽) − 2.078𝑘 (
1 + 𝑘

√𝑇𝑟

− 𝑘) ln (
𝑍 + 2.414𝛽

𝑍 − 0.414𝛽
)] 8.11 

Where 𝐻 and 𝑆 are the enthalpy and entropy (respectively) at specified temperatures 

and pressures, 𝑅 is the universal gas constant, 𝑇𝑐 is the critical temperature, 𝑇𝑟 is the 

reduced temperature and 𝑍 is the compressibility.  𝛽 and 𝑘 are expressions defined as: 

𝑘 = 0.37464 + 1.54226𝜔 − 0.26992𝜔2 8.12 

𝛽 = 0.07780
𝑃𝑟

𝑇𝑟
 8.13 

Where ω is the acentric factor and 𝑃𝑟 is the reduced pressure. 

An example calculation for carbon monoxide is shown in Appendix I. 

The solids were dealt with differently as they are considered to be incompressible 

and the solid enthalpies and entropies could be calculated simply from the specific 

heat capacities: 

∆𝐻 = ∫ 𝐶𝑝
𝑇2

𝑇1

𝑑𝑇 8.14 

∆𝑆 = ∫
𝐶𝑝

𝑇

𝑇2

𝑇1

𝑑𝑇 8.15 

Where 𝐶𝑝 is the specific heat capacity; 𝑇 is temperature; and subscripts 1 or 2 refer 

to either the reference or reaction temperature. 
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Hess’ law was used to calculate the different reaction enthalpies and entropies so that 

the Gibbs free energies of reaction and equilibrium constants could be determined for 

each step of the chemical looping process.  The equilibrium constants further were 

used to determine the stream tables for the whole system. 

8.1.2.2 Adiabatic Model 

The same reactions were used in the adiabatic model as in the isothermal model and 

the autothermal point of operation obtained in the isothermal model was used in the 

adiabatic model.  In this case it was decided that it would be unrealistic to assume all 

the solid participated in each reaction, i.e., all of the solid was in thermal equilibrium 

with the gas.  Thus a new parameter was introduced in this model to account for the 

proportion of solid reacting.  A solid bed of 100 kg was arbitrarily selected and was 

initially assumed to be all Fe2O3. 

Thus in this model the governing equation was: 

𝑄 = 𝑚𝑆𝐶𝑝∆𝑇 8.16 

By performing energy balances across each reaction (8.5-8.9) the exit temperature of 

the reaction was calculated. 

All data used in both the isothermal and adiabatic models can be found in references 

[176-178]. 

8.1.3 Results 

8.1.3.1 Isothermal Model 

The model was calculated with a 𝑦𝑤 range of zero to one in intervals of 0.1 at each 

chemical looping temperature and pressure.  Temperatures between 550-950°C in 

100°C intervals were studied at both 1 atm and 10 atm.  The main model outputs are: 

the overall reaction enthalpy for the chemical looping system; and the overall 

reaction enthalpy for the chemical looping system and the methanol synthesis 

reaction; and stream tables for the entire reaction system. 
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8.1.3.1.1 Overall Reaction Enthalpy 

It was found that the chemical looping temperature and pressure did not affect the 

overall enthalpies significantly.  Differences of between 0.02-0.06 kJ/mol of Fe2O3 

were observed when increasing the temperature from 550°C to 950°C at every 𝑦𝑤 

value.  The difference between 1 atm and 10 atm was consistently 0.07 kJ/mol of 

haematite at every 𝑦𝑤 value.  For this reason, only results for 850°C and atmospheric 

pressure are shown in Figure 8.3. 

It was expected that pressure would not have a significant effect on the overall 

enthalpies as the two pressures selected are relatively low.  As 10 atm was the 

maximum chemical looping pressure used, all of the gases in the looping process 

were expected to behave ideally.  This was confirmed when the compressibility 

factors were calculated and found to be 1 ± 0.002.  It is expected that the chemical 

looping pressure will have a significant effect on the molar production of each gas.  
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Figure 8.3 – Reaction enthalpy of the entire chemical loop at 850°C and 1 atm both with and without the 

addition of heat from methanol synthesis against 𝒚
𝒘

 (the proportion of water in the water:extra air ratio) 
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The point of autothermal operation for the chemical looping system without 

methanol synthesis is the point at which the line crosses 𝛥𝐻𝑅 = 0 kJ/mol of Fe2O3.  

This point occurs when 𝑦𝑤 = 0.570.  This means that the water needs to be restricted 

so that 57% of the wüstite to magnetite phase change occurs allowing the rest of the 

transition to take place in the presence of air.  However, this means that the amount 

of hydrogen that can be produced in such a cycle would only be 57% of the hydrogen 

that can theoretically be produced. 

To improve the quantity of hydrogen that could be produced, waste heat from a 

methanol synthesis reaction at 250°C and 75 atm was also included.  As can clearly 

be seen the additional heat is enough that 100% of the wüstite to magnetite phase 

change can happen with water and still have heat left over.  This is assuming that all 

of the heat of reaction in the methanol synthesis reactor is recoverable.  In reality as 

the heat from methanol synthesis is produced at 75 atm, this would need to be 

expanded to either 1 atm or 10 atm, and thus the remaining heat available would be 

less.  A simple calculation using Boyle’s law helped to estimate the usable heat of 

reaction.  Methanol synthesis generates negative heat of reaction (-98.4 kJ/mol) at 75 

atm but once expanded to either 10 atm or 1 atm generates -92.9 kJ/mol or -90.6 

kJ/mol respectively assuming that this process is 100% efficient.  This is unlikely to 

be the case so an arbitrary efficiency of 50% was selected.  At this efficiency the 

enthalpy of reaction including the methanol synthesis would be zero at 𝑦𝑤 = 0.844. 

However, as the objective was only to prove the concept of autothermal chemical 

looping via a water:extra air ratio, no further investigation into the methanol 

synthesis process was carried out. 

Further uncertainty in the model results can arise from the source of data selected.  

To determine the uncertainty in these results, this model was used to re-calculate the 

work of Svoboda et al. (2007) [98] which used data from Thermochemical data of 

pure substances [179] rather than Perry’s Chemical Engineers’ Handbook [176].  

Though this work studied slightly different reactions at different temperatures, the 

flexible nature of this mathematical model allows changes like this to be made easily.  

Two reactions studying different iron oxide phase transitions were selected: 
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3.808𝐹𝑒𝑂 + 𝐻2𝑂 ⇌ 1.202𝐹𝑒3𝑂4 + 𝐻2 8.17 

3

4
𝐹𝑒 + 𝐻2𝑂 ⇌

1

4
𝐹𝑒3𝑂4 + 𝐻2 8.18 

A comparison of the results is shown in Table 8.1.  As can be seen there is a wide 

range in the data shown.  Most notably the difference in Gibbs free energies for 

reaction 8.18.  Svoboda et al. state a negative value with this model generates a 

positive value with a significant difference of 138.77 kJ/mol.  On the other hand that 

same reaction shows almost perfect agreement in the reaction enthalpies.  Such a 

varying degree of accuracy made calculating a reasonable uncertainty due to data 

source difficult. 

Table 8.1 – Comparison of reaction enthalpies, ΔHR, and Gibbs free energies, ΔGR, published in Svoboda 

et al. (2007) and this model. 

Reaction 8.17 
Temperature 

(K) 

ΔHR 

(kJ/mol) 

ΔGR 

(kJ/mol) 

Data 

Source 

Svoboda et al. 

(2007) 
1100 -60.1 +8.7 [179] 

This model 1100 -41.71 +20.735 [176] 

Reaction 8.18  

Svoboda et al. 

(2007) 
800 -27.32 -9.336 [179] 

This model 800 -28.024 +129.434 [176] 

8.1.3.2 Adiabatic Model 

The output of the adiabatic model was the exit temperature from each reaction, 

though it should be noted that two sequential reactions can happen in one reactor.  

Three complete chemical looping cycles were considered. 
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Figure 8.4 shows the results of the adiabatic model.  It shows the largest decrease in 

bed temperature to be during reaction 8.6, which is expected due to the high 

endothermic nature of this reaction causing the heat stored in the iron oxide to be 

used as fuel.  However, due to the water:extra air ratio the bed temperature is able to 

increase again during exothermic reactions 8.7-8.9.  Without the water:extra air ratio 

the bed temperature would not increase enough to allow the subsequent cycles to 

occur, as eventually the bed would extinguish. 
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Figure 8.4 – Adiabatic model temperatures for all the chemical looping reactions (8.5-8.9) over three 

complete cycles assuming 50% of the solid participates in the reactions 
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Figure 8.5 – Gibbs free energies of reaction, ΔGR, for each reaction for both isothermal and adiabatic 

operation.  The adiabatic temperature plotted is the outlet temperature (i.e. after reaction). 

All of this assumes that these temperatures are suitable for each reaction to occur at.  

To verify the feasibility of performing these reactions at these temperatures the 

Gibbs free energies were calculated and are shown in Figure 8.5.  As expected, lower 

temperatures are more favourable for exothermic reactions, and higher temperatures 

are more favourable for endothermic reactions.  This means that operating the 

chemical looping system in adiabatic mode is not only possible, but beneficial. 

8.1.4 Using LSF731 

An integral part of the preliminary autothermal study is, of course, the 

thermodynamic data, namely the heat capacity and formation energy information.  

As LSF731 is a mixed (non-stoichiometric) oxide the data needed is not always 

readily available.  There are several ways to estimate the heat capacity of a mixed 

oxide, however.  These include the simplest method known as the Neumann-Kopp 

rule (NKR) where the molar heat capacity of a mixed oxide is calculated by 

combining the heat capacities of the binary oxides proportionally based on 
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stoichiometry; the Kellogg’s method [180, 181]; and the binary oxide contribution 

method [182]. 

Kubaschewski and Ünal [183] extended the Kellogg method and proposed a method 

of estimating coefficients (A, B, and C) in a simple temperature dependent 

relationship for heat capacity: 

𝐶𝑝(𝑇) = 𝐴 + 𝐵𝑇 +
𝐶

𝑇2
 8.19 

𝐴 =
10−3𝑇𝑚(𝐶𝑝∘ + 4.7𝑛) − 1.25𝑛 × 105(𝑇𝑚)−2 − 9.05𝑛

10−3𝑇𝑚 − 0.298
 8.20 

𝐵 =
25.6𝑛 + 4.2𝑛 × 105(𝑇𝑚)−2 − 𝐶𝑝∘

10−3𝑇𝑚 − 0.298
 8.21 

𝐶 = −4.2𝑛 8.22 

Where 𝑛 is the number of ions in the formula unit, and 𝑇𝑚 is the melting temperature 

(which must be below 2300K). 

Thus is order to estimate the heat capacity of a mixed oxide like LSF731 it is 

important to look at the binary oxide components, i.e. iron oxide, lanthanum oxide 

and strontium oxide.  As can be seen from Table 8.2 the heat capacities (at reference 

conditions, 25°C) for the binary oxides components of LSF731 are similar. 

Table 8.2 – Values of heat capacity of selected solid binary oxides at 298 K [184]. 

Oxide Cp° (at 298 K) (J/mol K) 

Fe2O3 104.77 

FeO 48.04 

La2O3 108.78 

SrO 45.15 
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The closest to La0.7Sr0.3FeO3 (LSF731) possible to make with these binary oxides is 

La0.7Sr0.3FeO2.85 as shown by equation 8.23: 

0.7

2
𝐿𝑎2𝑂3 + 0.3𝑆𝑟𝑂 +

1

2
𝐹𝑒2𝑂3 → 𝐿𝑎0.7𝑆𝑟0.3𝐹𝑒𝑂3−𝛿  (𝑤ℎ𝑒𝑟𝑒 𝛿 = 0.15) 8.23 

Using the simplest method, NKR, the heat capacity at 25°C (𝐶𝑝°) of La0.7Sr0.3FeO2.85 

is approximately 104 J/mol K.  Using equations 8.19 to 8.22 the heat capacity of 

La0.7Sr0.3FeO2.85 at 850°C can be estimated.  The only information that is not known 

is the melting point of La0.7Sr0.3FeO2.85.  If a large range of melting points is used, i.e. 

1350 (significantly above the previously used calcination temperature of 1250°C) to 

2027°C (the maximum valid melting temperature for equation 8.19), then 𝐶𝑝850°𝐶 is 

between 120.8 J/mol K and 120.9 J/mol K, suggesting that the melting temperature 

has little effect.  The heat capacity of haematite (Fe2O3) at 850°C is approximately 

177 J/mol K. 

It is highly likely that the heat capacity for La0.7Sr0.3FeO3 is very similar to that of 

La0.7Sr0.3FeO2.85 as the contribution due to the extra oxygen is small.  Similarly, as 

during a reaction changes in δ will be small, the difference in formation energies is 

likely to be negligible. 

As the thermodynamic data for LSF731 does not appear to be significantly different 

from that of iron oxide or in fact appear to have a significance to calculating 

enthalpies of reaction, it is assumed that the approach used to achieve autothermal 

behaviour in iron oxide would also be possible using LSF731. 
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APPENDIX I 

I. Calculation of Peng-Robinson Departure 

Functions 

The reduced temperature, Tr, and reduced pressure, Pr, of any gas are: 

𝑇𝑟 =
𝑇

𝑇𝑐
 A 1 

𝑃𝑟 =
𝑃

𝑃𝑐
 A 2 

Where T is temperature, P is pressure and subscript c means critical. 

Constant β was then calculated: 

𝛽 = 0.07780
𝑃𝑟

𝑇𝑟
 8.13 

Next the vapour temperature, Tvap, and vapour pressure, Pvap, were calculated: 

𝑇𝑣𝑎𝑝 = 0.7𝑇𝑐 A 3 

𝑃𝑣𝑎𝑝 = 10
(𝐴−

𝐵
𝑇𝑣𝑎𝑝+𝐶

)
 A 4 

Where A, B and C are Antoine’s constants for that particular gas. 

From this the acentric factor, ω, can be calculated from the reduced vapour pressure, 

Pr
vap

:  
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𝑃𝑟
𝑣𝑎𝑝 =

𝑃𝑣𝑎𝑝

𝑃𝑐
 A 5 

𝜔 = − log(𝑃𝑟
𝑣𝑎𝑝) − 1 A 6 

From this the constant k and then α could be calculated: 

𝑘 = 0.37464 + 1.54226𝜔 − 0.26992𝜔2 8.12 

𝛼 = [1 + 𝑘 (1 − 𝑇𝑟

1
2)]

2

 A 7 

Next the compressibility, Z, was determined: 

𝑍 = 1 + 𝛽 − 𝑞𝛽
𝑍 − 𝛽

(𝑍 + 𝜀𝛽)(𝑍 + 𝜎𝛽)
 A 8 

Where: 

𝑞 =
Ψ𝛼

Ω𝑇𝑟
 A 9 

Ψ = 0.45724 A 10 

Ω = 0.0778 A 11 

𝜎 = 1 + √2 A 12 

𝜀 = 1 − √2 A 13 

The departure functions were then calculated for that gas under the conditions 

desired: 
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𝐻𝑇,𝑃 − 𝐻𝑆𝑇𝑃 = 𝑅𝑇𝑐 [𝑇𝑟(𝑍 − 1) − 2.078(1 + 𝑘)√𝛼 ln (
𝑍 + 2.414𝛽

𝑍 − 0.414𝛽
)] 8.10 

𝑆𝑇,𝑃 − 𝑆𝑆𝑇𝑃 = 𝑅 [ln(𝑍 − 𝛽) − 2.078𝑘 (
1 + 𝑘

√𝑇𝑟

− 𝑘) ln (
𝑍 + 2.414𝛽

𝑍 − 0.414𝛽
)] 8.11 
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APPENDIX II 

II. Kinetic Study of OCMs by Different 

Reduction and Oxidation Mixtures  

The general method used for these kinetic studies was outlined in Chapter 4 but here 

the exact structure of the experiments carried out in the CATLAB micro-reactor is 

described. 

The kinetic experiments were designed to map the kinetic space for both iron oxide 

and LSF731 by varying the initial solid oxygen content and the virtual 𝑝𝑂2of the 

reduction/oxidation gas mixtures.  Four gas ratios were investigated for both 

reduction and oxidation: 1:0, 4:1, 1:1 and 1:4 of carbon monoxide to carbon dioxide 

or water to hydrogen respectively. 

One experiment consisted of 20 cycles.  Each experiment used one sample of either 

LSF731 or Fe60 and all of the cycles in a particular experiment used the same ratio 

of water and hydrogen during oxidation.  The ratio of carbon monoxide and carbon 

dioxide used during reduction varied throughout the experiment.  Cycles 1-5 used a 

4:1 ratio of carbon monoxide and carbon dioxide; cycles 6-10 used a 1:1 ratio; cycles 

11-15 used a 1:4 ratio and cycles 16-20 used a 1:0 ratio, respectively.  The 1:0 

mixture of carbon monoxide and carbon dioxide (which is actually a pure feed of 

carbon monoxide) was used last to try and limit deactivation of the sample before the 

kinetic data could be collected.  A separate experiment, with a new sample, was 

carried out for each of the water and hydrogen ratios until a full set of experiments 

was completed for both Fe60 and LSF731.  This resulted in 8 experiments and a total 

of 160 cycles (excluding blank experiments). 
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Table A. 1 – Gas mixture ratios used in every experiment with the corresponding sample. 

 Reduction Gas Mixture 
Oxidation Gas 

Mixture 

Sample Cycle 1-5 Cycles 6-10 Cycles 11-15 Cycles 16-20 Cycles 1-20 

LSF731-A 

or 

Fe60-A 

4 mol% CO 

and 1 mol% 

CO2 

2.5 mol% CO 

and 2.5 mol% 

CO2 

1 mol% CO 

and 4 mol% 

CO2 

1 mol% CO 5 mol% H2O 

LSF731-B 

or 

Fe60-B 

4 mol% CO 

and 1 mol% 

CO2 

2.5 mol% CO 

and 2.5 mol% 

CO2 

1 mol% CO 

and 4 mol% 

CO2 

1 mol% CO 
4 mol% H2O 

and 1 mol% H2 

LSF731-C 

or 

Fe60-C 

4 mol% CO 

and 1 mol% 

CO2 

2.5 mol% CO 

and 2.5 mol% 

CO2 

1 mol% CO 

and 4 mol% 

CO2 

1 mol% CO 

2.5 mol% H2O 

and 2.5 mol% 

H2 

LSF731-D 

or 

Fe60-D 

4 mol% CO 

and 1 mol% 

CO2 

2.5 mol% CO 

and 2.5 mol% 

CO2 

1 mol% CO 

and 4 mol% 

CO2 

1 mol% CO 
1 mol% H2O 

and 4 mol% H2 

Table A. 1 shows all the experiments performed and the name of the sample used in 

each experiment.  The reduction and oxidation were 30 minutes long.  This time was 

selected as it was believed to be long enough for the solid and gas to reach chemical 

equilibrium. 

The results obtained provided two pieces of information: the oxygen content of the 

solid by way of a material balance, and the rate of reduction/oxidation under 

different gas mixtures. 

II.I. Hypothesis 

Iron oxide is known to have relatively slow redox kinetics for some phase transitions, 

particularly magnetite to wüstite, and wüstite to iron, even with pure feeds of carbon 
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monoxide or water.  Thus it is expected that mixtures of carbon monoxide and 

carbon dioxide or water and hydrogen will further slow the kinetics of the reduction 

or oxidation reactions respectively.  LSF731 is expected to have significantly faster 

redox kinetics as, unlike iron oxide which has to undergo a phase change which is 

likely diffusion limited, LSF731 is a mixed ionic and electronic conductor suggesting 

that oxygen transport to e.g. the site of reaction is easier. 

Additionally LSF731 has a continually changing oxygen content with respect to the 

virtual oxygen chemical potential of the gas (i.e. the equivalent free oxygen of a gas 

mixture of either carbon monoxide and carbon dioxide or water and hydrogen).  This 

suggests that despite the initial δ (i.e. the oxygen content of the LSF731 solid) the 

material will be able to equilibrate at any new δ corresponding to the virtual oxygen 

chemical potential to which it is exposed.  Iron oxide, on the other hand, has discrete 

phase transitions that only occur at specific virtual oxygen chemical potentials.  Thus 

the initial solid oxygen content of iron oxide is believed to be significantly more 

influential to kinetics that for LSF731. 

It is believed that gas composition (i.e. the virtual oxygen chemical potential) has an 

equally important role in determining kinetics for both iron oxide and LSF731.  It is 

unlikely that a gas mixture of 4:1 carbon monoxide and carbon dioxide will have the 

same rate of reaction (reduction/oxidation) as a 1:4 water and hydrogen mixture 

despite both mixtures having the same virtual oxygen chemical potential. 

II.II. Blank Experiments 

A series of blank experiments were carried out to provide baseline data.  It was 

hoped that this data could be subtracted to remove the peaks introduced by the mass 

flow controllers.  Figure A. 1 shows the blank runs for mixtures of carbon monoxide 

and carbon dioxide while Figure A. 2 shows those for water and hydrogen mixtures.  

All conditions for the blanks, i.e. temperature, 850°C, and flowrate, 100 ml 

(STP)/min, were the same as for the experimental runs with the OCM included.  

Three blank runs for each gas mixture were carried in series. 
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Figure A. 1 – Blank cycles at 850°C. a) 5 mol% carbon monoxide reduction feed, b) 4 mol% carbon 

monoxide and 1 mol% carbon dioxide reduction feed, c) 2.5 mol% carbon monoxide and 2.5 mol% carbon 

dioxide reduction feed, d) 1 mol% carbon monoxide and 4 mol% carbon dioxide reduction feed all in a 

balance of helium.  Total flowrate was 100 ml (STP)/min. 
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Figure A. 2 – Blank cycles at 850°C. a) 5 mol% water oxidation feed, b) 4 mol% water and 1 mol% 

hydrogen oxidation feed, c) 2.5 mol% water and 2.5 mol% hydrogen oxidation feed, d) 1 mol% water and 

4 mol% hydrogen oxidation feed all in a balance of helium.  Total flowrate was 100 ml (STP)/min. 
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Considering Figure A. 1 first, it can be immediately seen that large peaks, over the 

expected mole fraction, are observed at the beginning of the cycle.  A general trend 

that can be observed is that the larger the proportion of the gas, the higher and 

narrower the peak, while the lesser proportion generally has shorter broader peak.  

This is especially clear in plots b and d.  Plot c which has equal proportions of each 

gas, i.e. a 1:1 ratio, supports this general trend as both peaks are about the same 

height and width.  There are some instances where the three blank runs line up 

almost exactly, but there are times when the runs range widely.  For example, plot b 

shows the 4:1 carbon monoxide and carbon dioxide mixture, and both the carbon 

monoxide and carbon dioxide peaks differ with each run.  There does not appear to 

be a pattern in the peaks either, as for carbon dioxide the peak height in descending 

order if first, third and second blank run. 

The water and hydrogen mixtures in Figure A. 2 show some of the same 

characteristics with one major difference.  Both carbon monoxide and carbon dioxide 

always exhibit peaks, while water rarely shows a peak at the beginning of the cycle.  

This is because the water is delivered continuously via an external flow controller, 

while, hydrogen, carbon monoxide and carbon dioxide are all delivered via separate 

internal flow controllers which only deliver flow when required.  Another point to 

note in Figure A. 2 is that the water and hydrogen mixture shown in plot c does not 

in fact create a 1:1 mixture as desired.  After observing this behaviour, the flows of 

both the hydrogen and water were checked and found to be 50 ml (STP)/min 

(meaning a combined flow of 100 ml (STP)/min), the water content of the bath was 

double checked to be 5 mol% and the mass spectrometer calibration was confirmed 

to be accurate.  Another set of blanks was carried out for this ratio set and the results 

of which can be seen in Figure A. 3.  Both data sets have been included as this 

highlights an issue with the CATLAB equipment that could not be resolved.  As can 

be seen, even though all variables (listed above) were the same, a different ratio was 

observed in the results.  It is clear that one or more of the variables was changing 

during the blank runs shown in Figure A. 2, e.g. the water bath could have saturated 

less helium, but it is not possible at this time to determine the cause, meaning it could 

happen again at any time in the experiments. 



 

174 

 

It is for these reasons that the blank runs could not be used to subtract a baseline 

from experimental data.  The blank runs do, however, provide the general shape of 

real and fake production peaks that will be observed. 
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Figure A. 3 – Blank cycles at 850°C.  2.5 mol% water and 2.5 mol% hydrogen oxidation feed in a balance 

of helium.  Total flowrate was 100 ml (STP)/min. 

II.III. Results 

This section will be divided to cover the two OCMs separately.  As 160 cycles were 

performed, only a handful of representative cycles have been selected for discussion 

in this Chapter.  A full display of the cycles can be found in Appendix II and III. 

II.III.I. Fe60 Cycles 

Fe60 consists of 60 wt.% iron oxide and 40 wt.% alumina, prepared by co-

precipitation (full details can be found in Chapter 4). It was assumed that only the 

iron oxide fraction of Fe60 could participate in the redox reactions.  Table A. 2 

shows the oxygen content of both OCMs, including the stable phases of iron oxide 

that can exist in Fe60.  As can be seen the available oxygen content of both Fe60 and 
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LSF731 are similar, suggesting that similar amount of hydrogen and carbon dioxide 

are possible to produce (when using pure feeds). 

Table A. 2 – Maximum oxygen (O) content in each stable oxidation state of iron oxide and LSF731 

assuming an initial sample mass of 50 mg for Fe60 and LSF731. 

OCM 
Oxygen Content (wt.% of 

O) 

Available Oxygen Content 

(µmol of O) 

LSF731 21.1 660 

Haematite (Fe2O3) in Fe60 30.1 563 

Magnetite (Fe3O4) in Fe60 27.6 500 

Wüstite (FeO) in Fe60 22.3 375 

Iron (Fe) in Fe60 0 0 

Figure A. 4-Figure A. 7 show all the possible combinations of reduction and 

oxidation gas mixtures that were studied.  As can be seen in all of the figures, as the 

content of carbon dioxide in the feed mixture was increased, the extent of reduction 

was reduced.  This is evident by the decreasing area of carbon dioxide above the feed 

concentration, i.e. 1%, 2.5 mol%, 4 mol%, and 0 mol% for a), b), c), and d) 

respectively.  Included in these figures is an indication of the phase transitions 

occurring, as determined by a material balance.  As these figures contain initial peaks 

of carbon monoxide and carbon dioxide or hydrogen/water at the beginning of the 

reductions due to mass flow controller equilibration and backpressure in the 

CATLAB system (as discussed in Section 4.6.1 Mass Flow Controller Uncertainty) 

these material balances should be viewed with caution, as there is a high degree of 

uncertainty in the data.  Only in experiments where a pure feed was used, i.e. 1:0 

ratios of either carbon monoxide and carbon dioxide or water and hydrogen, is 

uncertainty low in the product gas.  However, due to the experimental set up, where 

the pure feed reductions were carried out last (in an effort to avoid deactivation of the 

OCM) there is always a high uncertainty in the material balance. 
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Figure A. 4 – Fe60-A Redox cycles at 850°Cwith 5 mol% water oxidation feeds. a) 4 mol% carbon 

monoxide and 1 mol% carbon dioxide reduction feed, b) 2.5 mol% carbon monoxide and 2.5 mol% carbon 

dioxide reduction feed, c) 1 mol% carbon monoxide and 4 mol% carbon dioxide reduction feed, and d) 5 

mol% carbon monoxide reduction feed, all in a balance of helium and pretreated with 30 minutes of 5 mol% 

water.  Total flowrate was 100 ml (STP)/min. 
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Figure A. 5 – Fe60-B Redox cycles at 850°C with 4 mol% water and 1 mol% hydrogen oxidation feeds. a) 4 

mol% carbon monoxide and 1 mol% carbon dioxide reduction feed, b) 2.5 mol% carbon monoxide and 2.5 

mol% carbon dioxide reduction feed, c) 1 mol% carbon monoxide and 4 mol% carbon dioxide reduction 

feed, and d) 5 mol% carbon monoxide reduction feed, all in a balance of helium and pretreated with 30 

minutes of 4 mol% water and 1 mol% hydrogen.  Total flowrate was 100 ml (STP)/min. 
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Figure A. 6 – Fe60-C Redox cycles at 850°C with 2.5 mol% water and 2.5 mol% hydrogen oxidation feeds. 

a) 4 mol% carbon monoxide and 1 mol% carbon dioxide reduction feed, b) 2.5 mol% carbon monoxide 

and 2.5 mol% carbon dioxide reduction feed, c) 1 mol% carbon monoxide and 4 mol% carbon dioxide 

reduction feed, and d) 5 mol% carbon monoxide reduction feed, all in a balance of helium and pretreated 

with 30 minutes of 2.5 mol% water and 2.5 mol% hydrogen.  Total flowrate was 100 ml (STP)/min. 
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Figure A. 7 – Fe60-D Redox cycles at 850°C with 1 mol% water and 4 mol% hydrogen oxidation feeds. a) 4 

mol% carbon monoxide and 1 mol% carbon dioxide reduction feed, b) 2.5 mol% carbon monoxide and 2.5 

mol% carbon dioxide reduction feed, c) 1 mol% carbon monoxide and 4 mol% carbon dioxide reduction 

feed, and d) 5 mol% carbon monoxide reduction feed, all in a balance of helium and pretreated with 30 

minutes of 1 mol% water and 4 mol% hydrogen.  Total flowrate was 100 ml (STP)/min. 
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When each of the experimental cycles are compared to the blank experiments with 

the same gas ratios it is obvious that there are strong similarities for all the cycles 

where feed mixtures are used.  It is thus believed that, if reactions are occurring, it is 

very difficult to determine reaction rates and in fact even if gas mixtures are 

oxidising or reducing the OCM.  Generally it can be observed (from Figure A. 4) that 

as the reducing mixture increases in carbon dioxide content, the extent of reduction 

in the OCM decreases.  This is evident in the hydrogen production peak (from a pure 

water feed) reducing as carbon dioxide content was increased, assuming there was no 

OCM deactivation.  Similarly, as the content of hydrogen in the oxidation feed 

mixture increases between Figure A. 4 and Figure A. 5 the extent of oxidation 

decreases.  I.e. comparing plat d in Figure A. 4 and Figure A. 5 shows that less 

hydrogen was produced by the mixture of water and hydrogen than by water alone. 

However, there was a point after which it appeared that the reduction step was 

actually oxidising the OCM and the oxidation step was actually reducing the OCM.  

This is obvious in Figure A. 7 plots b and c, where ignoring the initial peaks, carbon 

monoxide and water were produced, and carbon dioxide and hydrogen consumed.  

However, the data obtained in Figure A. 7 (sample Fe60-D) is difficult to use, as it is 

clear that a 1:4 ratio of water and hydrogen was not achieved by the end of the 

oxidation half cycle.  This is most likely due to the water feeding system, and is 

similar to problems observed during the blank runs.  There are several reasons this 

might occur: 

1. The water flow controller could not sustain its set point so less helium and 

therefore less water was delivered, artificially increasing the concentration of 

hydrogen in the resultant mixture in the mass spectrometer. 

2. The water bath was not maintaining its set point and varying amounts of 

water were delivered to the CATLAB. 

3. Water was condensing somewhere in the system and not reaching the mass 

spectrometer, artificially increasing the concentration of hydrogen. 

It is unlikely that condensation was the cause as the entire CATLAB system is trace 

heated to 120°C, well above the dew point for 5 mol% water, and the hot surfaces 

were all well insulated.  Additionally, condensed water would become visible in the 
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vent lines and inside the CATLAB: this was not the case.  If water was to condense 

in a local cold spot and re-vaporise in a hot zone, water spikes would be visible in the 

mass spectrometer data.  As this was also not the case, implies that the entire 

CATLAB was sufficiently hot to avoid any condensation. 

Although the water bath set point can be affected by ambient temperatures the extent 

of which is minimal, only affecting the water concentration by ± 0.1%.  As the water 

bath set point and measured temperature was constant throughout all the experiments 

it is unlikely that the set point would change for one set of gas ratios and not the 

others. 

If the helium flow to the water bath was less than 20 ml (STP)/min, even saturated to 

5 mol% water content the resulting ratio of water to hydrogen would not be 1:4.  As 

the new total flow rate could not be known, the true feed ratio could not be calculated, 

especially under reactive conditions.  This means the data from experiments with 

sample Fe60-D, which used a water to hydrogen ratio of 1:4 (i.e. Figure A. 7) has a 

higher uncertainty than the others. 

II.III.II. Fe60 Material Balances 

The aim for the material balances was to provide the phase change over which a rate 

constant could be applied.  Each cycle resulted in a different final solid composition 

as the reduction and oxidation steps were not always equal.  Figure A. 4 to Figure A. 

7 show the initial solid composition, the final composition after reduction and the 

final composition after oxidation, thus indicating the change in composition during 

the cycles. 

As the data has a high uncertainty due to the poor MFC control, it is thought that in 

some cases, no true reaction can be observed.  None the less, even when assuming 

that the initial MCF peaks are real production peaks, the material balances show that 

30 minutes is not always long enough for the solid to reach chemical equilibrium 

with the gas phase.  Figure A. 8 shows an annotated Baur-Glaessner diagram, on 

which lines intersect in the final iron oxide phases expected for the feed gas mixtures 

used.  For example, a 4:1 mixture of carbon monoxide and carbon dioxide should 

have the reducing potential to reduce the Fe60 to metallic iron (Fe).  However, if 
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Figure A. 4 plot a is considered it can be seen that only 67% of the iron oxide was in 

the metallic iron phase after the 30 minute reduction.  To further emphasise how 

slow the reaction is, the initial metallic iron content was 43%, meaning that 30 

minutes was only sufficient to 24 mol% of the iron oxide from wüstite to metallic 

iron.  If the blank data is also considered, then the extent of reduction will likely be 

much less. 

If the initial composition of the solid is critical, this could have a significant effect on 

the kinetics of each reaction: suggesting that the iron oxide material has a memory of 

its redox history. 

 

Figure A. 8 – Baur-Glaessner diagram showing equilibrium between iron oxides and carbon monoxide and 

carbon dioxide, and hydrogen and water respectively. 

II.III.III. Fe60 Reaction Rates 

Iron oxide can have one of four stable oxidation states, and as such it can be difficult 

to compare the reaction rates without taking into account the oxygen content of the 

solid.  The solid oxygen content for each stable oxidation state of iron oxide was 

shown in Table A. 2. 
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The following plots Figure A. 9 and Figure A. 10 show the rates of product 

production (µmol/s) with respect to the solid oxygen content of the Fe60 sample 

mass at every mass spectrometer sample point. 

It should be noted that the initial solid compositions used in the rate plots, i.e. Figure 

A. 9 and Figure A. 10, were the solid compositions calculated via the material 

balance rather than the expected thermodynamic solid compositions.  There is a 

significant amount of uncertainty on the data collected during these experiments 

(especially when feed ratios were used) so it may be acceptable to assume that the 

iron oxide was annealed during the reduction and only the oxidation data can be used 

to generate rates.  However, it is believed that 30 minutes was insufficient to anneal 

the Fe60 to the expected phase, even with the large uncertainty from the mass flow 

controllers.  In fact there is too much uncertainty to extract useful kinetic data from 

the data shown in Figure A. 9 and Figure A. 10.  In the cases where gas mixtures are 

used the reason is obvious: there is too much interference from the MFCs to establish 

true production.  The cases where pure feeds are used also have limited use, as the 

material balances relied on preceding cycles which used gas mixtures. 

The best results for Fe60 were obtained in cycles 16 to 20 where 5 mol% carbon 

monoxide reductions were used.  This is particularly true for sample Fe60-A, which 

used 5 mol% water for oxidation and sample Fe60-B, which used 4 mol% water and 

1 mol% hydrogen for oxidation.  These experiments have been shown in Figure A. 

11 and Figure A. 12.  It would appear that the kinetics for iron oxide reduction with 5 

mol% carbon monoxide are slow, as expected, but plot a of Figure A. 11 suggests the 

kinetics are largely unaffected by the initial oxidation state of the material.  In this 

plot the rate profile of each run is almost identical, starting at ≈ 0.5 µmol/s and 

ending at ≈ 0.05 µmol/s, despite the first run occurring in the wüstite to iron 

transition.  As has been previously mentioned, however, there is uncertainty in the 

material balances due to the mass flow controllers, thus is it likely that the first run 

(and all subsequent runs) have of similar initial solid oxygen contents, most likely in 

the magnetite to wüstite transition.  This conclusion is supported by plot b, where all 

runs are similar and appear in the wüstite to iron transition.  Each of these runs has a 

slightly different shape than plot a, suggesting that initial solid oxygen content is, in 

fact, important to Fe60 kinetics. 
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Figure A. 9 – Rates of carbon dioxide production versus solid oxygen content of Fe60 at 850°C for 

reduction steps a) 5 mol% carbon monoxide b) 4 mol% carbon monoxide and 1 mol% carbon dioxide b) 4 

mol% carbon monoxide and 1 mol% carbon dioxide c) 2.5 mol% carbon monoxide and 2.5 mol% carbon 

dioxide and d) 1 mol% carbon monoxide and 4 mol% carbon dioxide all in a balance of helium.  Total 

flowrate was 100 ml (STP)/min. 
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Figure A. 10 – Rates of hydrogen production versus solid oxygen content of Fe60 at 850°C for oxidation 

steps a) 5 mol% water b) 4 mol% water and 1 mol% hydrogen b) 4 mol% water and 1 mol% hydrogen c) 

2.5 mol% water and 2.5 mol% hydrogen and d) 1 mol% water and 4 mol% hydrogen all in a balance of 

helium.  Total flowrate was 100 ml (STP)/min 
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Figure A. 11 – Rates of carbon dioxide production versus solid oxygen content of Fe60 at 850°C for 

reduction steps with 5 mol% carbon monoxide (cycles 16-20) after pretreatment with a) 5 mol% water 

(Fe60-A), and b) 4 mol% water and 1 mol% hydrogen (Fe60-B), all in a balance of helium.  Total flowrate 

was 100 ml (STP)/min.  Pretreatment and reduction durations were 30 minutes. 
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Figure A. 12 – Rates of hydrogen production versus solid oxygen content of Fe60 at 850°C for oxidation 

steps of with a) 5 mol% water (Fe60-A), and b) 4 mol% water and 1 mol% hydrogen (Fe60-B), after 

pretreatment with 5 mol% carbon monoxide (cycles 16-20), all in a balance of helium.  Total flowrate was 

100 ml (STP)/min.  Pretreatment and oxidation durations were 30 minutes. 
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Figure A. 12 clearly shows that different mixtures of water and hydrogen oxidise 

Fe60 differently.  Plot a shows the oxidation runs for sample Fe60-A with 5 mol% 

water after 30 minutes pretreatment with 5 mol% carbon monoxide.  It is clear that 

there are two steps in the rate profiles.  This could logically be explained by two 

phase changes: iron to wüstite and wüstite to magnetite (as water is 

thermodynamically unable to form haematite).  However, the five cycles (cycle 16-

20) do not all line up with the expected phase changes.  This, is most likely 

accounted for by the uncertainty in the material balances, though it is possible that 

the history of the sample is also contributing to this.  As the rate profiles are almost 

identical but shifted along the x-axis, it is likely that each cycle has a similar initial 

solid oxygen content. 

Figure A. 12 plot b shows the oxidations for sample Fe60-B which used 4 mol% 

water and 1 mol% hydrogen after 30 minutes pretreatment with 5 mol% carbon 

monoxide (cycles 16-20).  These cycles look very different from those in plot a as 

there is only one step.  Also the initial rates shown in plot b are lower, ≈ 1 µmol/s 

compared to ≈ 1.75 µmol/s in plot a.  This would be a clear indication that the 

presence of hydrogen has limited the reoxidation of Fe60, as thermodynamically a 

4:1 mixture of water and hydrogen should be able to reoxidise the iron oxide to 

magnetite, but as can be seen in Figure A. 12 plot b sample Fe60-B is likely wüstite. 

These experiments provide a lot of useful information to improve the experimental 

setup.  As the main issue affecting data is the poor control of the mass flow 

controllers, a key improvement would be to eliminate this effect.  The simplest 

method is to use two four-port valves to allow the MFCs to reach the desired set 

points before flow is directed to the reactor, as show in Figure A. 13.  This method 

has proven effective in the integral reactor system (see Chapter 4) for removing the 

unwanted peaks at the beginning of each cycle (the results of which can be seen in 

Chapter 5).  The proposed valve arrangement would also eliminate use of the internal 

six-port valve within the CATLAB assembly.  This would undoubtedly be a benefit 

as the six-port valve was known to be unreliable and there was often a delay in valve 

actuation, believed to be due to the software. 
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Figure A. 13 – Diagram of four-port valve arrangement to allow mass flow controllers to stabilise flow 

before delivering to the CATLAB reactor. 

An additional improvement would be to increase the length of time used for each 

half-cycle.  This would increase the repeatability of the experiments as the initial 

oxidation state of the material would be the same ever time.  It would also be 

advisable to use an aged sample, rather than fresh.  It is reasonable to assume that the 

Fe60 will deactivate during initial cycles, especially when pure feeds of carbon 

monoxide are used [51]. 

II.III.IV. LSF731 Cycles 

A selection cycles with LSF731 are shown in Figure A. 14 to Figure A. 17, each 

showing a typical cycles for all the gas mixtures studied. 

As in the case of the Fe60 cycles there are almost always peaks due to the mass flow 

controllers.  This again makes it difficult to reach firm conclusions, but there are 

some interesting features to note. 

Firstly, the reductions with 5 mol% carbon monoxide show a low broad peak of 

carbon dioxide production, lasting the full 30 minute reduction half-cycle.  This 

suggests that the reduction kinetics for LSF731 with carbon monoxide are in fact 

slow, contrary to what was expected.  The kinetics for LSF731 generally appear to be 

slower than for iron oxide, though this depends on the iron oxide oxidation state.  

Reduction kinetics for LSF731 with 5 mol% carbon monoxide are much slower than 

the oxidation kinetics of 5 mol% water, (shown in Figure A. 14 plot d), where a high, 
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sharp peak of hydrogen is produced.  It is also evident from Figure A. 14 plots a, b, 

and c that no other reduction gas mixture is able to significantly reduce the LSF731 

as very little hydrogen is produced during the subsequent oxidations.  What hydrogen 

that is produced is observed in a very low broad plateau over the duration of the 

oxidation half-cycle.  This suggests that carbon dioxide can inhibit or slow reduction 

significantly in mole fractions as low as 20% of the carbon monoxide mole fraction.  

This conclusion is supported by the lack of confirmed hydrogen production (i.e. 

hydrogen production that is not affected but MFC uncertainties) in the other plots. 

The oxidation kinetics of 5 mol% water, (shown in Figure A. 14 plot d), are 

considerably faster, evident from the high, sharp peak of hydrogen produced.  A 

similar high peak of hydrogen is observed in Figure A. 15, plot d, where the LSF731 

was again reduced with 5 mol% carbon monoxide.  This peak, although slightly 

smaller in size in relative height, due to the 4:1 feed of water and hydrogen, has a 

very similar shape.  This suggests that the addition of hydrogen in the feed mixture 

has little effect on the reaction kinetics in this proportion.  As the proportion of 

hydrogen in the feed mixture increases, there is an effect.  Figure A. 16 plot d, shows 

a hydrogen peak broader and shorter, with what appears to be a step.  This is feature 

is likely real, i.e. not an artefact of the mass flow controllers, as the water mole 

fraction shows the inverse shape, indicating that the hydrogen was produced from 

water splitting.  This suggests that the reaction kinetics for oxidation with water 

begin to change significantly when the proportion of hydrogen in the feed mixture is 

greater than 20% of the water mole fraction. 

The data in Figure A. 17 is particularly difficult to analyse, as the feed mixture 

during the oxidation was supposed to be 1:4 water and hydrogen, yet it is clear that 

this ratio was never achieved.  This is behaviour was also observed during the iron 

oxide cycles and it was concluded that the mass flow controller for the water bath 

was unable to maintain the required 20 ml (STP)/min.  It would appear that the 

hydrogen peaks in this figure are simply manifestations of the mass flow controllers 

and thus it can be concluded that when the proportion of hydrogen in the feed 

mixture is greater than 80% of the water mole fraction, there is not enough water to 

reoxidise the OCM. 
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II.III.V. LSF731 Material Balances 

The material balances for LSF731 suffer from the same uncertainties that are 

discussed in Section 4.6.  What can be said with certainty is that when pure feeds are 

used, i.e. 5 mol% carbon monoxide and 5 mol% water, the LSF731 is oxidised more 

than it is reduced.  For example, the delta change shown in Figure A. 14 plot a, is ≈ 

0.6 for the reduction and ≈ 0.83 for oxidation.  As the proportion of hydrogen in the 

feed mixture increases, as shown in Table A. 3, the reduction and oxidation become 

almost equal. 

Table A. 3 – The changing delta (Δδ) during selected experiments.  All reductions were carried out with 5 

mol% carbon monoxide while oxidations were carried out with increasing proportions of hydrogen in the 

feed. 

Experiment Reduction Δδ Water:Hydrogen Oxidation Δδ 

Figure A. 14 – plot d 0.6 1:0 0.83 

Figure A. 15 – plot d 0.62 4:1 0.62 

Figure A. 16 – plot d 0.67 1:1 0.59 
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Figure A. 14 – LSF731-A Redox cycles at 850°C with 5 mol% water oxidation feeds. a) 4 mol% carbon 

monoxide and 1 mol% carbon dioxide reduction feed, b) 2.5 mol% carbon monoxide and 2.5 mol% carbon 

dioxide reduction feed, c) 1 mol% carbon monoxide and 4 mol% carbon dioxide reduction feed, d) 5 mol% 

carbon monoxide reduction feed, all in a balance of helium and pretreated with 30 minutes of 5 mol% 

water.  Total flowrate was 100 ml (STP)/min. 
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Figure A. 15 – LSF731-B Redox cycles at 850° with 4 mol% water and 1 mol% hydrogen oxidation feeds. a) 

4 mol% carbon monoxide and 1 mol% carbon dioxide reduction feed, b) 2.5 mol% carbon monoxide and 

2.5 mol% carbon dioxide reduction feed, c) 1 mol% carbon monoxide and 4 mol% carbon dioxide 

reduction feed, d) 5 mol% carbon monoxide reduction feed, all in a balance of helium and pretreated with 

30 minutes of 4 mol% water and 1 mol% hydrogen.  Total flowrate was 100 ml (STP)/min. 
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Figure A. 16 – LSF731-C Redox cycles at 850°C with 2.5 mol% water and 2.5 mol% hydrogen oxidation 

feeds. a) 4 mol% carbon monoxide and 1 mol% carbon dioxide reduction feed, b) 2.5 mol% carbon 

monoxide and 2.5 mol% carbon dioxide reduction feed, c) 1 mol% carbon monoxide and 4 mol% carbon 

dioxide reduction feed, d) 5 mol% carbon monoxide reduction feed, all in a balance of helium and 

pretreated with 30 minutes of 2.5 mol% water and 2.5 mol% hydrogen.  Total flowrate was 100 ml 

(STP)/min. 
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Figure A. 17 – LSF731-D Redox cycles at 850°C with 1 mol% water and 4 mol% hydrogen oxidation feeds. 

a) 4 mol% carbon monoxide and 1 mol% carbon dioxide reduction feed, b) 2.5 mol% carbon monoxide 

and 2.5 mol% carbon dioxide reduction feed, c) 1 mol% carbon monoxide and 4 mol% carbon dioxide 

reduction feed, d) 5 mol% carbon monoxide reduction feed, all in a balance of helium and pretreated with 

30 minutes of 1 mol% water and 4 mol% hydrogen.  Total flowrate was 100 ml (STP)/min. 
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II.III.VI. LSF731 Reaction Rates 

Figure A. 18 and Figure A. 19 show the rates of carbon dioxide and hydrogen 

production, respectively, for all the different gas feed mixtures with respect to the 

oxygen non-stoichiometry (δ) of the LSF731. 

As stated above, the rates determined from experiments with gas mixtures are likely 

have large uncertainties due to the mass flow controllers, and those with pure gas 

feeds will have uncertainties due to the material balances of each preceding 

experiment.  For example, in some cases negative deltas were calculated, which 

would suggest the LSF731 is storing more oxygen than is possible based on its 

maximum oxygen capacity. 

As the kinetics were expected to be fast for LSF731, and this has been verified for 

water (and hydrogen) mixtures, is it possible that the slow sampling rate of the mass 

spectrometer (approximately seven seconds between samples) caused some 

production peaks to be missed.  However with the mass flow controller issue 

dominating the data, this cannot be confirmed.  (A solution for the mass flow 

controller situation was proposed in Section II.III.III Fe60 Reaction Rates.)  

Nonetheless it would be advisable to repeat the experiments with a higher mass 

spectrometer sampling rate, achievable by switching to SEM mode. 
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Figure A. 18 – Rates of carbon dioxide production versus oxygen non-stoichiometry (δ) of LSF731 at 

850°C for reduction steps a) 5 mol% carbon monoxide b) 4 mol% carbon monoxide and 1 mol% carbon 

dioxide c) 2.5 mol% carbon monoxide and 2.5 mol% carbon dioxide and d) 1 mol% carbon monoxide and 

4 mol% carbon dioxide all in a balance of helium.  Total flowrate was 100 ml (STP)/min. 
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Figure A. 19 – Rates of hydrogen production versus oxygen non-stoichiometry (δ) of LSF731 at 850°C for 

oxidation steps a) 5 mol% water b) 4 mol% water and 1 mol% hydrogen c) 2.5 mol% water and 2.5 mol% 

hydrogen and d) 1 mol% water and 4 mol% hydrogen all in a balance of helium.  Total flowrate was 100 

ml (STP)/min 



 

199 

 

As the most reliable results were obtained with redox couples using 5 mol% carbon 

monoxide reductions, these results will be looked at more closely.  As previously 

discussed oxidation mixtures with 1 mol% water and 4 mol% hydrogen were too 

unreliable to use, so these results will not be discussed. 

Figure A. 20 shows the rates of carbon dioxide production versus the oxygen non-

stoichiometry of the LSF731 (determined by material balances) for reduction steps 

with 5 mol% carbon monoxide in helium.  Each of the three plots shows the results 

after pretreatment with a different mixture of water and hydrogen.  As can be seen, 

five cycles were carried out at each condition and the results appear repeatable in 

shape, though are shifted slightly along the x-axis.  Also there appears to be little 

differences in reaction rates during over the duration of the reduction step regardless 

of the initial oxygen content of the solid, i.e. the oxygen non-stoichiometry, or 

pretreatment history.  Apart from initial faster rates (which are more or less the same 

for each experiment; with any differences accounted for by the relatively slow mass 

spectrometer sampling rate) the rates of reduction for LSF731 with 5 mol% carbon 

monoxide are low.  They typically start at ≈ 0.1 µmol/s and decrease to ≈ 0.05 

µmol/s after 30 minutes. 

Figure A. 21 shows the rates of hydrogen production versus the oxygen non-

stoichiometry of the LSF731.  This figure includes three plots with results from 

oxidation with different water and hydrogen mixtures after pretreatment with 5 mol% 

carbon monoxide (i.e. cycles 16-20).  It is immediately obvious that the reaction rates 

for oxidation with water and mixtures of water and hydrogen are significantly higher 

than for reduction with carbon monoxide.  For the 5 mol% water oxidations, shown 

in plot a, rates are initially high at ≈ 2.5 µmol/s and follow an almost square step 

before dropping to ≈ 0 µmol/s.  Oxidation with 4 mol% water and 1 mol% hydrogen 

mixtures achieve a slightly lower initial rate of ≈ 2.2 µmol/s before dropping to ≈ 0 

µmol/s more slowly (as each data point was collected 7 s apart).  Oxidation mixtures 

with 2.5 mol% water and 2.5 mol% hydrogen, on the other hand, achieve a lower 

initial rate (≈1.3-1.1 µmol/s) but increases before decreasing to approximately 0 

µmol/s.  Thus it seems the composition of the water and hydrogen mixture has a 

significant effect of on the rate of reaction, and how the rate changes over time and 

consequently with LSF731 oxygen content.  Oxidation with water and 

water/hydrogen mixtures appears to be independent of initial OCM oxygen content. 
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Figure A. 20 – Rates of carbon dioxide production versus oxygen non-stoichiometry (δ) of LSF731 at 

850°C for reduction steps with 5 mol% carbon monoxide (cycles 16-20) after pretreatment with a) 5 mol% 

water (sample LSF731-A), b) 4 mol% water and 1 mol% hydrogen (sample LSF731-B), c) 2.5 mol% water 

and 2.5 mol% hydrogen (sample LSF731-C), all in a balance of helium.  Total flowrate was 100 ml 

(STP)/min.  Pretreatment and reduction durations were 30 minutes. 
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Figure A. 21 – Rates of hydrogen production versus oxygen non-stoichiometry (δ) of LSF731 at 850°C for 

oxidation steps of with a) 5 mol% water (sample LSF731-A), b) 4 mol% water and 1 mol% hydrogen 

(sample LSF731-B), c) 2.5 mol% water and 2.5 mol% hydrogen (sample LSF731-C), after pretreatment 

with 5 mol% carbon monoxide (cycle 16-20), all in a balance of helium.  Total flowrate was 100 ml 

(STP)/min.  Pretreatment and oxidation durations were 30 minutes. 
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II.IV. Summary 

To summarise, a matrix of experiments was carried out with both Fe60 and LSF731.  

The aim was to provide a kinetic map where both initial oxygen content of the OCM 

and gas composition were varied.  It was hypothesised that the reaction kinetics for 

LSF731 would be much faster than iron oxide, as the perovskite-type material is a 

MEIC material and thus oxygen transport to reaction sites is believed to be faster.  It 

was also hypothesised that the kinetics of iron oxide would be more dependent the 

initial oxygen content of solid then LSF731, as iron oxide ha discrete phase changes 

while LSF731 has a continually changing oxygen content versus oxygen chemical 

potential. 

Unfortunately only limited information could be derived from the experiments.  This 

was due to an unforeseen issue with the mass flow controllers.  As they equilibrated 

to a set-point, varying amounts of flow were delivered, and in cases where gas ratios 

with product gases were used, this resulted in false production peaks in the data.  

Blank experiments were performed to eliminate these peaks but each blank run 

resulted in different results, indicating that the mass flow controllers responded 

differently each time, and sometimes could not maintain the correct flow.  This 

meant that the blank experiment data could not be subtracted from the experimental 

data without increasing the uncertainty of already uncertain data. 

As most data, except that produced using pure feed gases, looked significantly like 

the blank run data it can be assumed that either no reaction was occurring or that the 

reaction was either so slow that it was not observed to a noticeable extent over the 30 

minute half-cycles or the reactions were too fast for the mass spectrometer to observe.  

The only solution to remove the mass flow controller peaks is to use a series of four-

port valves to allow the flow to stabilise before delivery into the reactor.  

Additionally the sampling rate on the mass spectrometer should be increased by 

switching the SEM mode. 

It was determined that the reduction reaction with carbon monoxide (and thus carbon 

monoxide and carbon dioxide mixtures) is considerably slower than the oxidation 

water and water/hydrogen mixtures for both Fe60 and LSF731.  For LSF731 it was 



 

203 

 

also found that over the 30 minute half-cycles the sample was typically oxidised 

more than reduced.  It was found that water and hydrogen mixtures could maintain a 

fast reaction rate even as the proportion of hydrogen in the feed mixture increased to 

50% of the water mole fraction.  Oxidation with 5 mol% water feeds was able to 

achieve an almost stepwise profile of hydrogen production with respect to solid 

oxygen content of the LSF731, but as the content of hydrogen increased, the rate of 

oxidation decreased and the rates exhibited two peaks instead of one.  The results 

also suggested that for LSF731 the initial oxygen content of the solid was less 

important for determining kinetics than the composition of the gas. 

For Fe60 it was found that reduction with 5 mol% carbon monoxide after 

pretreatment with 5 mol% water was initially faster than for LSF731 (≈ 0.5 µmol/s 

compared to ≈ 0.1 µmol/s, ignoring initial peaks).  Both rates dropped to ≈ 0.05 

µmol/s after 30 minutes.  Unlike LSF731, the initial solid oxygen content was found 

to affect the kinetics of Fe60.  Oxidation with 5 mol% water was found to be equally 

fast for a Fe60 as LSF731, and showed what appeared to be two phase transitions.  It 

was also found that a 4 mol% water and 1 mol% hydrogen mixture oxidised the Fe60 

at a lower rate and in one step, suggesting only one phase transition.  However, due 

to uncertainty in the material balance it is unclear if this is because a 4:1 water and 

hydrogen mixture is kinetically limited to one phase transition or if it was due to the 

initial oxygen content being close to wüstite, therefore only the wüstite to magnetite 

transition was possible. 
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APPENDIX III 
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Figure A. 22 – Rates versus solid oxygen content in Fe60 at 850°C for a) 4 mol% carbon monoxide and 1 

mol% carbon dioxide after pretreatment with 5 mol% water and b) 5 mol% water after pretreatment with 

4 mol% carbon monoxide and 1 mol% carbon dioxide.  All gases in a balance of helium.  Total flowrate 

was 100 ml (STP)/min.  Pretreatment and cycle durations were 30 minutes. 
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Figure A. 23 – Rates versus solid oxygen content in Fe60 at 850°C for a) 2.5 mol% carbon monoxide and 

2.5 mol% carbon dioxide after pretreatment with 5 mol% water and b) 5 mol% water after pretreatment 

with 2.5 mol% carbon monoxide and 2.5 mol% carbon dioxide.  All gases in a balance of helium.  Total 

flowrate was 100 ml (STP)/min.  Pretreatment and cycle durations were 30 minutes. 



 

206 

 

550 500 450 400 350 300 250 200 150 100 50 0

0.0

0.5

1.0

1.5

2.0

2.5

3.0

3.5

4.0

4.5

0 50 100 150 200 250 300 350 400 450 500 550

0.0

0.5

1.0

1.5

2.0

2.5

3.0

3.5

4.0

4.5

feed mix = 1% CO, 4% CO
2

log(pO
2
/1 atm) = -16.7

pretreatment = 5% H
2
O

 run 1

 run 2

 run 3

 run 4

 run 5

 Fe
3
O

4

 FeO

C
O

2
 P

ro
d
u
c
ti
o
n
 R

a
te

 (

m

o
l/
s
)

Oxygen Content (mol)

feed mix = 5% H
2
O

log(pO
2
/1 atm) = -6.3

pretreatment = 1% CO, 4% CO
2

 run 1

 run 2

 run 3

 run 4

 run 5

 Fe
3
O

4

 FeO

H
2
 P

ro
d
u
c
ti
o
n
 R

a
te

 (

m

o
l/
s
)

Oxygen Content (mol)

a)

b)

 

Figure A. 24 – Rates versus solid oxygen content in Fe60 at 850°C for a) 1 mol% carbon monoxide and 4 

mol% carbon dioxide after pretreatment with 5 mol% water and b) 5 mol% water after pretreatment with 

1 mol% carbon monoxide and 4 mol% carbon dioxide.  All gases in a balance of helium.  Total flowrate 

was 100 ml (STP)/min.  Pretreatment and cycle durations were 30 minutes. 
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Figure A. 25 – Rates versus solid oxygen content in Fe60 at 850°C for a) 5 mol% carbon monoxide after 

pretreatment with 5 mol% water and b) 5 mol% water after pretreatment with 5 mol% carbon monoxide.  

All gases in a balance of helium.  Total flowrate was 100 ml (STP)/min.  Pretreatment and cycle durations 

were 30 minutes. 
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Figure A. 26 – Rates versus solid oxygen content in Fe60 at 850°C for a) 4 mol% carbon monoxide and 1 

mol% carbon dioxide after pretreatment with 4 mol% water and 1 mol% hydrogen and b) 4 mol% water 

and 1 mol% hydrogen after pretreatment with 4 mol% carbon monoxide and 1 mol% carbon dioxide.  All 

gases in a balance of helium.  Total flowrate was 100 ml (STP)/min.  Pretreatment and cycle durations 

were 30 minutes. 
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Figure A. 27 – Rates versus solid oxygen content in Fe60 at 850°C for a) 2.5 mol% carbon monoxide and 

2.5 mol% carbon dioxide after pretreatment with 4 mol% water and 1 mol% hydrogen and b) 4 mol% 

water and 1 mol% hydrogen after pretreatment with 2.5 mol% carbon monoxide and 2.5 mol% carbon 

dioxide.  All gases in a balance of helium.  Total flowrate was 100 ml (STP)/min.  Pretreatment and cycle 

durations were 30 minutes. 
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Figure A. 28 – Rates versus solid oxygen content in Fe60 at 850°C for a) 1 mol% carbon monoxide and 4 

mol% carbon dioxide after pretreatment with 4 mol% water and 1 mol% hydrogen and b) 4 mol% water 

and 1 mol% hydrogen after pretreatment with 1 mol% carbon monoxide and 4 mol% carbon dioxide.  All 

gases in a balance of helium.  Total flowrate was 100 ml (STP)/min.  Pretreatment and cycle durations 

were 30 minutes. 
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Figure A. 29 – Rates versus solid oxygen content in Fe60 at 850°C for a) 5 mol% carbon monoxide after 

pretreatment with 4 mol% water and 1 mol% hydrogen and b) 4 mol% water and 1 mol% hydrogen after 

pretreatment with 5 mol% carbon monoxide.  All gases in a balance of helium.  Total flowrate was 100 ml 

(STP)/min.  Pretreatment and cycle durations were 30 minutes. 
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Figure A. 30 – Rates versus solid oxygen content in Fe60 at 850°C for a) 4 mol% carbon monoxide and 1 

mol% carbon dioxide after pretreatment with 2.5 mol% water and 2.5 mol% hydrogen and b) 2.5 mol% 

water and 2.5 mol% hydrogen after pretreatment with 4 mol% carbon monoxide and 1 mol% carbon 

dioxide.  All gases in a balance of helium.  Total flowrate was 100 ml (STP)/min.  Pretreatment and cycle 

durations were 30 minutes. 
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Figure A. 31 – Rates versus solid oxygen content in Fe60 at 850°C for a) 2.5 mol% carbon monoxide and 

2.5 mol% carbon dioxide after pretreatment with 2.5 mol% water and 2.5 mol% hydrogen and b) 2.5 mol% 

water and 2.5 mol% hydrogen after pretreatment with 2.5 mol% carbon monoxide and 2.5 mol% carbon 

dioxide.  All gases in a balance of helium.  Total flowrate was 100 ml (STP)/min.  Pretreatment and cycle 

durations were 30 minutes. 
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Figure A. 32 – Rates versus solid oxygen content in Fe60 at 850°C for a) 1 mol% carbon monoxide and 4 

mol% carbon dioxide after pretreatment with 2.5 mol% water and 2.5 mol% hydrogen and b) 2.5 mol% 

water and 2.5 mol% hydrogen after pretreatment with 1 mol% carbon monoxide and 4 mol% carbon 

dioxide.  All gases in a balance of helium.  Total flowrate was 100 ml (STP)/min.  Pretreatment and cycle 

durations were 30 minutes. 
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Figure A. 33 – Rates versus solid oxygen content in Fe60 at 850°C for a) 5 mol% carbon monoxide after 

pretreatment with 2.5 mol% water and 2.5 mol% hydrogen and b) 2.5 mol% water and 2.5 mol% 

hydrogen after pretreatment with 5 mol% carbon monoxide.  All gases in a balance of helium.  Total 

flowrate was 100 ml (STP)/min.  Pretreatment and cycle durations were 30 minutes. 
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Figure A. 34 – Rates versus solid oxygen content in Fe60 at 850°C for a) 4 mol% carbon monoxide and 1 

mol% carbon dioxide after pretreatment with 1 mol% water and 4 mol% hydrogen and b) 1 mol% water 

and 4 mol% hydrogen after pretreatment with 4 mol% carbon monoxide and 1 mol% carbon dioxide.  All 

gases in a balance of helium.  Total flowrate was 100 ml (STP)/min.  Pretreatment and cycle durations 

were 30 minutes. 
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Figure A. 35 – Rates versus solid oxygen content in Fe60 at 850°C for a) 2.5 mol% carbon monoxide and 

2.5 mol% carbon dioxide after pretreatment with 1 mol% water and 4 mol% hydrogen and b) 1 mol% 

water and 4 mol% hydrogen after pretreatment with 2.5 mol% carbon monoxide and 2.5 mol% carbon 

dioxide.  All gases in a balance of helium.  Total flowrate was 100 ml (STP)/min.  Pretreatment and cycle 

durations were 30 minutes. 
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Figure A. 36 – Rates versus solid oxygen content in Fe60 at 850°C for a) 1 mol% carbon monoxide and 4 

mol% carbon dioxide after pretreatment with 1 mol% water and 4 mol% hydrogen and b) 1 mol% water 

and 4 mol% hydrogen after pretreatment with 1 mol% carbon monoxide and 4 mol% carbon dioxide.  All 

gases in a balance of helium.  Total flowrate was 100 ml (STP)/min.  Pretreatment and cycle durations 

were 30 minutes. 
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Figure A. 37 – Rates versus solid oxygen content in Fe60 at 850°C for a) 5 mol% carbon monoxide after 

pretreatment with 1 mol% water and 4 mol% hydrogen and b) 1 mol% water and 4 mol% hydrogen after 

pretreatment with 5 mol% carbon monoxide.  All gases in a balance of helium.  Total flowrate was 100 ml 

(STP)/min.  Pretreatment and cycle durations were 30 minutes. 
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APPENDIX IV 
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Figure A. 38 – Rates versus oxygen non-stoichiometry (δ) in LSF731 at 850°C for a) 4 mol% carbon 

monoxide and 1 mol% carbon dioxide after pretreatment with 5 mol% water and b) 5 mol% water after 

pretreatment with 4 mol% carbon monoxide and 1 mol% carbon dioxide.  All gases in a balance of helium.  

Total flowrate was 100 ml (STP)/min.  Pretreatment and cycle durations were 30 minutes. 
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Figure A. 39 – Rates versus oxygen non-stoichiometry (δ) in LSF731 at 850°C for a) 2.5 mol% carbon 

monoxide and 2.5 mol% carbon dioxide after pretreatment with 5 mol% water and b) 5 mol% water after 

pretreatment with 2.5 mol% carbon monoxide and 2.5 mol% carbon dioxide.  All gases in a balance of 

helium.  Total flowrate was 100 ml (STP)/min.  Pretreatment and cycle durations were 30 minutes. 



 

222 

 

-0.8 -0.6 -0.4 -0.2 0.0 0.2 0.4 0.6 0.8 1.0 1.2 1.4 1.6 1.8 2.0 2.2 2.4 2.6 2.8 3.0

0.0

0.2

0.4

0.6

0.8

1.0

1.2

1.4

1.6

1.8

2.0

2.2

2.4

2.6

2.8

3.0 2.8 2.6 2.4 2.2 2.0 1.8 1.6 1.4 1.2 1.0 0.8 0.6 0.4 0.2 0.0 -0.2 -0.4 -0.6 -0.8

0.0

0.2

0.4

0.6

0.8

1.0

1.2

1.4

1.6

1.8

2.0

2.2

2.4

2.6

2.8

feed mix = 1% CO, 4% CO
2

log(pO
2
/1 atm) = -16.7

pretreatment = 5% H
2
O

 run 1

 run 2

 run 3

 run 4

 run 5

C
O

2
 P

ro
d
u
c
ti
o
n
 R

a
te

 (

m

o
l/
s
)

Oxygen Non-Stoichiometry ()

 run 1

 run 2

 run 3

 run 4

 run 5

H
2
 P

ro
d
u
c
ti
o
n
 R

a
te

 (

m

o
l/
s
)

Oxygen Non-Stoichiometry ()

feed mix = 5% H
2
O

log(pO
2
/1 atm) = -6.3

pretreatment = 1% CO, 4% CO
2

a)

b)

 

Figure A. 40 – Rates versus oxygen non-stoichiometry (δ) in LSF731 at 850°C for a) 1 mol% carbon 

monoxide and 4 mol% carbon dioxide after pretreatment with 5 mol% water and b) 5 mol% water after 

pretreatment with 1 mol% carbon monoxide and 4 mol% carbon dioxide.  All gases in a balance of helium.  

Total flowrate was 100 ml (STP)/min.  Pretreatment and cycle durations were 30 minutes. 
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Figure A. 41 – Rates versus oxygen non-stoichiometry (δ) in LSF731 at 850°C for a) 5 mol% carbon 

monoxide after pretreatment with 5 mol% water and b) 5 mol% water after pretreatment with 5 mol% 

carbon monoxide.  All gases in a balance of helium.  Total flowrate was 100 ml (STP)/min.  Pretreatment 

and cycle durations were 30 minutes. 
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Figure A. 42 – Rates versus oxygen non-stoichiometry (δ) in LSF731 at 850°C for a) 4 mol% carbon 

monoxide and 1 mol% carbon dioxide after pretreatment with 4 mol% water and 1 mol% hydrogen and b) 

4 mol% water and 1 mol% hydrogen after pretreatment with 4 mol% carbon monoxide and 1 mol% 

carbon dioxide.  All gases in a balance of helium.  Total flowrate was 100 ml (STP)/min.  Pretreatment and 

cycle durations were 30 minutes. 
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Figure A. 43 – Rates versus oxygen non-stoichiometry (δ) in LSF731 at 850°C for a) 2.5 mol% carbon 

monoxide and 2.5 mol% carbon dioxide after pretreatment with 4 mol% water and 1 mol% hydrogen and 

b) 4 mol% water and 1 mol% hydrogen after pretreatment with 2.5 mol% carbon monoxide and 2.5 mol% 

carbon dioxide.  All gases in a balance of helium.  Total flowrate was 100 ml (STP)/min.  Pretreatment and 

cycle durations were 30 minutes. 
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Figure A. 44 – Rates versus oxygen non-stoichiometry (δ) in LSF731 at 850°C for a) 1 mol% carbon 

monoxide and 4 mol% carbon dioxide after pretreatment with 4 mol% water and 1 mol% hydrogen and b) 

4 mol% water and 1 mol% hydrogen after pretreatment with 1 mol% carbon monoxide and 4 mol% 

carbon dioxide.  All gases in a balance of helium.  Total flowrate was 100 ml (STP)/min.  Pretreatment and 

cycle durations were 30 minutes. 
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Figure A. 45 – Rates versus oxygen non-stoichiometry (δ) in LSF731 at 850°C for a) 5 mol% carbon 

monoxide after pretreatment with 4 mol% water and 1 mol% hydrogen and b) 4 mol% water and 1 mol% 

hydrogen after pretreatment with 5 mol% carbon monoxide.  All gases in a balance of helium.  Total 

flowrate was 100 ml (STP)/min.  Pretreatment and cycle durations were 30 minutes. 
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Figure A. 46 – Rates versus oxygen non-stoichiometry (δ) in LSF731 at 850°C for a) 4 mol% carbon 

monoxide and 1 mol% carbon dioxide after pretreatment with 2.5 mol% water and 2.5 mol% hydrogen 

and b) 2.5 mol% water and 2.5 mol% hydrogen after pretreatment with 4 mol% carbon monoxide and 1 

mol% carbon dioxide.  All gases in a balance of helium.  Total flowrate was 100 ml (STP)/min.  

Pretreatment and cycle durations were 30 minutes. 
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Figure A. 47 – Rates versus oxygen non-stoichiometry (δ) in LSF731 at 850°C for a) 2.5 mol% carbon 

monoxide and 2.5 mol% carbon dioxide after pretreatment with 2.5 mol% water and 2.5 mol% hydrogen 

and b) 2.5 mol% water and 2.5 mol% hydrogen after pretreatment with 2.5 mol% carbon monoxide and 

2.5 mol% carbon dioxide.  All gases in a balance of helium.  Total flowrate was 100 ml (STP)/min.  

Pretreatment and cycle durations were 30 minutes. 
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Figure A. 48 – Rates versus oxygen non-stoichiometry (δ) in LSF731 at 850°C for a) 1 mol% carbon 

monoxide and 4 mol% carbon dioxide after pretreatment with 2.5 mol% water and 2.5 mol% hydrogen 

and b) 2.5 mol% water and 2.5 mol% hydrogen after pretreatment with 1 mol% carbon monoxide and 4 

mol% carbon dioxide.  All gases in a balance of helium.  Total flowrate was 100 ml (STP)/min.  

Pretreatment and cycle durations were 30 minutes. 
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Figure A. 49 – Rates versus oxygen non-stoichiometry (δ) in LSF731 at 850°C for a) 5 mol% carbon 

monoxide after pretreatment with 2.5 mol% water and 2.5 mol% hydrogen and b) 2.5 mol% water and 2.5 

mol% hydrogen after pretreatment with 5 mol% carbon monoxide.  All gases in a balance of helium.  

Total flowrate was 100 ml (STP)/min.  Pretreatment and cycle durations were 30 minutes. 
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Figure A. 50 – Rates versus oxygen non-stoichiometry (δ) in LSF731 at 850°C for a) 4 mol% carbon 

monoxide and 1 mol% carbon dioxide after pretreatment with 1 mol% water and 4 mol% hydrogen and b) 

1 mol% water and 4 mol% hydrogen after pretreatment with 4 mol% carbon monoxide and 1 mol% 

carbon dioxide.  All gases in a balance of helium.  Total flowrate was 100 ml (STP)/min.  Pretreatment and 

cycle durations were 30 minutes. 
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Figure A. 51 – Rates versus oxygen non-stoichiometry (δ) in LSF731 at 850°C for a) 2.5 mol% carbon 

monoxide and 2.5 mol% carbon dioxide after pretreatment with 1 mol% water and 4 mol% hydrogen and 

b) 1 mol% water and 4 mol% hydrogen after pretreatment with 2.5 mol% carbon monoxide and 2.5 mol% 

carbon dioxide.  All gases in a balance of helium.  Total flowrate was 100 ml (STP)/min.  Pretreatment and 

cycle durations were 30 minutes. 
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Figure A. 52 – Rates versus oxygen non-stoichiometry (δ) in LSF731 at 850°C for a) 1 mol% carbon 

monoxide and 4 mol% carbon dioxide after pretreatment with 1 mol% water and 4 mol% hydrogen and b) 

1 mol% water and 4 mol% hydrogen after pretreatment with 1 mol% carbon monoxide and 4 mol% 

carbon dioxide.  All gases in a balance of helium.  Total flowrate was 100 ml (STP)/min.  Pretreatment and 

cycle durations were 30 minutes. 
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Figure A. 53 – Rates versus oxygen non-stoichiometry (δ) in LSF731 at 850°C for a) 5 mol% carbon 

monoxide after pretreatment with 1 mol% water and 4 mol% hydrogen and b) 1 mol% water and 4 mol% 

hydrogen after pretreatment with 5 mol% carbon monoxide.  All gases in a balance of helium.  Total 

flowrate was 100 ml (STP)/min.  Pretreatment and cycle durations were 30 minutes. 
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